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ABSTRACT
This thesis focuses on the design and characterisation of miniature bioreactors and 
evaluates their potential as a scale-down device for microbial cultivation processes. 
Miniature bioreactors, such as the one detailed in this work, have been developed by 
many research groups and companies, and seek to increase throughput at the early 
stages of bioprocess development.
Power input was measured in two prototype stirred-tank miniature bioreactors (10 ml 
and 25 ml) as a function of impeller speed and the vessels were characterised alongside 
a 7 L bioreactor. The results show that both miniature bioreactors used in this study 
were able to be characterised using the same methods developed for larger vessels and 
that the key engineering parameters of volumetric oxygen transfer coefficient and 
mixing time compared favourably with those of a conventionally-sized bioreactor 
when expressed as a function of specific power input.
An Escherichia coli plasmid DNA cultivation was successfully scaled down to the 10 
ml miniature bioreactor from a 7 L bioreactor on the basis of equal specific power 
input, and demonstrated equivalent performance under oxygen-rich and oxygen- 
limited conditions. An intermittently-fed process to produce a Fab’ antibody fragment 
using E. coli and a batch cultivation of the filamentous bacterium Saccharopolyspora 
erythraea producing erythromycin were also evaluated in the 25 ml miniature 
bioreactor and three other small scale cell cultivation devices (i.e. microtitre plate, 
miniature bubble column reactor and shake flasks). Their relative performances in 
terms of growth and product formation were related to that of the 7 L bioreactor. The 
results obtained demonstrated the ability of the 25 ml miniature stirred tank bioreactor 
to perform both of these technically-demanding, industrially-relevant bioprocesses to a 
comparable degree as the 7 L vessel that was not achievable using the other miniature 
devices tested.
The results shown in this thesis highlight the potential of miniature bioreactors to be 
used to deliver a fully-integrated, high-throughput solution for cell cultivation process 
development.
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Chapter 1: Introduction
1.1 Bioprocess development challenges and the need for a
miniature cultivation capability
The development of genetic-manipulation technology over the last quarter of a century 
has had a dramatic effect upon the pharmaceutical/healthcare industries. Many of the 
molecular biological applications that have emerged are based on the ability to create 
recombinant cell lines for human therapeutic benefit (Gosse and Manocchia 1996, 
Pavlou and Reichert 2004). In addition to the development of these genetically- 
modified organisms, there remains a need to improve wild-type productivity, 
accelerate microbial and mammalian cell screening and continue the progression of 
related tasks such as growth medium improvement and process optimisation. The 
traditional route for the development of microbial cultivations has been first to screen a 
large number of cell lines, leading to a smaller number of potential cell lines which are 
then more thoroughly tested at bench-top scale in stirred-tank reactors (STRs) to 
identify candidates for scale up studies. Of the few cell lines investigated at pilot 
scale, typically one will be grown at production scale (Doig et al. 2005b).
The main cell types used to produce therapeutic products are bacterial and mammalian 
cells, each of which possesses unique benefits and limitations that influence the type of 
bioreactor used for process development. Bacterial cells are generally robust and not 
susceptible to shear damage, meaning that highly-shearing radial impeller systems 
(e.g. Rushton turbines) and high agitation rates can be employed. This provides such 
bioreactors with a high mass transfer capability, allowing rapidly metabolising, high­
cell density microbial cultivations to be supported, and increasing the amount of 
product that such bioprocesses can yield. Although mammalian cells do not have a 
protective cell wall, and so are typically more shear-susceptible and require gentler 
handling than their bacterial counterparts, most of the commercially-used cell lines can 
be grown in stirred tank bioreactors, albeit with design modifications. For example, 
low-shear, marine-type axial impellers can be used instead of Rushton turbines to 
gently circulate the cells and nutrients in a baffle-free environment; and shear 
protectants such as serum or Pluronic F-68 can be added to cell culture media (Gardner
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et al. 1990). The wide variety of conditions required by these organisms used for 
production of therapeutic entities means that there is a real need to carry out a vast 
number of development cultivations. Although this has traditionally been satisfied by 
traditional, bench-top bioreactor banks, this is very labour, capital and time intensive 
due to their size and limited multiplexing capability. This has resulted in the advance 
and increasingly widespread deployment of small-scale bioreactor systems that offer a 
miniaturised, high throughput (HT) solution to process development. In particular, 
miniature bioreactors (MBRs) can reduce the labour intensity and materials cost of the 
vast number of cell cultivations necessary in bioprocess development, increasing the 
level of parallelism and throughput achievable, and as such are of growing interest 
(Lye et al. 2003, Weuster-Botz 2005, Kumar et al. 2004).
In addition to protein production (both therapeutics and various non-therapeutic 
proteins [e.g. diagnostic enzymes and prophylactics]), MBRs can be used for growth 
medium development; strain improvement through metabolic engineering or directed 
evolution; and so-called bio-prospecting of natural products -  all of which are 
processes that carry a large bioreactor burden which can be alleviated by the use of HT 
miniature devices. It is important that such devices when used for process 
development can be relied upon to accurately mimic laboratory and pilot scale 
bioreactors so that growth kinetics and product expression -  optimised at miniature 
scale -  can be expected to scale-up quantitatively.
1.2 Miniature bioreactors
While undoubtedly being more capable of HT operation than conventional, laboratory- 
scale bioreactors, MBRs typically are currently less instrumented, and also have 
limited opportunity for off-line sampling due to the small volumes used (ranging from 
ca. 0.2 ml to approximately 100 ml). This results in a trade-off between information 
content in terms of data quality and quantity available from the bioreactor, obtained by 
both online and off-line measurement and experimental throughput. Figure 1.1 
illustrates this by showing that as bioreactors increase in scale, typically more process 
information is available due to improved monitoring and control systems (up to 
laboratory-scale; for bioreactors bigger than this, there are few additional monitoring 
benefits).
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Figure 1.1: Illustration of the trade off in information output versus HT capability that 
currently exists for various cell cultivation devices at different scales (reproduced with 
permission from Doig et al. (2005a)).
The key specifications and characteristics of a selection of prototype and 
commercialised miniature cell cultivation devices capable of parallel operation are 
summarised in table 1.1.
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Table 1.1: A comparison of the miniature cultivation devices reviewed illustrating key technical and performance specifications.
Device/Reference Based on Volume (ml) Agitation type and range
pH, DOT and OD 
instrumentation
KLa (h-1) Method Multiplexing
Wittmann et al. (2003) Shake flask 5 0 -1 2 5 Up to 300 rpm shaking velocity DOT via patch Up to 150 Dynamic gassing-out Not reported
Kato and Tanaka (1998) Shake flask 100 - 600 120 -  400 rpm shaking velocity DOT via galvanic probe 150 - 275
Unsteady-state gas 
analysis
Not reported
Maharbiz etal. (2004)
MTP +
microfabrication
0.25
175 rpm orbital shaking with steel 
bead inside wells
pH (1SFET sensor) and OD 
optically
Unknown n/a 8
Kensey et al. (2005) MTP 0 .3 -0 .6 0 - 2000 ipm shaking velocity No Up to 1600 Sulfite oxidation 48
Micro Reactor Technologies 
(www.gener8.net)
MTP +
microfabrication
3-5 Up to 800 rpm shaking velocity pH and DOT via patches Unknown n/a 24
Bioprocessors’ Simcell (Stokelman et 
al. 2005; www.bioprocessors.com)
Microfluidic
chip
0
1
1 o Rotation of reactor chips
pH, DOT and OD at-line 
via cell-reading station
Up to 500 CFD estimation 1500
Author’s prototype (Betts 2005) STR 18 Up to 7000 rpm, triple impeller pH and DOT via patches Up to 480 Static gassing-out Not reported
Lamping et al. (2003) STR 6 - 7 Up to 15000 rpm, triple impeller pH, DOT and OD optically Up to 360 Dynamic gassing out Not reported
Puskeiler et al. (2005a) STR 8 - 1 2
Gas-inducing single impeller up to 
4000 rpm
Oxygen optode; integrated 
pH and OD via MTP reader
700-1600 Dynamic gassing-out 48
Fluorometrix Cellstation (Harms et al. 
2006; www.fluorometrix.com)
STR Up to 35 1 0 -  1000 rpm, impeller pH and DOT via patches Unknown n/a 12
Dasgip Stirrer-Pro flask 
(www.dasgip.com)
STR 200 - 275 100-1000 rpm, impeller pH and DOT probes Unknown n/a 16
BioXplore (www.bioxplore.com) STR Up to 100 100 -  2000 rpm single impeller
pH, DOT and OD via 
probes
400 Dynamic gassing-out 16
Szita el al. (2005), Zhang et al. (2006) Microfabrication 0.15
200 -  1500 rpm, impeller 
200-800 rpm, magnetic stir bar
pH, DOT and OD via 
optics
20-75 Dynamic gassing-out 8
Doig et al. (2005b) Bubble column 2 n/a pH and DOT via patches Up to 220 Dynamic gassing-out 48
1.2.1 Miniature shaken bioreactor systems
Shaken systems have been extensively used in bioprocessing for a significant period of 
time. They are still widely used in industry and academia as a tool for drug discovery, 
medium strain and product optimisation and process development (Girard et al. 2001, 
Kato and Tanaka 1998, Minas et al. 2000, Akgun et al. 2004). They comprise many 
different designs and volumes, ranging from shake flasks of hundreds of millilitres, 
down to microtitre plates (MTPs) of a few microlitres in volume.
1.2.1.1 Shake Flasks
For the past fifty years, scientists have used cell cultivation in shake flasks as a means 
of process development on a small scale, with volumes ranging from ca. 10 ml to 500 
ml (Biichs 2001). Shake flasks come in a variety of guises, can be made out of glass or 
plastic and some have baffles to aid aeration and mixing. They can be agitated using 
either orbital or linear shaking and can be housed in a temperature-controlled cabinet. 
Factors that affect shake flask cultivations include vessel size and geometry, fill 
volume, construction material, baffle geometry, shaking frequency and type of plug 
used to seal the vessel. Biichs (2001) asserts that shake flasks have been estimated to be 
used for over 90% of all cultivation experiments across industry and academia, growing 
a wide range of microorganisms e.g. bacteria (Humphry 1998), fungi (Tucker and 
Thomas 1994) and yeasts (Anderlei and Biichs 2001), as well as mammalian cells 
(Girard et al. 2001). Throughout most of the long period of their use there was little 
significant modification of the technology (Maier and BUchs 2001), with no online 
monitoring of cultures and manual additions and sampling. Only recently has there 
been the introduction of instrumented shake flasks, designed to measure and potentially 
control pH and dissolved oxygen tension (DOT) online (Anderlei and Biichs 2001, 
Wittmann et al. 2003). pH and DOT can be measured using a ruthenium oxide dye that 
quantifiably fluoresces in the presence of hydrogen ions or oxygen respectively when 
excited with an LED lamp. This dye can either be incorporated into a patch and 
adhered inside a flask or coated onto the tip of a fibre optic-linked probe and immersed 
into the culture of interest. Other parameters that can now be measured online include 
oxygen uptake rate (OUR) and carbon dioxide evolution rate (CER) - and from these the
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respiratory quotient (RQ) can be derived (Kumar et al. 2004). Having such parameters 
monitored online allows for more sophisticated cell-cultivation strategies to be carried 
out such as substrate feeding based on changes in culture broth pH due to cell 
metabolism (Garcia-Arrazola et al. 2005). Furthermore, Akgiin et al. (2004) have 
recently developed a novel shake flask system that is capable of continuous operation 
and thereby increases the scope of parallel bioprocess development using shaken 
systems.
However, a major limitation of shake flasks is their reliance on surface aeration, leading 
to reduced oxygen transfer relative to STRs. Wittmann et al. (2003) reported overall 
volumetric mass transfer coefficient (ki^a) values of up to 150 h"1 in shake flasks, ki^ a 
values of 151 h"1 (600 ml, 200 rpm) to 277 h '1 (100 ml, 200 rpm) have been recorded in 
a novel, box-shaped shake flask system developed by Kato and Tanaka (1998), which 
are sufficiently high to perform most batch cell cultivations without inhibiting microbial 
growth. These researchers incorporated gas-permeable membranes in the upper comers 
of their prototype flasks which allowed for more effective gas flow into the vessel 
during shaking, overcoming the problem found in conventional shake flasks of 
introducing more air into the system in a sterile way. For the purpose of cultivations 
where the oxygen demand is high, the introduction of baffles can increase OTR at lower 
shaking frequencies (Gupta and Rao 2003). However, high speeds can lead to excess 
splashing which can cause the gas-permeable plug (often made of cotton wool) at the 
top of the flask to become blocked through liquid saturation. Such an obstruction has 
been shown to severely reduce the oxygen transfer capability of the system, which could 
cause problems if a rapidly-respiring aerobe was being grown (Mrotzek et al. 2001). 
Oxygen starvation could slow down the growth rate, alter production formation rates 
and/or generate unwanted toxic by-products e.g. acetate formation by E. coli (Lee 
1996).
1.2.1.2 Microtitre plates
MTPs (also called microwell plates) were first introduced in 1951 as a platform for 
diagnostic tests, and are still widely used in the life sciences (Manns 1999). They 
handle diagnostic tests such as enzyme-linked immunosorbent assays that take
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advantage of their ability to perform many identical reactions in parallel and at a very 
small scale. Plates are usually fashioned out of plastic, although glass and metal 
versions exist. Mixing can be achieved using pipette aspiration or magnetically-agitated 
stirrer bars; however, orbital shaking of the entire plate on a heated block capable of 
controlling culture temperature is by far the most common method. The number of 
wells contained in MTPs is typically 6, 12, 24, 96 and 384, with up to 1536 and 3456 
wells now available for ultra high-throughput screening (Mere et al. 1999). Wells can 
either be rectangular or cylindrical, with square geometries aiding mixing and oxygen 
transfer by mimicking the action of baffles. Square-bottomed plates act in a similar way 
by limiting vortexing of liquid inside the well and thus increasing the turbulence of the 
system. Due to the increase in surface area caused by greater fluid dissipation up the 
sides of each microwell and the increased oxygen driving force caused by better mixing, 
OTR is proportional to shaking amplitude and frequency, therefore increasing these 
parameters can be beneficial (Duetz et al. 2000). In addition, Hermann et al. (2003) 
have reported OTR to be inversely proportional to fill volume, particularly at higher 
shaking frequencies. However, there is a point beyond which any increase in agitation 
results in spillage of process liquid (unless the well is capped -  which has it own 
problems, with reduced oxygen transfer into the well). As with shake flasks, the 
relatively low oxygen-transfer capacity of MTPs (ki^a values of up to 160 h '1 in 96 well 
plates reported by Hermann et al. (2003)) stems from the fact that they are shaken 
systems and rely upon surface aeration for mass transfer. In contrast, Kensey et al. 
(2005) reported ^ a  values using the sulfite oxidation method of up to 1600 h 1 in a 48- 
well, standard geometry MTP with 3 mm orbital throw at 1400 rpm with a fill volume 
of 300 pi, which is comparable to conventional STRs. By using a calculated 
proportionality constant, this team were able to relate the oxygen transfer capacity 
obtained using a chemical method to biological media.
There are also methods available for determining kLa at small-scale which provide data 
that are directly comparable with values obtained under process conditions. For 
example Duetz et al. (2000) and Doig et al. (2005b) estimated ^ a  by mass balance 
under conditions of oxygen limitation from the linear growth of Pseudomonas putida in 
an MTP, and Bacillus subtilis in a prototype miniature bubble column reactor (MBCR) 
respectively. In addition, the dynamic gassing-out method is often preferable to the 
sulfite oxidation method for the determination of kLa values, provided that it is carried
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out in a coalescent medium of pure water (Linek et al. 1989) and, whilst not identical to 
biological media, it is more representative of cell cultivation conditions than the totally 
non-coalescing conditions of the sodium sulfite method. However, this technique is 
difficult to use in MTPs as shaking often has to be stopped before DOT measurement in 
order to get accurate readings, thus altering the mass transfer environment at a critical 
moment. Due to the problems associated with using established methods for kLa 
determination in MTPs, a novel method has recently been developed at University 
College London that is based on the bio-oxidation of catechol by the enzyme catechol- 
2,3-dioxygenase (Ortiz-Ochoa et a l 2005). This method yielded similar ^ a  values 
compared to the dynamic gassing-out method, and since it is rapid and does not require 
any assumptions about the kinetics, it is well suited for kLa evaluation in MTPs and 
other small-scale devices.
MTPs also suffer to a degree from the very feature that makes them attractive as a high- 
throughput device - small volumes - because evaporation can remove a significant 
proportion of the fluid in the well (Kumar et al. 2004). Breathable membranes can be 
placed on top of the plates to limit this evaporation, but then the oxygen transfer 
capabilities are reduced. Zimmermann et al. (2003) reported on a membrane that 
achieved a moderate degree of water retention and oxygen transfer; however, kLa values 
were reduced by a factor of five, further exacerbating the problem of low oxygen 
transfer capability inherent in shaken systems. MTPs of 3456 wells offer the highest 
throughput of any miniature cell cultivation device available, and have been shown 
quantitatively to sustain growth of Chinese Hamster Ovary (CHO) cells (Mere et al. 
1999).
Although MTPs are used extensively in discovery research they have suffered from a 
lack of instrumentation in a similar way to shake flasks, limiting the range of data that 
can be collected. However, recently techniques have been developed to measure pH 
and DOT in such systems (Harms et al. 2002, Weiss et al. 2002, John et al. 2003). For 
example Lye and colleagues have studied the effect of pH control on biomass yields and 
growth kinetics of a filamentous bacterium in an MTP (Elmahdi et al. 2003).
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1.2.1.3 Other shaken devices
Utilising the concept of an integrated sensor plate, MicroReactor Technologies 
(Mountain View, CA, USA) have developed a hybrid cell cultivation system based on a 
shaken, baffled 24-well MTP with a well configuration that allows uniform heat transfer 
across the plate. The suggested working volumes of each well range from 3 to 5 ml and 
air is introduced to the liquid phase by sparging through sinters located in the base of 
each well, boosting oxygen transfer capability compared to similarly-designed shaken 
systems. This recently commercialised cultivation device (licensed in Europe by 
Applikon Biotechnology AB, Netherlands) is instrumented using fibre optics probes to 
monitor DOT and pH online in all wells simultaneously. The device also allows 
independent control of temperature, DOT, pH (via gas sparging) and air flow-rate for all 
24 wells. The device overcomes one of the fundamental problems when dealing with 
MTP-based HT devices -  namely how to fit instrumentation to all wells contained 
within the plate -  by attaching all sensor patches to the base of each well and then 
placing the entire plate onto a shaking incubator platform that has integrated 
instrumentation circuitry, thereby allowing each well to be independently monitored. 
The main application is likely to be for the early stages of process development (e.g. 
strain selection and medium optimization). No data is publicly available yet on 
engineering characterisation of mixing and oxygen transfer, and comparison of 
cultivation performance with lab-scale bioreactor data.
1.2.2 Miniature stirred bioreactor systems
Miniature stirred bioreactors (MSBRs) based on conventional STRs have been 
developed as an alternative to shaken MBR systems for early-stage process 
development and cell characterisation. Typically these devices are closely modelled on 
lab-scale bioreactors and thus permit greater potential for monitoring and control than 
other miniature bioreactor platforms. They are usually of a process volume 
intermediate between MTPs and shake flasks (Lamping et a l  2003, Puskeiler et al. 
2005) and construction materials vary widely, with Perspex (Lamping et a l  2003), 
Pyrex (Betts et a l 2005), poly-methylmethacrylate (PMMA) (Puskeiler et a l 2005, 
Szita et a l 2005) and stainless steel (Betts et a l 2005, Lamping 2004) all being used.
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By providing agitation and actively aerating the vessel, mass transfer rates close to a 
conventional, laboratory-scale STR have been reported for other MSBRs in the 
literature; for example, Lamping et al. (2003), working in the Department of 
Biochemical Engineering at UCL, reported kLa values of 360 h '1 at Q = 1 VVM and N = 
3000 rpm using the dynamic gassing-out method in the same prototype 10 ml MSBR 
further developed and characterised in this study. In addition, that team successfully 
modelled oxygen transfer in the same vessel using computational fluid dynamics (CFD) 
analysis, based upon the relevant engineering parameters of the velocity field, bubble 
size, gas hold-up and the energy dissipation rates.
Puskeiler et al. (2005) recently reported ^ a  values of over 700 h '1 (12 ml volume) and 
as high as 1600 h 1 (8 ml volume) for an MSBR agitated at N = 2300 rpm. This system 
used a novel gas-inducing impeller that resulted in a very high oxygen transfer 
capability. In that study the dynamic gassing-out method was employed to measure ^ a ,  
though non-coalescing conditions were used, making direct comparison with values 
from cell-cultivation media or coalescing fluids difficult. The device described in that 
report, designed in association with H+P Labortechnik AG (Oberschleissheim, 
Germany) is an integrated unit (“Bioreactor Block”) capable of supporting up to 48 cell- 
cultivations simultaneously (Puskeiler et al. 2005). An integrated liquid handling 
system enabled pH to be measured at-line with a frequency of one hour by dispensing 
samples of 20 pi into commercially-available MTPs containing affixed pH patches. 
Eight minutes later the same liquid sampling system then adjusted the pH using 4 M 
NaOH. While the use of automated liquid handling to control pH is a neat solution, the 
authors acknowledged that this may be impractical if used with sensitive organisms that 
require more responsive pH adjustment. However, the report states that an improved 
monitoring system is being developed with industrial partners to provide more frequent 
feedback, which may increase the number of simultaneous fermentations able to be 
effectively monitored. DOT was measured in the system using a prototype sensor block 
with optical probes, though only 8 reactors of the 48 cultivation vessels were monitored 
simultaneously. Such a device can also be integrated with standard robotic equipment 
to perform liquid-handling tasks such as inoculation, feeding and sampling (Weuster- 
Botz et al. 2005).
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Using a different approach Fluorometrix Corporation (Stow, Massachusetts, USA) has 
developed a multiple-vessel MSBR construct called Cellstation®. This MBR uses 
optical technology to permit in situ on-line monitoring of up to 12 parallel cultivations 
for pH, DOT and optical density (OD), and agitation is provided by dual paddle-type 
impellers (Ge et a l  2006). Each vessel has a working volume of up to 35 ml, and is 
attached to a carousel which rotates allowing all vessels to be sampled and monitored 
sequentially. The optical sensor system has been validated by showing the consistency 
of the pH and DO sensors over a period of 70 hours in a mammalian cell culture 
process. In addition, Rao’s research group at the University of Maryland which has 
close links with the company has recently published details of two prototype 24-well 
MSBR systems that further improve the throughput of this technology (Harms et a l
2005).
In parallel with these MSBR developments, Dasgip AG (JUlich, Germany) have 
introduced the Stirrer-Pro Flask, part of their Fedbatch-Pro® cell-cultivation series, 
which comprises up to 16 culture vessels (working volume 200-275 ml), and offers an 
agitation-driven oxygen transfer capacity, and a fed-batch capability. pH and DOT can 
be monitored using standard sterilisible probes and controlled independently for each 
vessel by automatic acid/base liquid additions and air flow/agitation rate variation 
respectively. Substrate addition can be linked to either DOT or pH trigger points 
allowing a fully-automated fed-batch capability. The combination of mechanical 
agitation (from N = 10 -  1000 rpm) and gas sparging indicates that this system is 
capable of supporting fast-growing bacterial cultures to a high cell density and therefore 
would be useful in the development of such bioprocesses. However, the working 
volume used is relatively large compared to most of the other systems discussed and the 
set-up is complicated by the presence of a large number of tubes and wires for additions 
and measurements. A variant of this system containing up to 16 shake flasks equipped 
with pH probes has also been developed allowing intermittent feeding and parallel pH 
control (Weuster-Botz 2005).
As a smaller alternative to lab-scale STRs capable of parallel operation such as the 
Sixfors® system developed by Infors AG (Bottmingen, Switzerland), researchers at 
University College London, in association with HEL Group’s BioXplore bioreactor
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business (Barnet, UK) have developed and characterised a 4 -  16 chamber MBR system 
with fully integrated and automated control of DOT and pH.
1.2.3 Miniature bubble column reactors
Bubble columns utilise gas sparging instead of mechanical agitation as a means of 
promoting bulk mixing and oxygen mass transfer for cell cultivation. As an alternative 
to stirred or shaken devices an MBCR has been developed at University College 
London that is based on an MTP with porous membranes (frits) acting as the entire base 
to each individual well (Doig et al. 2005b). Air permeates the frit and flows up through 
each well, providing oxygen for each growing culture. Provided that each frit is 
manufactured to a high specification and has an identical degree of porosity, the flow 
rate to each column is equal and can be calculated. This prevents air-flow rate variance 
artificially affecting results. The same authors have demonstrated that it is capable of 
supporting the aerobic cultivation of Bacillus subtilis cultures, with each column having 
a working volume of 2 ml. kLa values were reported up to 220 h"1 using the dynamic 
gassing-out method at a superficial gas velocity of 0.02 m s 1. Although this value is 
lower than kLa data for some of the MTPs detailed in this introduction, it must be 
pointed out that many of the MTP values were derived under rather artificial conditions 
designed to maximise oxygen transfer, whereas the ^ a  values for the MBCR detailed 
above would be reproducible under cell cultivation conditions.
Doig et al. (2005c) have also recently demonstrated a good correlation of oxygen 
transfer rate with volumetric power consumption (P g/V )  for miniature (2 ml) and 
laboratory-scale (100 ml) bubble columns using gas diffusers with the same pore size 
that allows the prediction of ^ a  as function of P g/V . The same study also reported a 
comparable cell cultivation performance using the MBCR relative to a laboratory-scale 
STR based on equal ^ a  values. These results indicate the potential of the MBCR as a 
scale-down device. Similar MBCRs have been developed previously by others 
(Weuster-Botz et al. 2001b, Altenbach-Rehm et al. 1999); however, these vessels use 
volumes of ca. 200 ml and are therefore two orders of magnitude larger than the device 
described by Doig et al. (2005b), limiting the degree of parallel operation achievable.
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1.2.4 Sub-millilitre miniature devices
There have been recent developments aiming to reduce the scale of MBRs to sub­
millilitre process volumes. In this respect, Jensen’s research group at MIT have 
developed a MBR prototype (Zanzotto et al. 2004) that has been modified (Zhang et al.
2006) and extended to a multiplexed system, capable of carrying out eight instrumented 
micro-cell cultivations with working volumes of 150 pi (Szita et al. 2005). Using 
standard microfabrication methods, the cultivation wells made of PMMA and 
poly(dimethylsiloxane) (PDMS) were immobilised on an aluminium base containing all 
sensor elements and oxygen transfer was enabled via diffusion through a gas-permeable 
membrane, with magnetic stirrers capable of controlling agitation individually to each 
reactor. DOT, pH and OD were able to be monitored online using optical probes. The 
group reported that the device could sustain E. coli batch cultivations, yet DOT fell to 
0% after 2-3 hours, possibly resulting in oxygen limitation. This is likely considering 
that the maximum ki^ a value measured in this MBR was only 75 h 1. Nevertheless, the 
authors demonstrated that growth behaviour was comparable with that obtained using 
500 ml bench-scale bioreactors.
The same research group also detailed DNA microarray gene expression analysis of E. 
coli grown in a 50 pi MBR (Boccazzi et al. 2005). Maharbiz et al. (2004) reported the 
development of an array-based device combining microwell reactors with silicon 
microfabrication technology capable of supporting E. coli cultivation in eight 250 pi 
wells simultaneously. Similar to the MIT reactor (described above) the wells were 
situated on a base plate containing sensors for pH and OD measurements (DOT was not 
measured, but the authors stated that this would be feasible). Oxygen was generated 
electrochemically in each culture and agitation was provided by a stainless steel bead 
which mixed the culture by dispersing oxygen and breaking up surface foam. However, 
this research team provided no comparative bench-scale data with which to determine if 
scale-up would be feasible.
Another commercial system for HT operation has been developed by Bioprocessors 
Corp. (Woburn, MA, USA). This cell cultivation device (called SimCell®) is able to 
operate and independently control up to 1500 cultures, thus allowing the use of full
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factorial experimental design methods for process optimization (Stokelman et al. 2005). 
This ‘reactor-on-a-chip’ device is based on a microfluidic design with a gas-permeable 
membrane enabling oxygen transfer, with mixing provided by rotating the micro­
bioreactor array chips in environmentally-controlled incubators using humidified air to 
minimise evaporation. This system can be highly automated and integrated with a robot 
for transferring plates from an incubator to a sensing station for measurement of pH, 
DOT and cell density. It also contains an integrated fluidics station where additions of 
media for fed-batch operation and acid/base for pH control can be made. Volumes in 
each reactor range from ca. 300 pi to ca. 700 pi depending on the application (microbial 
or mammalian cells) and each reactor can be operated in batch, fed-batch or perfusion 
mode. The device has been shown to support E. coli and yeast cultivations, giving 
growth kinetics comparable to those obtained using conventional STRs. The company 
has also described growth of CHO cells without oxygen limitation at high cell density 
and used CFD simulations to show how the physical environment seen in large-scale 
bioreactors fitted with pitched-blade impellers has been re-created. kLa in the system 
has been modelled by CFD and estimated at between 60 and 500 h '1, values similar to 
those found in shake flasks and sub-optimal STRs (Shreyer 2004).
1.3 Scale up from MBRs
It should be noted that not all miniature cell cultivation systems are designed for scale- 
up/scale-down of existing bioprocesses. It has been mentioned in this introduction how 
such devices can be used for many applications such as early stage recombinant/wild- 
type organism appraisal, strain improvement and growth medium development. 
However, the miniature systems used in the later stages of process development e.g. for 
optimisation of operation and culture conditions should be scaleable. For this reason it 
is vital that well established “rule of thumb” methods frequently used in industry to 
scale from bench-top processes to production vessels are explored to see if they can be 
utilised to scale-up from MBRs (Junker 2004). These proven methods include scaling 
on the basis of gassed power per unit volume (P g/V ), agitator tip speed, constant DOT, 
^ a  or mixing time.
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An indication of which scale-down criterion should be used for a particular bioprocess 
(and therefore an indication of which miniaturisation platform is preferable for that 
process) can be gained by examining the cell characteristics and process conditions of 
the bioprocess in question. For a fast-growing organism such as E. coli or B. subtilis, it 
is usually oxygen transfer that becomes limiting, whereas shear stress is not likely to be 
a major issue; therefore, scale-down of such a cell cultivation could be designed on the 
basis of equal specific power input, or on the basis of equal kLa. However, a 
requirement of choosing equal ^ a  is being able to estimate power input to the miniature 
bioreactor accurately. Power input is a critical parameter to estimate in a bioreactor, 
with direct measurement as a function of impeller speed being preferable
A particular challenge is the growth of filamentous organisms, due to their complex 
morphology. Cultivation broths containing such organisms have a relatively high 
viscosity and require extra power input in order to maintain adequate mixing and mass 
transfer. In addition, filamentous organisms are much larger than unicellular bacteria 
and can be more susceptible to shear damage. For this reason it may be advisable to 
choose tip speed as the basis for scale-down when working with filamentous organisms. 
While the mechanisms governing pellet formation in filamentous cultures are not well 
understood, Vecht-Lifshitz et al. (1990) have reported a correlation between decreasing 
OTR and a reduction in mean pellet size in Streptomyces tendae. They concluded pellet 
formation in that organism was mainly due to hydrophobic interactions controlled by 
DOT. It has been reported how pellet formation can be detrimental to the production of 
secondary metabolites in many filamentous organisms - due to inhibition of oxygen 
uptake into the centre of the pellet increasing with pellet diameter (Bushell et al. 1997). 
Therefore, for the scale down of filamentous cell cultivation processes, MBRs should 
maintain dissolved oxygen levels found in the large scale process upon which the scale 
down is based, in order to maintain product yield.
Equal ^ a  is difficult to use for scale-down as it is usually calculated in model systems 
that bear little resemblance to actual fermentation broths. Furthermore, ^ a  is affected 
by changes in culture broth coalescence and rheology over the course of a cultivation 
process -  changes that are very difficult to measure and account for.
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1.4 Engineering parameters affecting cell performance and
scale up
1.4.1 Mixing in bioreactors
Good mixing is required during cell cultivations to eliminate detrimental pH, 
temperature, nutrient and toxin gradients within the bioreactor. For example, when 
making acid/base additions, it is important that some cells in a vessel are not left for too 
long in a strongly acidic or basic environment as a result of ineffective vessel mixing. 
Homogeneous conditions throughout cultivation vessels are necessary for reproducible, 
reliable cultivations. Mixing is also important for the mass transfer efficiency in the 
bioreactor; poor mixing stifles the distribution of oxygen to all parts of the bioreactor, 
which can affect respiration rate and cell viability. High cell density cultivations in 
particular require good mixing in order to prevent oxygen starvation from limiting cell 
growth. In addition, sufficient mixing is required to prevent cells settling on the bottom 
of the vessel, which can lead to nutrient starvation and cell death or reduced product 
formation. Mixing efficiency also affects the length of time microbes spend in the 
highly turbulent impeller region.
Miniature fermentation systems have been reported as having better mixing capability 
than larger vessels (Betts et al. 2006); indeed, studies have shown that mixing time is 
inversely proportional to vessel diameter (Nere et al. 2003) in stirred bioreactors. 
Mixing in shaken systems can be negatively impacted in more viscous fermentation 
broths, due to the lack of mechanical agitation. The same drawback affects miniature 
bubble columns: highly viscous fermentation broths of the sort generated in the 
cultivation of filamentous bacteria can have a detrimental effect on the mixing time 
inside the column, due to the lack of mechanical agitation (either to shear-thin the 
liquid, or to force it to mix).
Historically, the most common impellers used to mix the contents of STRs have been 
Rushton turbines. These are radial-mixing impellers and are superior with regards to 
disrupting sparged gas bubbles, so increasing the surface area available for oxygen 
transfer; however, they are prone to generating bioreactor compartmentalisation, due to 
the fact that they induce very little axial flow. The result of this is that, while excellent
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for mass transfer, an STR mixed only by Rushton turbines can be inferior to one with a 
combination of radial and axial mixing impellers with regards to bulk mixing due to the 
formation of axial flow barriers (Cronin et al. 1994). This can have obvious 
implications if the cells or product being cultivated are pH sensitive, as control of this 
parameter throughout the vessel can be difficult due to compartmentalisation (giving 
poor mixing and hence the possible appearance of pH gradients). Due to these 
limitations, impeller configurations are increasingly employed in industrial bioreactors 
that use axial impellers in conjunction with Rushton turbines. These provide an 
effective combination of optimised oxygen transfer (caused by the Rushton’s superior 
ability to disrupt air bubbles) and non-compartmentalised, bulk liquid mixing (provided 
by axial impellers) (Manikowski et al. 1994).
Furthermore, Rushton impellers can impart high shear forces onto cells in the impeller 
zone, due to their high efficiency at disrupting oxygen bubbles. For this reason, they 
are often used with non-filamentous microbial cultures. Axial impellers (e.g. marine 
impellers) are often used in mammalian cell culture or with filamentous organisms, as 
they are gentler in terms of the shear forces they exert. In addition, mammalian cells 
often grow more slowly than bacterial cells, so the limited oxygen transfer efficiency of 
axial impellers relative to Rushton turbines is usually not as detrimental if they are used 
with that type of organism.
The number of impellers in a bioreactor is also a parameter affecting mixing efficiency. 
Single impeller systems are preferred in bioreactors of low aspect ratio; however, for 
taller bioreactors, there is a need for multiple impellers in order to generate adequate 
mixing throughout the length of the bioreactor. Triple impeller systems are most 
commonly used in industry, with impeller diameter typically being V3 tank diameter in 
order to maximise mixing while minimising power requirements. Impellers are usually 
spaced one impeller diameter apart on the impeller shaft in order to prevent mixing 
inefficiency caused by insufficient distance between impellers (Markopoulos et al.
2004).
Shake flasks and MTPs do not utilise mechanical agitators for fluid mixing, so have to 
rely on shaking forces to produce the necessary fluid movement. This typically imparts 
less energy into the medium, thus mixing is often inferior, especially in more viscous
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cultures. Airlift reactors are another type of non-mechanically agitated bioreactor: 
although they use gas sparging as opposed to shaking to facilitate mixing. They rely 
upon the increased buoyancy of air bubbles to drive fluid flow up a central column 
located within the reactor, whereupon it increases in density as the air reaches the 
surface and so falls back down the outsides of the central column to be met by more 
sparged air and so continue the cycle. This type of bioreactor is ideally suited to low- 
growth rate, shear-sensitive organisms, such as mammalian cells. Bubble column 
reactors operate similarly to airlift reactors, in that they too do not have any mechanical 
agitation and use gas sparging to promote mixing, though instead of recirculating the 
flow up and around a central column they do not have an internal structure and there is 
only one direction of flow -  up through the column. Air bubbles enter at the bottom of 
the column and rise in a centrally-located, vertical spiral motion (Fan et al. 1994); 
however, the flow is extremely complex, with downward flow currents and fast bubble 
eddies occurring outside of the central spiral flow (Fan et al. 1994), helping to increase 
mixing efficiency in such bioreactors.
1.4.2 Mass transfer
The presence of concentration gradients in a bioreactor results in the mass-flow of 
constituent elements so as to neutralise the concentration gradient. Concentration 
gradients are generally not conducive to the effective performance of bioreactors as they 
can result in localised toxicity if they grow too large. An example of this would be a pH 
gradient caused through acid or base addition in an inadequately mixed bioreactor. 
Often the most important gaseous element that undergoes mass transfer in a bioreactor 
is oxygen: it is essential that all aerobically respiring cells have access to sufficient 
levels of oxygen in order to create a culture that is growing homogeneously.
1.4.2.1 Gas-liquid oxygen transfer
Oxygen is normally provided in a bioreactor by sparging air into the bottom of the 
vessel and allowing the resultant bubbles to rise up through the bioreactor. The time 
period during which the air bubbles are rising up the vessel allows oxygen to diffuse out 
of the bubble and dissolve into the fermentation broth. The OTR is calculated from the
31 J.I. Betts 2006
oxygen transfer coefficient (kij, the gas-liquid interfacial area (a) and the driving force 
(AC), which is the difference in concentration between the saturated dissolved oxygen 
concentration (C ) and the actual dissolved oxygen concentration at any given point
(CL):
OTR = k La - AC  (j 1 )
Equation 1.1 shows that the maximum OTR is obtained when the driving force is 
maximised, i.e. when C l = 0. However, operating with zero oxygen in solution is not 
viable as it would quickly lead to oxygen limitation, which could lead to the formation 
of unwanted metabolites (such as acetate), reduced growth rates for facultative 
anaerobes (such as E. coli, often leading to lower product yields) or cell death for strict 
aerobes. For this reason most bioreactors operate with a DOT comfortably above zero 
so that, while there is a driving force present to aid oxygen transfer, the cells are not 
growth limited via oxygen limitation.
Over the course of a cell cultivation, the rate of oxygen transfer from sparged air 
bubbles into solution has to exceed the rate of oxygen uptake by the respiring cells by a 
significant degree in order to prevent oxygen limitation and the onset of some of the 
problems listed above. Oxygen transfer is an inter-phase transfer, meaning that oxygen 
enters a bioreactor in the gaseous phase and has to dissolve into the liquid phase. Only 
in this liquid phase is it able to be taken up by microorganisms and utilised in the solid 
phase for respiration. Unlike most growth medium components, the solubility of 
oxygen in water is very low. The presence of salts in fermentation media decreases the 
oxygen solubility even further: in fact the solubility of oxygen in fermentation media is 
6000 times less than that of glucose (Stanbury et al. 1995). This low solubility in 
aqueous media (4.5 x 10' 2 kg m’3 at 20°C) means that oxygen has to be supplied on a 
continual basis as oxygen-intensive cultivations would otherwise deplete their DOT to 
0% within a few seconds.
Figure 1.2 highlights the barriers that have to be overcome in the transfer of oxygen 
from a sparged (or entrained) gas bubble, through the liquid medium to the site of 
oxygen utilisation inside a microorganism.
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Figure 1.2: Schematic of steps involved in bioreactor oxygen transfer (reproduced 
from Bailey and Ollis (1986)).
Oxygen diffuses through the gas-liquid interface into the stagnant region surrounding 
the bubble (steps 1 & 2 in Figure 1.2). This liquid area is stagnant because the adhesive 
force of the liquid to the bubble is stronger than the bulk liquid current forces 
circulating the fluid through the vessel. After diffusing through the stagnant region 
(step 3 in Figure 1.2) the oxygen is carried through the bulk liquid medium by liquid 
circulation currents (step 4 in Figure 1.2). Diffusion across a similar stagnant region 
surrounding the cell (steps 5 & 6 in Figure 1.2) is then followed by diffusion through 
the liquid-cell interface (steps 7 & 8 in Figure 1.2), after which it is transported 
intracellularly to the site of utilisation (step 9 in Figure 1.2). The limiting step to mass 
transfer depends on the way the cell is held during the cultivations; for freely suspended 
cells, the limiting step is usually the thin liquid film surrounding the gas bubble.
1.4.2.2 Two-film theory of mass transfer
Cussler (1984) developed the most widely-used theory of mass transfer when he 
postulated the two-film theory of mass transfer at either side of an interface, described 
in Figure 1.3.
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Figure 1.3: Two-film theory of gas-liquid oxygen mass transfer.
This theory assumes that there is a stagnant film on either side of the interface and that 
this is thin relative to the bulk liquid and gas phases. The oxygen concentration in the 
gas bubble ( C g )  is constant up until the thin film is reached, when it decreases linearly 
up to the interface. From the interface through the stagnant liquid film there is a gradual 
decrease in oxygen concentration until the bulk liquid ( C l )  is reached, whereupon the 
oxygen concentration stabilises and can be considered constant (provided mixing is 
sufficient). Due to the low solubility of oxygen in water, the liquid-phase mass transfer 
is the main point of resistance in the process. The rate-limiting step is therefore the 
diffusion of oxygen through the stagnant liquid layer surrounding the air bubble.
1.4.2.3 The overall volumetric mass transfer coefficient (kLa)
The overall volumetric mass transfer coefficient (kLa) comprises the oxygen transfer 
coefficient and the gas-liquid interfacial area. Because oxygen has low solubility in 
water, the transfer through the gaseous phase is negligible relative to the liquid phase. 
Therefore the overall mass transfer rate constant k can be taken as kL. kLa affects the 
OTR significantly and as such it is a highly important parameter describing the ability
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of a bioreactor system to transfer oxygen from gaseous air, through the liquid 
cultivation medium to the growing microbial cells.
There have been many empirical equations developed and published that seek to predict 
kLa in a bioreactor, with most of these being a composite of the Pg/V and superficial gas 
velocity (Usg), both raised to a specific power (Van't Riet 1979). Garcia-Ochoa and 
Gomez (2004) have compiled a table which lists twenty such empirical correlations, 
showing the stirrer type and tank volume used for each. Most of these correlations are 
empirically-derived and are typically dependent on the particular geometry and scale of 
the bioreactor in which they were developed; therefore they are often only accurate with 
regards to the particular bioreactor in which they were derived, which limits their 
applicability to other bioreactors. However, having such a compilation is useful as it 
allows anyone wishing to test a correlation with their bioreactor to select one which was 
derived in a vessel most geometrically-similar to their own.
1.4.2.4 Factors affecting kLa
kLa in bioreactors can be affected in three different ways: by altering the liquid mass 
transfer rate constant, kL; by altering the interfacial area available for gas-liquid mass 
transfer, a; and by altering the driving force, AC. Higbie’s penetration theory (Kawase 
and Moo-Young 1990) states that at the interface of gas and liquid, mass transfer occurs 
via a series of very short, non-steady-state interactions, and that the mechanism for mass 
transfer is molecular diffusion. This relationship of kL, liquid-phase diffusivity 4, and 
exposure time, t, is described by equation 1 .2 :
In the above equation, when using a system of known diffusion properties it is the 
exposure time which is most important in determining kL. Therefore, smaller bubbles, 
obtained by increased agitation in mechanically-agitated bioreactors, or through altered 
fluid coalescence in bubble columns and airlift reactors, have a greater exposure time 
and thus increase kL, leading to a larger kLa; although Doran (1995) states that if the
1.2
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average diameter of the gas bubbles is greater than 2-3 mm then kL is constant and 
largely unaffected by conditions inside the bioreactor.
Decreasing bubble size also affects kLa by increasing the surface area available for 
oxygen transfer. The smaller the bubbles, the larger the interfacial (surface) area 
presented to the bulk liquid medium and available for oxygen mass transfer. In stirred 
bioreactors, oxygen is delivered to the bulk medium by the sparging of air bubbles 
beneath the impeller. The impeller then acts to mechanically disrupt and disperse the 
air bubbles throughout the vessel, with the bubbles decreasing in size as impeller speed 
increases. The rate of oxygen mass transfer is a function of time; therefore smaller 
bubbles not only provide a larger interfacial area per unit volume air in the system, they 
also provide more time for mass transfer to occur as they remain in the system for 
longer due to lower buoyancy. Impeller-driven gas dispersion is more effective the 
smaller the bioreactor, because vessel mixing is more effective as a function of specific 
power input with decreasing scale (Nere et a l 2003).
The type of sparger used to introduce the gaseous phase to the vessel has a big effect on 
bubble size in mechanically-agitated bioreactors. Spargers are designed to maximise 
the amount of air entrained by the impellers without flooding the impeller blades, which 
can lead to a breakdown of effective gas dispersion. A perforated sparger has spatially 
separated holes on its tip, through which gas is introduced to the system. By using a 
perforated sparger as opposed to a pipe sparger, smaller bubbles are produced. The 
benefit is that less buoyant bubbles are more easily introduced into the prevailing liquid 
flow patterns in the vessel.
Rewatkar and Joshi (1993) report that the critical impeller speed required for gas 
dispersion (N cd) is lower for concentric ring spargers than pipe spargers, due to the 
smaller bubble size generated by the former: smaller bubbles tend not to coalesce as 
easily as large bubbles, so maintaining high interfacial area. However, while it is 
straightforward to produce precise spargers for conventional-scale STRs, it is 
technically challenging to produce spargers with standardised perforation patterns for 
miniature bioreactors. One solution is to insert a gas-permeable plastic bung into the 
end of the sparger, which is effective in generating a stream of small-diameter bubbles.
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Driving force can be increased by using oxygen enriched air or pure oxygen instead of 
normal air. Using oxygen enriched air is expensive to implement at industrial scale and 
is also a potential explosive risk; however, the advantages it can confer upon biological 
cultures mean that it is frequently employed. Another way to increase driving force is 
to increase total pressure in the system, as this increases the solubility of oxygen. This 
has the effect of increasing carbon dioxide concentration in the vessel, which could 
prove toxic to microorganisms being grown, although this is unlikely.
Agitation rate is an important parameter that affects kLa in stirred bioreactors by 
decreasing the diameter of dispersed bubbles (Lamping et al. 2003, Puskeiler et al.
2005). As impeller speed increases, different gas-flow patterns develop in an STR. At 
lowest impeller speeds, there is complete impeller flooding and poor circulation of gas 
due to N < Ncd- As the agitation speed increases, gas is captured in cavities behind the 
impeller blades and is more effectively dispersed into the liquid (as opposed to passing 
straight through the blades). Eventually, re-circulating gas flow patterns develop in the 
bioreactor, becoming more pronounced with increasing rotational speed. This gas 
recirculation significantly amplifies oxygen mass transfer by increasing gas hold-up and 
residence time.
Non-physical actions which can affect ^ a  usually involve the addition of a substance to 
the medium, resulting in altered coalescent properties. Bubble coalescence is generally 
not desirable in STRs as it reduces the residence time and interfacial area. The addition 
of salts tends to increase kLa due to decreasing the coalescent nature of the fermentation 
medium. This results in actually lowering kL, possibly by increasing resistance to 
diffusion; however, this is far outweighed by an up to twenty-fold increase in the 
interfacial area, a. Antifoam agents such as polypropylene glycol (PPG) or silicone 
antifoams are often added to cultivation broths in order to collapse foam through 
decreasing bubble surface tension. This often increases the coalescence within the bulk 
liquid, leading to larger bubble diameter and reduced kLa by lowering the interfacial 
area.
Growing cells themselves can affect the oxygen transfer properties of the growth 
medium through nutrient depletion and by secreting many different entities such as 
lipids and alcohols throughout a cultivation (although these effects are difficult to
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quantify), so affecting the liquid properties of the medium, e.g. viscosity. Maintaining 
oxygen transfer in viscous fluids requires high power inputs and will increase the 
operating cost of the process, which may affect its viability if performed at industrial 
scale. Cells also secrete many amphipathic surfactants during their cultivation, which 
cause foaming when they concentrate at gas-liquid interfaces. They also tend to 
increase kLa by stabilising small bubbles so increasing a, in spite of the fact that they 
may cause interfacial resistance.
Gas hold-up is the total volume of gas bubbles in the liquid at any time. It can lead to 
improved oxygen mass transfer rates as it indicates a longer bubble residence time, with 
each bubble having more time for mass transfer, and smaller bubble size. This is 
critical because the total interfacial area available for gas-liquid oxygen transfer is 
inversely proportional to the mean bubble size for a given volume of gas in the vessel. 
However, it is important to note that for fast growing organisms at the peak of 
exponential growth there may be bubbles with significant oxygen depletion. Because 
diffusion of oxygen is along a concentration gradient, it is clear that as oxygen is 
depleted inside a bubble, the driving force for oxygen transfer is diminished.
1.4.3 Shear and cellular disruption
1.4.3.1 Turbulent action inside a mechanically-agitated
bioreactor
In this study a 7L STR equipped with six-bladed Rushton impellers was used, with 
similar six-bladed paddle impellers being employed in both the 10 ml and 25 ml MSBR 
prototypes tested. These impellers operate radially -  that is they disperse fluid out 
towards the edge of the bioreactor instead of axially moving fluid up and down in the 
vessel. This produces distinct flow patterns in the bioreactors: the bulk circulating 
region and the impeller region, with the impeller region being the site for intense 
turbulence and high energy dissipation (Heydarian 1998). Microorganisms are more 
likely to be exposed to damaging shear-causing turbulence if they spend a 
disproportionately long amount of time in this impeller region. Therefore the
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circulation time of the vessel is important, as this can give an indication of the 
frequency with which microbes enter the high-shear impeller region of the vessel.
Many studies have investigated energy dissipation in stirred tanks with Rushton 
impellers; specifically the different levels of energy dissipation in the bulk and impeller 
regions of the bioreactor (refer to Heydarian [1998], table 1.1). As in the case of 
empirical equations relating kLa to power input, each of these findings is to some degree 
specific to the vessel and conditions used. The ratio of vessel height to diameter; 
baffling design; impeller dimensions and number; and definition of the volume that 
comprises the impeller region all affect the ratio between the impeller zone energy 
dissipation and the bulk liquid energy dissipation.
1.4.3.2 The microscale of turbulence
One way in which cells can be damaged in bioreactors is when they encounter excessive 
hydrodynamic forces. Thomas (1993) states that “shear” is the common name given to 
the various mechanisms that constitute such forces, even though shear is strictly defined 
as the action of a force acting normal to a surface. Due to the great complexity of fluid 
flows and gas-liquid interfaces in a bioreactor it has become accepted to refer to all 
mechanical damage to cells as being caused by shear.
Fluid flow in most bioreactors is turbulent during bioprocess operations. In stirred 
vessels, this is achieved by mechanical agitation. The higher the agitation rate, the more 
power is transferred into the fluid and the greater the degree of turbulence. The problem 
is that although increasing agitation improves mixing, heat and mass transfer rates it 
also increases the hydrodynamic forces within the vessel, and therefore increases the 
shear forces to which the cells are exposed. This turbulent flow is made up of various 
eddies and random motions. Kolmogorov’s theory of isotropic turbulence (1941) is 
acknowledged as the least imperfect way of modelling this process and hypothesises 
that large eddies decay over time and give rise to smaller eddies which themselves 
decay until such small scale is reached when friction becomes large enough to cause the 
kinetic energy to undergo viscous dissipation to heat. The microscale of turbulence (A.) 
is defined as the scale below which most of the energy held in these eddies is dissipated.
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It is dependent on the Theological properties of the fluid being studied, and the power 
input to the vessel, and is defined in equation 1.3, where A, is the microscale of 
turbulence, v is the kinematic fluid viscosity and s is the average rate of energy 
dissipation.
Eddies that are large relative to the cells entrain the cells and carry them along with little 
stress (provided there is not a large difference in their relative densities). Eddies that are 
smaller than the cells will not have sufficient energy and are unlikely to cause damage 
to the cells. Eddies that are of a similar size to the cells can act upon the cells, and their 
forces could cause damage; however, for this to happen the cells have to be of the same 
scale as the microscale of turbulence, which is unlikely for most cells except mycelial 
organisms, which frequently are of a similar scale to the microscale of turbulence 
(Heydarian 1998). This problem is frequently exacerbated in stirred tank bioreactors 
due to the use of mechanical agitation in such systems.
1.5 Cultivations chosen for evaluation of MBRs and scale
comparison
The MBRs used in this study were two prototype MSBRs (10 and 25 ml), a 24-well 
MTP (each well 10 ml total volume), a 12-column MBCR (each column 4.8 ml total 
volume) and two shake flasks (1 L and 2 L total volume). A 7 L conventional STR was 
used as a control. Three different cultivations were performed in selected MBRs and 
the 7L STR, in order to assess the suitability of each miniature system to cultivate two 
organisms (E. coli and S. erythraea) using three different and industrially-relevant 
cultivation processes.
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1.5.1 Escherichia coli plasmid DNA cultivation process
The first cultivation investigated was a batch process with E. coli strain TOP 10 
containing plasmid pSV(3 to produce plasmid DNA and was carried out in the 10 ml 
MSBR and the 7 L STR. Plasmids are circular strands of DNA that reside inside 
microbial cells, and are an important vector that have long been manipulated to be able 
to express genes artificially engineered into their genomes.
This ability to manipulate plasmids has healthcare implications, with gene therapy and 
DNA vaccines being two applications that are being developed in conjunction with 
plasmid transfection of chosen microbial organisms (Kay et al. 2003, Levy et al. 2000). 
It is expected that the plasmids required to convey sufficient genetic information to 
provide a clinical therapeutic benefit will be larger than the small plasmids of 1 0  kb 
currently being used in clinical trials (Levy et al. 2000). However, the fact that pSV(3 is 
a 6.9 kb plasmid and roughly of the same size as plasmids currently being tested means 
that this is a potentially-important model system, and, as such, is a good choice to 
investigate. Furthermore, it is accepted that the presence of plasmids in cells places an 
increased metabolic load upon them (Glick 1995) leading to an increased oxygen 
demand (Kay et al. 2003), adding a further challenge to the cultivation of this organism 
at miniature scale.
1.5.2 Escherichia coli antibody fragment (Fab’) cultivation
Antibody fragments are widely used in industry, for example as inhibitors of enzymes 
linked to food spoilage, as radiolabelled probes highlighting tumour locations, and in a 
wide range of immunospecific diagnostic assays.
In this study, a recombinant E. coli (W3110 strain, containing plasmid pTTODA33 
IGS2 producing A33 Fab) was grown at miniature scale and in the 7 L STR in a batch 
process with pulse feeding. The miniature vessels evaluated were the 25 ml MSBR, 12- 
column MBCR, 24-well MTP and 1 L and 2 L shake flasks. This fast-growing strain 
had a high oxygen demand, and coupled with the higher cell density as a result of 
intermittent feeding this meant that the successful cultivation of this organism required
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a bioreactor with high oxygen transfer capability. Furthermore, the strain had to be 
induced to produce Fab’, so adding an extra degree of complexity and difficulty to the 
process.
Antibodies are an essential part of the immune response that depend for their success 
upon exquisite target recognition sequences, leading to highly specific binding to the 
antigen they are developed in response to. The strength and selectivity of this 
interaction has long led to antibodies being put to commercial use, in therapeutics and 
many other industries. Using antibody fragments as opposed to whole antibodies has 
advantages of decreased immunogenicity, while maintaining the high specificity of the 
binding to the target antigen.
Antibody fragments can be produced using a variety of expression hosts, such as 
mammalian cells, transgenic animals and plants; however, for the purpose of this study, 
bacteria were the chosen host. E. coli offers several advantages in the manufacture of 
Fab’ relative to other bacteria (Baneyx 1999, Better and Horowitz 1989): it has a 
completely characterised genome and has been used extensively for genetic 
manipulation over several decades, with many recombinant proteins being produced via 
this organism for therapeutic use. Furthermore, it is fast-growing and relatively easy to 
culture, with factors affecting cultivation such as growth medium and operating 
conditions having been widely reported for many years.
1.5.3 Saccharopolyspora erythraea cultivation
The third process selected for the evaluation of the MBRs was the batch cultivation of 
the filamentous bacterium S. erythraea, which was grown in the 25 ml MSBR, 12- 
column MBCR, 24-well MTP and 1 L shake flask, as well as the 7 L STR. S. erythraea 
are actinomycetes producing various biologically-active substances including 
antibiotics, vitamins and enzymes, and are naturally occurring in soil. This organism 
can grow over a wide range of pH (5 - 9); however, the pH range for erythromycin 
production by the culture is very narrow, with an optimum of pH 7.0 -  7.2 (Warren 
1994). Similarly, although growth occurs from 20 -  42 °C, the optimum temperature is 
28 °C. This organism was selected due to the unique challenges presented by its
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filamentous morphology (leading to an increased viscosity over the course of the 
cultivation). Furthermore, it is an industrially-relevant organism as it produces the 
commercially important antibiotic erythromycin. Erythromycins are a commonly 
prescribed group of polyketide antibiotics used in humans, of which Erythromycin A is 
the most active analogue, which acts by inhibiting polypeptide synthesis in Gram 
positive bacteria (Corcoran 1984).
This microbe also forms hyphae that are sufficiently long to leave it potentially 
vulnerable to turbulent disruption. Heydarian et al. (2000) have reported that the 
average hyphal length of the erythromycin-producing bacterium S. erythraea exceeded 
the Kolmogorov microscale of turbulence in a standard 7 L bioreactor over a large range 
of operating conditions. In the case of S. erythraea it has been shown that if the mycelia 
are excessively sheared, resulting in too short a hyphal length, then erythromycin 
product formation can be affected (Bushell et al. 1997).
1.6 Objectives of this study
Miniature bioreactors such as the one detailed in this work have been developed by 
several research groups and companies and seek to address the current bottleneck at the 
screening stage of bioprocess development. This study aims to advance the rapidly 
growing field of miniature bioreactor development by characterising the engineering 
environments of miniature stirred-tank bioreactors and investigating the capabilities of 
these and other miniature cell cultivation devices to perform complex, industrially- 
relevant bioprocesses.
For this purpose, a novel single-chamber 25 ml MSBR, designed, constructed and fully 
instrumented for online DOT, pH, temperature, power input, agitation rate and air 
flowrate monitoring, was characterised together with the 10 ml MSBR designed in 
UCL’s Department of Biochemical Engineering (Lamping et al. 2003) in terms of kLa 
and mixing time over a wide range of impeller speeds.
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In addition, power input to both MSBRs was directly measured and from this the power 
number of each impeller calculated and specific power input estimated, allowing the 
performance of both miniature bioreactors to be directly compared with that of a 
conventional 7 L bioreactor.
Furthermore, the capability of both MSBRs to carry out microbial cultivations of E. coli 
producing plasmid DNA, E. coli producing antibody fragment Fab’ and S. erythraea 
producing erythromycin was also investigated, along with other miniature bioreactors, 
and their performance related to that of a conventional 7 L STR.
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Chapter 2: Materials and Methods
2.1 Chemicals
All chemicals were of analytical grade and were obtained from Sigma Aldrich (Poole, 
UK), unless otherwise stated. The water used in this study was purified by reverse 
osmosis (RO), unless otherwise stated.
2.2 Bioreactors used in this study
The bioreactor systems that were used in this study (to cultivate E. coli producing
plasmid DNA, E. coli producing Fab’ and S. erythraea producing erythromycin 
respectively), can be grouped into mechanically-agitated systems and non- 
mechanically-agitated systems (shaken systems and bubble column). The
mechanically-agitated systems were the 10 ml MSBR, 25 ml MSBR and 7 L STR; their
key dimensions and characteristics can be seen in table 2.1. The shaken systems (MTP 
and shake flasks) and bubble column together with their key dimensions and 
characteristics are shown in table 2 .2 .
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Table 2.1: Key dimensions of the mechanically-agitated bioreactors used in this
study.
Units 7 L STR 10 ml M SBR 25 ml M SBR
Total volum e L 7 0.01 0.025
W orking volum e L 5.5 0 .007 0.018
Total height m 0.403 0.048 0 .062
W idth m 0.16 0 .016 0.023
A spect ratio - 2.5 3 2.7
Num ber o f  
im pellers -
2 3 3
T ype o f  im peller -
6-blade Rushton 
turbine
6-blade paddle 6-b lade paddle
Impeller Diam eter m 0.063 0 .007 0 .0085
Impeller Width m 0.0017 0 .0008 0 .0009
Im peller Depth m 0.0125 0.001 0 .002
D iam eter
im peller:vessel
diam eter
- 0 .39 0.44 0.37
Shaft diameter m 0.005 0.001 0.001
Num ber o f  baffles - 4 4 4
Baffle width m 0.016 0.0018 0.0018
B affle width: vessel 
diameter - 0.1 0.11 0.08
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Table 2.2: Key dimensions of the shaken bioreactors and bubble column used in this
study.
Units MBCR MTP 1 L S F 2 L S F
Total volum e L 0.0048 0.01 1 2
Working volume L 0.003 0.003, 0 .002 0.05 0 .0 7 5 ,0 .1
Height cm 0.05 0.043 n/a n/a
Width cm 0.011 0.017 n/a n/a
Aspect ratio - 4.5 2.5 n/a n/a
Number of baffles - 0 0 0 4
2.2.1 7 L laboratory-scale bioreactor
The control vessel used in this study was a conventional stirred-tank bioreactor 
(Inceltech LH7L, BioProcess Engineering services, Sittingboume, Kent, UK) of 7 L 
total volume, with 2.5:1 aspect and working volume of 5.5 L. The vessel was of height 
0.403 m and diameter 0.16 m, and had four equally-spaced baffles to limit vortexing. 
Mixing and mass transfer was provided via two, 6 -bladed Rushton disk turbines, with 
each impeller being of diameter 6.3 cm. The bottom impeller was located 72 mm from 
the bottom of the vessel, and there was a gap of 109 mm between this and the top 
impeller. With the bioreactor filled to 5.5 L working volume, there was a distance of 93 
mm from the top impeller to the surface of the liquid.
The vessel was aerated via a pipe sparger located at the bottom of the vessel, with 
aeration rate precisely controlled by use of a flowmeter. The vessel contents were able 
to be steam sterilised in place, and temperature thereafter was maintained by use of an 
integrated heating coil located in the liquid medium and sited halfway up the vessel. 
Acid, base and antifoam were able to be added to the vessel via a three-way needle that 
screwed into the headplate and into the vessel via a rubber septum. Dissolved oxygen 
and pH were recorded using conventional laboratory probes (both by Mettler-Toledo 
Ltd., Leicestershire, UK) sited in the vessel contents through ports on the headplate.
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Temperature, pH, foaming and DOT were able to be automatically controlled during all 
cultivations. Furthermore, exhaust off-gas was analysed by a VG Gas Analysis System 
Prima 600 mass spectrometer (VG Gas Analysis Systems, Middlewich, Cheshire, UK) 
allowing the calculation of OUR, CER and RQ.
OUR and CER (both in mmol L^h'1) were calculated using the following equations:
Gas. = — -  2.1
where
V • mgv
Q
V • mgv Nit
 NG as„.= — ^---------2-l 2.2
OUR = Gas■ 0 2 -  Gasim. 0 2 , 2.3in Im out lout
CER = Gasout ■ C 02out -  Gasin ■ C 02in 2.4
i '1)
l . -h
Q Air flowrate (m3h_1)
Gas^ — Air flow into the fermenter (mmol L ' 1 ]
Gasout — Air flow out of the fermenter (mmol L
L Fermenter working volume ( L )
mgv = Ideal gas molar volume ( L )
N2 out = Mole fraction of N2 in outlet gas
N2 in = Mole fraction of N2 in inlet gas
O2 in = Mole fraction of O2 in inlet gas
O2 out = Mole fraction of O2 in outlet gas
CO2 out = Mole fraction of CO2 in outlet gas
CO2 in = Mole fraction of CO2 in inlet gas
2.2.2 Miniature bioreactors used during this study
Reliable control of fermentation temperature was required in all miniature bioreactors, 
not only for optimum processing conditions, but also to aid batch reproducibility. 
Conventional bioreactors have long been able to tightly control broth temperature;
48 J.I. Betts 2006
therefore, in an attempt to create effective small scale mimics, this degree of control was 
a key consideration.
Similarly, the control of pH can be critical to the viability of the organism being 
cultured. Therefore, the miniature bioreactors not only had to monitor pH accurately 
and continuously, but they also had to have effective mixing in order to quickly 
dissipate acid or base additions in order to shift the culture pH back to the optimum 
point and also maintain culture pH homogeneity. Furthermore, it was preferable for the 
miniature bioreactors to have effective agitation systems and the means to accurately 
measure DOT online in order to better control oxygen levels.
Maintenance of sterility in the miniature bioreactors was complicated by the fact that 
the MBCR and shake flasks were open vessels, and the MTP, 10 ml MSBR and 25 ml 
MSBR were not perfectly sealed. Furthermore, the cultivation of S. erythraea was 
performed without positive antibiotic selection. This meant that all cultivations were 
performed in a laminar flow cabinet, although the 25 ml MSBR was significantly more 
contained than any of the other bioreactors and could well have resisted contamination 
if cultivations were carried out on the bench top.
All of these parameters described above are critical to effective bioreactor performance, 
and had to be considered when designing the miniature bioreactors used in this study.
2.2.2.1 10 ml miniature bioreactor
The 10 ml prototype MSBR was developed prior to this study at UCL, with the design 
described in detail by Lamping (2004). It was made from a solid Perspex block with a 
total volume of 10 ml and operating volume of 7 ml and is pictured in Figure 2.1. The 
vessel had a 3:1 aspect (height 0.048 m and diameter 0.016 m) and was agitated by 
three impellers, each of diameter 0.007 m. The impellers were six-bladed paddle 
impellers, designed to give radial mixing, and were located on a central shaft of 
diameter 1 mm. The bottom impeller was sited 6  mm from the bottom of the vessel, 
and the distance between each impeller was 7.5 mm. This meant that the distance from
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the top impeller to the liquid surface was 13.8 mm when the bioreactor was filled to 
7 ml working volume.
The impellers were driven via a 0.16 W electric motor (Faulhaber DC Micromotor 
0816N, Electro Mechanical Systems, Reading, Berkshire, UK) sited on the head plate, 
and connected to the shaft. A bespoke power control unit was constructed at UCL, and 
this allowed the speed to be tightly controlled. The maximum speed attainable was 
15 000 rpm, although this was impractical and therefore the vessel was characterised 
only up to 7000 rpm. The vessel had four, equally spaced baffles to limit vortexing 
during agitation, with each baffle having a width 11 % that of the vessel diameter.
The bioreactor was aerated via a sparger sited directly beneath the bottom impeller, and 
the flowrate was controlled by use of a flowmeter (Gilmont Instruments, Barrington, IL, 
USA). The sparger entered the vessel through a port in the headplate and a perforated 
plastic cap at the tip generated small bubbles to aid aeration. The internal temperature 
of the 10 ml MSBR was controlled by coiling rubber tubing linked to a water bath 
around the bioreactor body. In this way, access to ports was maintained while 
temperature was controlled. A thermocouple inserted through a port in the headplate 
measured the internal temperature, and this allowed the temperature of the water in the 
coils to be altered as required in order to maintain the desired medium temperature.
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Figure 2.1: Photographs of the 10 ml MSBR used in this study.
The DOT probes frequently used at conventional scales of operation were not suitable 
for use in the 10 ml MSBR due to their large size; instead, two different miniature DOT 
probes were used in this study. For k^ a measurements, an optical probe was used 
(Knight Photonics, Hampshire, U.K.) as described by Lamping et al. (2003), which 
utilised a sample of fluorescent ruthenium oxide embedded within the tip of the probe to 
measure the DOT. This probe operated by oxygen diffusion through the tip of the probe 
leading to a quenching of the ruthenium oxide in proportion to its concentration. 
Therefore the fluorescence of the ruthenium oxide as detected by a fibre-optic light 
transmitted to a spectrophotometer (Avantes AVASPEC, Eerbeek, Netherlands) was 
inversely proportional to the DOT. pH was monitored online through the use of a 
miniature probe (Lazarlab, Los Angeles, USA) that was in constant contact with the 
process fluid, via a side port in the vessel.
During cultivations, dissolved oxygen was measured using a fluorescing patch stuck 
onto the inside of the fermentation vessel and detected by fibre-optic probe (Presens 
GmbH, Regensburg, Germany). This new probe was used because the original probe 
used in the kLa characterization was found to be insufficiently robust to be able to 
operate in a microbial cultivation for suitably long periods of time without losing
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calibration. Samples were removed from the 10 ml MSBR during cultivations by 
syringe needle extraction through a port sited on the vessel top-plate.
2.2.2.2 25 ml miniature bioreactor
During the course of this study, a novel miniature bioreactor was developed in addition 
to the further progression of the 10 ml MSBR. This new vessel was designed to permit 
greater understanding of engineering characteristics at miniature scale, and also to 
perform complex, industrially-relevant cultivations that could not be carried out in the 
10 ml MSBR. The new vessel had a total volume of 25 ml with working volume 18 ml 
and is depicted in Figure 2.2. The height of the bioreactor was 0.062 m and the 
diameter 0.023 m, giving an aspect of 2.7:1. The base and top-plate were constructed of 
stainless steel and were able to be bolted together, so sealing the hollow central section 
and in conjunction with rubber o-rings making it a contained system. The central 
section had an integrated water jacket, created by placing two Pyrex cylinders one 
inside the other and sealing the ends between the two cylinders to form an air-tight 
water jacket enclosing a cylindrical internal vessel space. The water jacket had two
protrusions, an inlet and an outlet, fashioned out of the Pyrex at the same time as when
the glass was blown. Each of these was connected to silicone tubing, feeding and 
returning water from a water bath. A thermocouple was inserted into the bioreactor 
through a port in the head plate, and this allowed continuous monitoring of culture 
temperature. In this way, the temperature inside the 25 ml MSBR was closely 
controlled, with the integrated water jacket providing a quick response when 
temperature changes were required.
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Figure 2.2: Photographs of the 25 ml MSBR developed as part of this study.
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Like the 10 ml MSBR, the 25 ml MSBR was mechanically-agitated using a triple 
impeller system, with each six-bladed paddle impeller being of diameter 0.0085 m. The 
bottom impeller was located 12 mm from the bottom of the vessel, and the spacing 
between the impellers was 10 mm. This resulted in a distance from the top impeller to 
the liquid surface of 11.3 mm when the bioreactor was operated at working volume.
Agitation power was provided by a 1.75 W  electric motor (Faulhaber DC Micromotor 
1336 U, Electro Mechanical Systems, Reading, Berkshire, UK), that was significantly 
more powerful than the electric motor used to power the agitation system in the 10 ml 
MSBR. The rotational speed was controlled using a bespoke power control unit that 
also contained a motion controller that calculated and displayed electric power 
consumption by the motor in real time. The motor used in the 25 ml MSBR allowed the 
speed to be more accurately controlled in that vessel than in the 10 ml MSBR. As with 
the 10 ml MSBR, the full range of agitation speeds available was not utilised in the 25 
ml MSBR, with the vessel being characterised up to 7000 rpm.
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Four equally-spaced baffles limited vortexing, with each one having a width of 
0.0018 m, 8  % that of the bioreactor. The vessel was aerated via a sparger, which 
introduced air just below the centre of the bottom impeller. The tip of the sparger was 
filled with a porous plastic material which promoted the creation of small bubbles -  
aiding oxygen transfer. Air was exhausted out of the top of the vessel via a steel pipe 
that was 0 . 2  m long and bent at an angle to the vertical, so maximising the condensation 
of water vapour and allowing it to run back down into the bioreactor, minimising 
volumetric losses due to evaporation; at the top of the pipe a 0 . 2  pm filter was used to 
sterilise this exhaust air.
The same Presens optical patches and probes as utilised in the 10 ml MSBR were used 
to measure DOT and pH online. As Figure 2.2 illustrates, two apertures in the Pyrex 
vessel body were created during the formation of this section. On the interior of the 
vessel, glass discs were adhered over these apertures, allowing the vessel to remain 
watertight. The detection patches for pH and DOT were adhered onto these glass discs, 
on the inside of the vessel. Threaded stainless steel tubes were glued into the apertures, 
finishing the two ports, and the fibre-optic cabling required to detect the level of 
fluorescence of each patch were screwed into these. Silicone glue was used for all 
adhesions in the 25 ml MSBR.
Because the 25 ml MSBR was fashioned out of Pyrex and stainless steel, it was able to 
be autoclaved prior to use. This greatly aided the maintenance of sterile conditions 
prior to inoculation and, once inoculated, limited the chances of contamination. The 
DOT patch was autoclavable; however, the pH patch was not -  due to a structural 
difference between the two patches. This was unfortunate as it meant that, while the 25 
ml MSBR could be autoclaved with the DOT patch in place, the device had to be 
disassembled in a class II laminar flow cabinet for adhesion of the pH patch before 
being re-assembled. The development and use of an autoclavable pH patch in future 
work would improve this process significantly and would be vital to the commercial 
acceptability of the bioreactor.
All cultivations using the 25 ml MSBR were performed in the class II laminar cabinet, 
due to the increased duration of cultivations using this bioreactor increasing the risk of 
contamination.
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As with the 10 ml MSBR, samples were removed from the 25 ml MSBR during 
cultivations by syringe needle extraction through ports sited on the vessel top-plate, 
with each port containing miniature septa to increase the containment of the system.
2.2.2.3 Miniature bubble column reactor
This prototype MBCR device was designed by Steven Doig at UCL and was not 
characterised as part of this study; however, it was used in this study to cultivate E. coli 
producing Fab’ and S. erythraea producing erythromycin. The MBCR was formed out 
of a hollow block of Perspex, with 12 separate columns integrated within this central 
block; all columns were 11 mm wide and 50 mm tall, giving a total volume of 4.8 ml 
per column and a working volume of 3 ml. Each column had an identical grade-3 glass 
sinter sited across its bottom, to facilitate the diffusion of air up into each column for 
oxygen transfer and mixing. Air was introduced from a pressurised cylinder to a central 
cavity beneath the columns, with the rate of diffusion through each sinter into the 
columns being proportional to the positive pressure.
The temperature of all 12 columns was maintained by pumping temperature-controlled 
water into and out of a second cavity sited around the main bodies of the columns. In 
this study the scope of the MCBR was increased by immobilising a Presens optical 
fluorescence patch, identical to those detailed previously in this section, onto the 
interior of one of the columns. The MBCR was then machined to allow a fibre-optic 
line to be screwed into it, facing the DOT patch, allowing dissolved oxygen to be 
monitored online throughout the cultivations. pH was controlled in the MBCR through 
manual additions and samples were taken using sterile pipette tips. The 12-column 
MBCR can be seen in Figure 2.3.
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Figure 2.3: Photograph of the 12-column MBCR used in this study.
2.2.2.4 Microtitre Plate
Two standard 24-deep well MTPs (both polypropylene Uniplate Growth plates, 
Whatman International Ltd., Maidstone, Kent, UK) were modified and used in this 
study to cultivate E. coli and S. erythraea, producing Fab’ and erythromycin 
respectively. A MTP comprising deep wells with square sides and round bottoms 
(DRW) was used to cultivate all species in this study. A second MTP comprising deep 
wells with square sides and square bottoms (DSW) was used to cultivate E. coli 
producing Fab’, in an attempt to boost oxygen transfer. The total volume of each well 
was 10 ml for both plates, with working volumes used in this study of 3 ml and 2 ml. A 
gas-permeable membrane (Bugstopper® Microplate Capmat, Whatman International 
Ltd., Maidstone, Kent, UK), designed to prevent microbial contamination and minimise 
evaporation while allowing diffusion of air for oxygen transfer, was affixed on top of 
each plate during cultivations.
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Both MTPs were amended to read DOT and pH online by cutting two ports into one of 
the wells on each plate. These were sealed with glass discs, as in the 25 ml MSBR, and 
onto these were adhered Presens DOT and pH patches, allowing continuous 
measurement of these critical parameters via fibre-optic cables screwed into the ports. 
Temperature was controlled by using each MTP in conjunction with an Eppendorf 
Thermomixer during all cultivations. Although the plates were autoclaved prior to each 
cultivation, they were still sited within a class II laminar flow cabinet during microbial 
growth in order to limit the chances of contamination. pH in both MTPs was controlled 
manually and samples were obtained using a pipette with sterile tips.
2.2.2.5 Shake flasks
Two standard shake flasks were used during the course of this study. During the 
S. erythraea cultivation a 1 L flask was used, made out of glass and without baffles. 
This same flask was used to cultivate E. coli Fab’; however, an additional 2 L plastic 
baffled shake flask was used with this organism in order to increase oxygen transfer in 
the system. The shake flasks were incubated in a rotary-shaken incubator (Kuhner ISF- 
1-W, Kuhner AG, Birsfelden, Switzerland), with adjustable settings for temperature, 
shaking velocity and throw diameter. pH was controlled by removing a sample for 
manual pH measurement and then adding acid or base accordingly in order to adjust the 
pH to set point. Samples were taken manually using a pipette with sterile tips.
2.3 Power consumption in the 10 ml MSBR, 25 ml MSBR 
and 7 L STR
Power input was measured in the 10 ml MSBR and 25 ml MSBR over a wide range of 
impeller speeds, in order to equate the performance of the different bioreactors. The 
MBCR, MTP and shake flasks were not characterised in this study; therefore no 
measurement or estimation of power input was done in those vessels.
Power input was measured directly in the 10 ml MSBR and 25 ml MSBR using a 
prototype device developed during this study. Ungassed power consumption in the 10
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ml and 25 ml MSBRs was estimated by directly measuring electrical energy input using 
a Faulhaber Series MCDC 2805 motion controller in conjunction with a 6 V electric 
motor with built-in IE2 encoder containing 512 lines per revolution controller (all from 
Electro Mechanical Systems Ltd., Reading, Berkshire, UK).
The power input was measured in both miniature vessels over a range of impeller 
speeds, firstly with an empty vessel. The process was then repeated with the vessel 
filled with water to working volume (7 ml and 18 ml for the 10 ml and 25 ml MSBRs 
respectively). The power input in air was subtracted from the power input in water for 
each impeller speed. The resulting net power input was assumed to be the true power 
input required to drive the impellers through the liquid, net of unrelated vibrational, heat 
and noise energy losses. Because of fluctuations in the electrical power readout, each 
power measurement followed the same controlled procedure in an attempt to eliminate 
bias and systematic error. Each measurement therefore started by setting an impeller 
speed with the vessel empty. The bioreactor concerned was then left for five minutes to 
allow the power indicator to stabilise. Seven readings were then recorded, ten seconds 
apart, over the course of one minute. These were averaged to get the final empty power 
input for that agitation speed. The working volume of water for the bioreactor 
concerned was then carefully injected through a port into the vessel chamber, without 
altering any aspect of the set-up. The bioreactor was then left for a further five minutes 
for the system to stabilise before seven measurements, 1 0  seconds apart, were taken and 
averaged to give the final liquid power input for that agitation speed.
The speed controller unit developed at UCL was therefore able to measure and display 
the electrical power consumed by the vessels, which varied according to agitation rate, 
vessel fill volume, liquid viscosity etc. The mechanical efficiency of the motor was 
given by the manufacturer as being 6 8 % and constant across the range of power inputs 
measured; therefore each reading for electrical power input could be multiplied by the 
mechanical efficiency and converted into mechanical power consumption.
For the large scale system the motion controller could not be used to directly measure 
the power input, due to the limited scope of the power measurement device. As a result, 
the manufacturer’s stated turbulent power number of 5.0 per Rushton impeller was used 
in conjunction with equation 2.5 to estimate ungassed power in the 7 L STR.
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Puc = N p - p - N ' - d i5 2.5
The specific ungassed power consumption of each of the three bioreactors, as a function 
of impeller speed, was determined by dividing power input (W) by the working volume 
(m3).
Reynolds’ number (Nrc), shown in equation 2.6, was used to measure turbulence in the 
stirred bioreactors.
p - N d  2
U R e = -  ^  2.6
Power number was calculated in the 10 ml MSBR and 25 ml MSBR as a function of 
Nrc and over a range of impeller speeds (and hence a range of ungassed power inputs) 
as shown in equation 2.7.
N  = -----------------------------------------------------------------   2 7
p - N  -dj
Gassed power was measured in the 25 ml MSBR over a limited ranged of agitation 
rates, using the same method as was used to measure ungassed power but with air 
sparged into the vessel at 1 VVM. However, it was not feasible to measure power 
directly in the 10 ml MSBR while aerating the vessel. Therefore, in order to get a more 
effective comparison between the three vessels, the gassed power in the 10 ml MSBR, 
25 ml MSBR and 7 L STR was estimated. In this study, the empirical equation for Pg 
developed by Hughmark (1980) was used to calculate the gassed power requirements of 
the bottom impeller in the 10 ml MSBR, 25 ml MSBR and 7 L STR, over a wide range 
of impeller speeds. This expression can be seen in equation 2.8.
= 0.1 _Q_
NV
N 2d ,4
T
gW.V ~3 2.8
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Because equation 2.8 is empirically-derived and was based on data from single impeller 
systems, it could only legitimately be used to measure the gassed power drawn by the 
bottom impeller in our bioreactors. The power requirements of the upper impellers in 
each bioreactor were related to this value based on experimental values presented by 
Warmoeskerken and Smith (1988) and reproduced by Cui et al. (1996).
2.4 Mixing time
Mixing time was determined in the 10 ml MSBR, 25 ml MSBR and 7 L STR using an 
acid pH tracer response technique (Bryant 1977). Prior to each experiment, the vessel 
being investigated was filled to working volume with RO water. This was followed by 
KOH addition, to increase the pH of the system and allow a wider range of pH change 
to be measured after acid addition. HC1 was then added to the system, under aeration at 
Q  = 1VVM and at a set power input, and the time taken to record 9 5 %  of the subsequent 
decrease in pH was measured, defined as the mixing time in this study. The amount of 
acid and base added to each vessel is detailed in table 2.3; the proportional molarity of 
these additions meant that the starting pH, final pH and therefore the pH drop were 
standardised in all three vessels. For all three bioreactors, the pH probe tip was located 
near the edge of the vessel and level with the bottom impeller. Liquid additions in all 
vessels were made at a depth of one impeller diameter on the side directly opposite the 
site of the pH probe.
Table 2.3: Amounts of acid and base added to each bioreactor as part of the mixing 
time determination.
Vessel
Molarity of 
KOH used
Molarity of 
HC1 used
Volume KOH 
added (pi)
Volume HC1 
added (pi)
10 ml MSBR 0.05 0.05 35 40
25 ml MSBR 0.05 0.05 90 103
7 L STR 1.0 1.0 1375 1570
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2.5 Mass transfer determination
Two different techniques were used to determine k^a in the 10 ml MSBR, 25 ml MSBR 
and 7 L STR, with each one being operated over a range of impeller speeds and the 
results expressed as a function of specific power. kLa was not investigated in any of the 
other miniature bioreactors used in this study.
2.5.1 Static gassing-out technique
The first method used to measure ^ a  in the 10 ml MSBR, 25 ml MSBR and 7 L STR 
was the static gassing-out technique (Stanbury et al. 1995). Using this method, oxygen 
transfer trials were carried out in an air-water system using de-ionized water, to simulate 
a fully coalescing environment. In the 7 L STR the same standard DO electrode used in 
the microbial cultivations was used to measure the response time. The DO probe 
described in section 2 .2 .2 .1  was used in both miniature bioreactors for static gassing-out 
technique experiments, as it was not possible to use the Presens patch in conjunction 
with this method.
The method was identical for all three bioreactors and required each vessel to be filled 
to working volume with RO water (and also water containing 63 g L"1 NaCl in the case 
of the 25 ml MSBR, in an attempt to investigate the use of this method with non- 
coalescent systems). The agitation rate to be investigated was then set and the vessel 
concerned degassed by sparging in nitrogen gas. At this point, the sparged gas was 
switched to air (containing 21 % oxygen). The rate of re-oxygenation from 20 - 80 % 
was used as the basis for the calculation of kLa, as this eliminated some of the variation 
caused by imprecise start time and minor calibration issues.
In this study, the probe response time in all three bioreactors was determined over a 
range of agitation speeds, using the same technique in each vessel. Each bioreactor was 
filled to working volume with water, the agitation rate to be investigated was set, and 
then the vessel was wholly oxygenated by sparging in air. The previously-calibrated 
probe was then held in a completely deoxygenated environment until DOT read 0%, 
achieved by covering the tip of the probe with tubing connected to a nitrogen cylinder.
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The deoxygenated probe was then very quickly immersed in the oxygenated liquid, 
through a port in the headplate of each vessel.
The 7 L bioreactor deviated from this method slightly because the DOT probe was too 
close in diameter to the headplate port. Therefore in order to avoid the problems caused 
by manoeuvring the probe through the port too slowly (which would have given an 
artificially-quick response time as probe response is significantly quicker in air than in 
liquid) the probe was held in the headspace of the vessel, where it was taken to 0  % 
DOT by gassing nitrogen into the headspace, before being immersed into the 
oxygenated fluid. In the 25 ml MSBR, the probe response time was additionally 
measured using water with 63 g L ' 1 NaCl added, to be used in conjunction with the kLa 
data obtained from that vessel using water with 63 g L ' 1 NaCl added. Although a 
different salt, this concentration of NaCl was chosen in an attempt to mirror the 
concentration of sodium sulfite used, and hence the degree of liquid coalescence found 
when using the sulfite oxidation method
For all vessels, the response time was defined as the time taken for the deoxygenated 
probe to re-oxygenate from 0 % DOT -  63 % DOT, and was measured as a function of 
N. The response time was accounted for by entering the raw data into Microsoft 
Excel ® and using a macro to solve for ^ a  over time using the Marquardt algorithm 
(Marquardt 1963, Badino et al. 2000), shown in equation 2.9, where Cp is the 
normalized DOT measured by the probe and tm = 1/ kLa. This calculation is shown in 
more detail as part of Appendix A.
Cp -  1
t m P 2.9
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2.5.2 Sulfite oxidation chemical method
The second technique used to determine k^a was implemented in the 10 ml MSBR and 
7 L STR, and concerned the oxidation of sodium sulfite catalyzed by cobalt sulfate, 
detailed in equation 2.6 (Hermann et al. 2001, Linek and Vacek 1981), and was based 
on the method of Hermann et al. (2003). The basis for this assay is the fact that the rate 
of sulfite oxidation is proportional to the rate of oxygen mass transfer from the sparged 
air into the liquid, shown in equation 2 .1 0 .
Na2SO3 + 0.50 2 -  CoS^ ~ > Na2SOA 2  1 0
For each experiment, the bioreactor being investigated was filled to working volume 
with 0.012 M phosphate buffer, consisting of Na2HPC>4 and Na^PCU in a 1:1 molar 
ratio. Sodium sulfite was then added at a concentration of 0.5 M, in addition to the 
cobalt sulfate catalyst, and these were dissolved. The catalyst concentration has been 
shown to have an influence on the order of the reaction (Linek and Tvrdik 1971); 
therefore in this study the concentration of C0 SO4 chosen was 0.1 pM to ensure that the 
oxidation rate was independent of the sulfite level. The temperature of the system was 
controlled at 22°C throughout each experiment, according to the method published by 
Hermann et al (2001), as this affects the rate constant (Linek and Tvrdik 1971). It was 
important to start the oxidation at pH 8  ± 0.05 for all experiments because the rate 
constant has been shown to increase by a factor of 10 between pH 7.5 and pH 8.2 
(Bailey and Ollis 1986). The pH was adjusted to 8  using 2 M sulfuric acid prior to 
adding the catalyst. The agitation speed being investigated was then set and the reaction 
followed by a slow decrease in pH. The end of the reaction occurred when all of the 
sodium sulfite had been oxidized, which was detected by a sudden drop in pH. The 
length of the reaction was inversely proportional to the kLa, as better mixing and oxygen 
transfer permitted a more rapid oxidation of the sodium sulfite substrate. Different 
agitation rates were used in both bioreactors to assess the degree to which agitation 
speed affected reaction duration.
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Oxygen transfer rate is generally defined as being equal to k^a multiplied by the driving 
concentration gradient between the gas and liquid phases present in the bioreactor 
(equation 2 . 1 1 ):
OTR = kLa ■ (C o2 — CL) 2 11
The oxygen concentration at the interface is equal to the oxygen solubility for the 
conditions used multiplied by the oxygen partial pressure in the gas phase (equation 
2 . 12):
C °2 • p G
The time taken for the sulfite oxidation reaction to be completed is inversely 
proportional to the oxygen transferrate (OTR) as shown in equation 2.13:
2.12
OTR =
C ■v Nvo,so4 v o, 
.vo,so4 Jt - V , 2.13
Mass balancing of oxygen results in equation 2.14, where ki is the first order reaction 
coefficient. For this constant the value of 2385 L h"1 calculated by Hermann et al. 
(2 0 0 1 ) was used.
c = gTR
ki 2.14
The maximum oxygen transfer rate occurs when the DOT is zero, i.e. when there is no 
oxygen present in the liquid phase and Cl = 0 , as shown in equation 2.15:
6 ^max = k La -C o2 2.15
Rearranging equation 2.11 for kLa and substituting this as well as equation 2.14 into 
equation 2.15 allowed ^ a  to be calculated based on the time taken for the reaction to
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complete at different impeller speeds. As the specific power input was also measured as 
a function o f impeller speed, this permitted kLa to be expressed as a function of Pg/V.
2.5.3 kLa correlations
Of the many available ^ a  correlations that have been reported in the literature, most 
take ^ a  to be a function of the specific power input and the superficial gas velocity in 
the bioreactor. Van’t Riet’s (1979) popular correlation relating ^ a  to specific power 
input and superficial gas velocity has two forms, depending on the coalescent nature of 
the system being studied. The general form of this equation is shown in equation 2.16
For non-coalescing systems (such as high ionic strength solutions and some cultivation 
media), the specific power input has an exponent of 0.7 and the superficial gas velocity 
an exponent of 0.2, with a constant of 0.002. For coalescing systems (such as pure 
water), the exponents of the specific power input and superficial gas velocity are 0.4 and 
0.5 respectively, with a constant of 0.026. In addition to ionic strength, it must be 
acknowledged that these exponents are also sensitive to scale, with Van’t Riet 
developing his correlation using data from a 10.8 L STR.
2.6 Escherichia coli plasmid DNA fermentation
2.6.1 Organism
Escherichia coli DH5a pSV|3, obtained from Dr. John Ward, Dept, of Biochemistry, 
UCL, was used in this study. The working cell bank was established by storing 1 ml 
aliquots of exponential-stage culture in 40 % glycerol solution at -80 °C.
a
2.16
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2.6.2 Cultivation medium
This strain was cultivated in enriched LB medium. It was of a complex nature and 
contained (in g L '1): yeast extract, 20.0; tryptone, 32.0; NaCl, 5. Antifoam in the form of 
PPG was added to the medium prior to sterilization at a concentration of 0.5 ml L '1. 
The medium was made up using reverse osmosis (RO) water. Sterilisation was 
achieved by autoclaving the media at 121°C for twenty minutes. Ampicillin was 0.2 pm 
sterile-filtered, and added post-autoclaving at a concentration of 2 0  pg ml"1 to maintain 
selective pressure on plasmid-containing cells.
2.6.3 Bioreactors and operating conditions
E. coli plasmid DNA cultivations were carried out in the 10 ml MSBR and the 7 L STR 
at different stirrer speeds, designed to generate oxygen-rich and oxygen-limited 
conditions. Two cultivations were each performed in the 10 ml MSBR and 7 L STR, 
under oxygen-rich conditions of N = 5500 rpm and Q = 1 VVM aeration rate, and N = 
800 rpm and Q = 1 VVM respectively. In the 10 ml MSBR, two cultivations were 
performed under oxygen-limited conditions of N = 3500 rpm and Q = 0.5 VVM. A 
single cultivation was performed in the 7 L STR under oxygen-limited conditions of N 
= 500 rpm and Q = 0.5 VVM.
Prior to inoculation of each bioreactor, 500 ml of medium in a 2 L shake flask was 
inoculated with a single defrosted vial of E. coli DH5a pSVJL After overnight rotary- 
shaken incubation (37 °C, 200 rpm), the 7 L STR was inoculated by adding the entire 
500 ml inoculum (9%) to 5 L of sterilised growth medium already in the bioreactor. 
The 10 ml MSBR was inoculated by adding 0.6 ml of the seed culture to 6.4 ml of 
sterile growth medium (8 .6 %) already in the miniature bioreactor. pH was controlled at 
7.0 in the 7 L STR by the automatic addition of 3 M NaOH and 3 M H3PO4 and 
foaming was controlled by the automatic addition of PPG. In the 10 ml MSBR, pH was 
controlled by manual additions of 1 M NaOH and 1 M H3PO4 and foaming was 
controlled by manual addition of PPG, syringed through a port in the headplate in the 
vessel. In both bioreactors, internal temperature was controlled at 37 °C for the duration 
of the cultivations.
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2.6.4 Analytical methods
During the cultivations, biomass was recorded off-line by spectrophotometry at 600 nm 
(Ultraspec 4000, Pharmacia Biotech, UK), in conjunction with a previously prepared 
calibration curve, obtained during a 7 L STR plasmid fermentation and shown in Figure 
2.4. The dry cell weight of samples for this calibration curve was determined by 
overnight drying of washed and resuspended 2 ml samples in previously dried 
Eppendorf tubes (conventional dry oven at 70 °C for a minimum of 14 hours).
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Figure 2.4: Calibration curve of Biomass vs OD600 for the E. coli plasmid DNA
cultivation process. Data was obtained from the 7 L STR used to cultivate the organism 
in this study.
It is possible to calculate the maximum specific growth rate (pmax) by considering the 
equation for bacterial growth, shown in equation 2.13, where X = biomass, Xn = 
biomass at time t, p = specific growth rate and t = time.
X = XoeMt 2.13
67 J.I. Betts 2006
This equation can be linearised to give an equation of the form Y = mX + C, the 
equation of a straight line: lnX = pt + lnXD. When plotted, the axes X and Y will be t 
and lnX respectively, allowing the gradient p max to be calculated.
Plasmid yield was determined using the Qiagen Miniprep assay (Qiagen Ltd., Crawley, 
West Sussex, UK), with the eluted DNA quantified by spectrophotometric analysis at 
260 nm. For the Qiagen Miniprep plasmid DNA extraction process, 1 ml process 
samples were placed into 1.5 ml eppendorf tubes and spun down for 5 minutes at 13000 
rpm on a bench top microcentrifuge (Eppendorf Centrifuge 5415R) and the pellets were 
resuspended in 1ml RO water. The spin stage was then repeated and the cells were 
resuspended in 250 pi phosphate buffer containing RNase, from the Qiagen Miniprep 
plasmid purification kit.
250 pi lysis buffer was added to each sample and mixed via inversion to shear the cells. 
Following this step, 350 pi precipitation buffer was added to each sample to remove 
most of the cell debris from the lysates. This precipitated material was then removed by 
spinning the tubes for 10 minutes at 13000rpm. The supernatant from each tube was 
pipetted into Qiagen Miniprep columns, which were then centrifuged at 13000 rpm for 
1 minute. After discarding the flow-through, the columns were treated with 0.75 ml 
binding buffer, after which they were once more spun for 1 minute at 13000 rpm, with 
the flow-through again discarded. They then underwent a final spin for 1 further 
minute. Plasmid DNA was eluted from each column via addition of 50 pi buffer and 
centrifuged at 13000 rpm for an additional 1 minute.
The eluted plasmid DNA from each sample was quantified using A260 analysis. Each 
sample was diluted to 1 ml with TE buffer, and the diluted samples were placed in 
quartz cuvettes (pre-soaked in 1 M HC1 for 30 minutes and then rinsed thoroughly with 
RO water to remove any remaining DNA), with the absorbance measured at a 
wavelength of 260 nm. Triplicate assays were performed and the DNA concentration in 
each sample was calculated using the equation [DNA] = A260 x 50 x Dilution Factor. 
The dilution factor referred to the volume of process liquid used in the 1 ml sample used 
at the start of the Qiagen extraction process, and was 10 for 10 ml MSBR samples (as 
only 100 pi broth was used per sample) and 1 for the 7 L STR (as a full 1 ml broth
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sample was able to be taken and used in conjunction with this bioreactor, due to its 
larger working volume).
2.7 Escherichia coli Fab’ cultivations
2.7.1 Organism
Escherichia coli strain W3110, containing plasmid pTTODA33 IGS2 producing A33 
Fab’ was used in this study. This organism was obtained from UCB Celltech (Slough, 
Berkshire, UK), and was a lactose-inducible antibody fragment producer.
Working seed stocks were prepared by inoculating a shake flask containing PY medium 
with a UCB Celltech master cell bank seed vial. This was harvested mid-exponential 
phase and mixed with 80 % glycerol (w/w), with 1 ml aliquots frozen at -  80 °C.
2.7.2 E. coli Fab’ fermentation medium
The organism was initially cultivated from seed using PY medium, which consisted of 
the following components (in g L '1): Phytone, 16; Yeast extract, 10; Sodium chloride, 5. 
This medium was made up using RO water and autoclaved. Tetracycline was sterile 
filtered and added to the medium at a concentration of 1 0  pg ml’1.
The second medium used to cultivate the inoculum was 75 % SM6 F medium and 
contained the following components (in g L’1): (NH4)2S 0 4, 3.9; NaH2P 0 4 .H20 , 2.895; 
KC1, 3.019; M gS04 .7H20 , 0.78; Citric acid, 3.12; Glycerol, 84; CaCl2.2H20 , 0.188; 
PPG, 0.25. A trace element solution was formulated containing (in g L’1): Citric acid, 
104; CaCl2.2H20 , 5.22; ZnS04 .7H20 , 2.06; M nS04 .4H20 , 2.72; CuS04 .5H20 , 0.81; 
CoS04 .7H20 , 0.42; FeCl3.6H20 , 10.06; H3BO3, 0.03; Na2M o0 4 .2H20 , 0.02; and 7.5 ml 
L ' 1 medium was added. The medium was adjusted to pH 7.0 with 50% NH3 solution 
prior to autoclaving. After the medium had cooled, sterile filtered tetracycline was 
added at a concentration of 1 0  pg ml'1.
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The growth medium used in the bioreactors was the same SM6F medium as used in the 
pre-inoculation stage, detailed above.
2.7.3 Bioreactors and operating conditions
E. coli cultivations producing Fab’ were carried out in the 7 L STR, 25 ml MSBR, 
MBCR, 24-well MTPs and the 1 L and 2 L shake flasks. A single cultivation was 
performed at 7 L scale, under conditions of N = 800 rpm and Q = 1 VVM, and with 
DOT maintained by increasing the impeller speed under cascade control. The organism 
was cultivated in the 25 ml MBSR four times; once at N = 3500 rpm and three times at 
N = 4500rpm, with all cultivations aerated at 1 VVM. The organism was cultivated 
once in the MBCR, with column volume of 3 ml. The round-bottomed MTP was 
operated at 3 ml and 2 ml fill volumes, with agitation rate 750 rpm; the square-bottomed 
plate was operated at 2 ml fill volume, with agitation of 1250 rpm. Two shake flask 
cultivations were performed, with the 1 L shake flask orbitally-shaken at 250 rpm with 
50 ml fill volume, and the 2 L baffled flask orbitally-shaken at 400 rpm and with a fill 
volume of 75 ml.
Although there were differences in the specific methods used in conjunction with the 
different bioreactors, the same overall procedure was followed to cultivate this species. 
At the start of each cultivation, two working seed vials were defrosted and used to 
inoculate a pair of 1 L baffled shake flasks, each filled with 200 ml PY medium. These 
were then cultivated at 30 °C in an orbitally-shaking incubator at 200 rpm until the 
OD600 reached 1.0 -  1.5. At this point, 50 ml from each PY medium shake flask was 
used to inoculate a pair of 2 L baffled shake flasks, each containing 450 ml SM6F 
defined medium. These flasks were also incubated at 30 °C in an orbitally-shaking 
incubator at 200 rpm until the OD^o was 3 - 4  (which usually took between 1 8 - 2 2  
hours). Once the second shake flask stage reached the required optical density, the 
bioreactor being investigated was inoculated with a volume of seed medium equal to 
10 % of bioreactor working volume.
Cultivations in all bioreactors were initially operated at a temperature of 30 °C. The 
maintenance of pH 7.0 was controlled automatically in the 7 L STR, and manually in all
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other bioreactors through additions of 20 % concentrated H 2 S O 4  and 25 % or 50 % 
ammonia solutions in the shake flask and other miniature systems respectively. 
Foaming was controlled automatically in the 7 L STR and manually in the other 
bioreactors, with PPG being used in all cultivations. Cell growth was followed by 
OD6oo> and glycerol and acetate concentrations were monitored by HPLC analysis.
When the cultivations reached an OD600 of 28.5 -  31.5, 12.52 ml L '1 1M MgS0 4 .7 H2 0  
was added and the culture temperature was decreased to 25 °C. When cultivations 
reached OD600 40.5 -  43.5, they were induced to produce Fab’ by the addition of 
40 g L’1 50% w/v lactose solution. Lactose concentration in the culture was obtained by 
HPLC analysis of samples and further regular additions of 50% w/v lactose solution 
were made to try and control the concentration of this inducer between 20 -  50 g L '1 
post-induction.
2.7.4 Analytical methods
During all cultivations, cell growth was followed offline by spectrophotometry at 600 
nm (Hitachi U-1800 Spectrophotometer, Hitachi, Wokingham, Berkshire, UK). The 
calibration curve can be seen in Figure 2.5.
A HPLC ion exchange column (Aminex HPX-87H 30 cm at 60 °C) was used to 
determine glycerol, acetate and lactose levels in each culture in conjunction with a 
Dionex Summit HPLC system containing both UV and RI detectors (Dionex UK, 
Camberley, Surrey, UK) and using a mobile phase of 5 % H 2 S O 4  operated at a flow-rate 
of 0.6 ml m in 1. Absorbance was detected at 215 nm and concentrations were 
determined from calibration curves of each analyte.
Regular samples were taken post-induction from all bioreactors and prepared identically 
prior to HPLC analysis. Samples were sonicated in 6 x 10 second bursts (Soniprep 150, 
MSE Scientific Instruments, Crawley, West Sussex, UK) in order to release the 
periplasmically-held Fab’. The lysed samples were then spun down in an Eppendorf 
5415R microfuge with F45-24-11 rotor (Eppendorf UK Ltd., Cambridge, UK) at 13000 
rpm for 30 minutes before the supernatant was 0.2 pm filtered.
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Figure 2.5: Calibration curve of Biomass vs OD600 for the E. coli Fab’ cultivation 
process. The trend line highlights the linear range, beyond which further increases in 
optical density were not reflected by increased biomass. Data was obtained from a 20 L 
STR cultivation performed in the Department of Biochemical Engineering, UCL.
Fab’ was quantified using an Agilent 1100 series HPLC system (Agilent Technologies 
UK Ltd., Stockport, Cheshire, UK) in conjunction with a HiTrap Protein G 1 ml HP 
affinity column (Amersham Biosciences, Little Chalfont, Bucks., UK) operated with a 
flow rate of 3 ml min'1. Fab’ was bound to the matrix in the presence of 20 mM 
phosphate buffer mobile phase formulated to pH 7.4. The antibody fragment was eluted 
using 20 mM phosphate buffer adjusted to pH 2.5, and was detected at 220 nm. Both 
phosphate buffers were initially prepared by dissolving 2.84 g L 1 di-sodium hydrogen 
phosphate anhydrous in ultra pure water. The pH of each buffer was then adjusted with 
85 % phosphoric acid or 1 M NaOH as required to pH 2.50 and pH 7.40 respectively. 
20 % ethanol in ultra pure water was used to clean the column after use.
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2.8 Saccharopolyspora erythraea erythromycin cultivations
2.8.1 Organism
The Saccharopolyspora erythraea industrial strain CA340 producing erythromycin 
used in this study was supplied by Abbott Laboratories. Working seeds were prepared 
by adding 30 % glycerol solution to a late-exponential phase culture of S. erythraea and 
dispensing the mixed solution into 1 ml aliquots, which were labelled and frozen at 
-80 °C.
2.8.2 S. erythraea growth medium
This organism was cultivated from frozen seed stock in Nutrient Broth (13 g L 1). The 
second seed medium used to cultivate this organism was Soluble Complex Medium 
(SCM) containing the following components (in g L '1): glucose, 30; yeast extract, 6 ; 
bacto-peptone, 4; glycine, 2; M g S 0 4 . 7 H 2 0 ,  0.5; K H 2 P O 4 ,  0.68. The final bioreactor 
medium was SCM with the addition of 0.5 g L ' 1 PPG 2025 used for all cultivations.
2.8.3 Bioreactors and operating conditions
S. erythraea cultivations producing erythromycin were carried out in the 7 L and 25 ml 
MSBRs, the MBCR, the 24-well MTP and the 1 L shake flask. All cultivations used the 
same procedure, based on the method described by Elmahdi et a l  (2003), and were 
controlled at 28 °C throughout the process. The cultivation was performed twice at 7 L 
scale, with identical running conditions of N = 500 rpm and Q = 0.5 VVM. Six 
cultivations were carried out in the 25 ml MSBR. Aeration was kept constant at Q = 0.5 
VVM for all; however, the agitation rate was varied, with impeller speeds of 1 x 1700 
rpm, 2 x 2300 rpm, 2 x 270 rpm and 1 x 3500 rpm.
The organism was cultivated in the MTP three times, with all cultures shaken at 750 
rpm. However, fill volume was varied, with two cultures at 3 ml and one at 2 ml. The 
MBCR was used once to grow this organism, with each column filled to 3 ml. The 1 L
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shake flask was operated twice, with a volume of 1 0 0  ml and shaken at 2 0 0  rpm for 
both cultivations.
The organism was initially cultivated by defrosting two seed stocks and using one each 
to inoculate two autoclaved plastic 250 ml baffled shake flasks containing 50 ml 
Nutrient Broth. These were grown in a shaken incubator cabinet for 48 hours at 28 °C 
with 200 rpm agitation (Kuhner ISF-l-W, Kuhner AG, Birsfelden, Switzerland). Each 
50 ml culture was then transferred to a 2 L autoclaved baffled shake flask containing 
450 ml SCM (minus PPG), and these were incubated in the same cabinet at 28 °C with 
200 rpm agitation. After 30 hours, each culture was sampled and analysed 
microscopically for evidence of contamination (Leica DM LA, Leica Microsystems 
Ltd., Milton Keynes, UK). PPG was added to each bioreactor at a concentration of 0.5 
g L '1.
The bioreactors used to cultivate this organism were inoculated with a volume of 
inoculum equal to 10 % of each bioreactor’s working volume. pH 7.0 was controlled 
automatically in the 7 L STR and manually in all of the miniature bioreactors through 
additions of 3 M H 3 P O 4  and 3 M N a O H  at 7 L scale, and 1 M H 3 P O 4  and 1 M N a O H  at 
miniature scale. Because the sample size required for accurate DCW determination was 
considerably greater than that required for optical density analysis, the MTP and MBCR 
were sampled on a partially-sacrificial basis.
2.8.4 S. erythraea cultivation analytical methods
Cell growth was determined by DCW and was assayed in all miniature bioreactors by 
vacuum filtering a 1 ml broth sample (0.22 pm glass fibre filter papers, Whatman, 
Brentford, Middlesex, UK), drying the membranes overnight at 80°C and weighing 
each filter to determine biomass. At 7 L scale, 10 ml broth was used for each biomass 
assay.
Glucose depletion was followed by HPLC analysis as described in section 2.7.4. 
Erythromycin concentration was determined by HPLC using a PL 5u C l 8  ODS 15 cm 
column at 60 °C (Polymer Laboratories Ltd., Church Stretton, Shropshire, UK). Mobile
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phase was composed of 55 % 10 mM potassium phosphate at pH 7 and 45 % 
acetonitrile, run with a flow rate of 1 ml min'1. Erythromycin A was detected at 215 nm 
and quantified by comparing peak area with standards of known concentration. At 7 L 
scale, prior to HPLC analysis, erythromycin was concentrated according to the method 
of Heydarian (1998) using C l8  Bond Elut cartridges (Varian Ltd., Oxford, UK) to 
capture the erythromycin, which was then eluted in 1 M methanol, at 10 % of the 
original volume. In the miniature bioreactors, samples were not concentrated prior to 
HPLC analysis.
Cellular morphology was observed by thermally-fixing diluted culture samples onto 
glass slides, staining with methyl blue and examining via a microscope using a lOOx oil 
lens (Leica Microsystems Ltd., Milton Keynes, UK). Image analysis allowed turbulent 
disruption of cultures to be quantified through manual counting of hyphal lengths in 
500x diluted samples using the same microscope and lens. The technique involved 
moving methodically in one direction through a thermally-fixed and stained sample and 
measuring the average hyphal length of the fragments that were visualised through the 
video camera mounted on top of the microscope. This method was an attempt to 
minimise bias as there was no selective measurement; all hyphae observed were counted 
and used to obtain average hyphal length data.
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Chapter 3: Engineering characterisation of the bioreactors 
used in this study
This chapter details the engineering characterisation of the 10 ml MSBR and 25 ml 
MSBR in terms of power input, mixing time and overall volumetric mass transfer 
coefficient in comparison to a 7 L STR.
3.1 Power input
3.1.1 Ungassed power consumption
Figure 3.1 details the power consumption in the empty vessel and with the vessel filled 
to working volume with water, for the 10 ml and 25 ml MSBRs. It can be seen that, for 
both vessels, there was a small but consistent difference in power consumption between 
the measurements in the empty vessel and when filled with water, with the mechanical 
power consumption higher for the 25 ml MSBR as a function of impeller speed than for 
the 10 ml MSBR. The maximum liquid power consumption was 0.799 W in the 25 ml 
MSBR and 0.452 W in the 10 ml MSBR when both were agitated at N = 7000 rpm. 
This was not surprising as one would have expected power consumption to be 
proportional to vessel volume. When filled with water, the reason for this difference in 
gross power consumption between the two miniature bioreactors was obvious. When 
the vessels were empty, the difference was caused by the fact that the impellers were 
larger in the 25 ml MSBR, and therefore required more energy to rotate.
The maximum electrical power consumption able to be measured by the equipment 
used to record the power drawn by the miniature bioreactors was insufficient to permit 
ungassed power measurement in the 7 L STR. As a result, ungassed power in the 7 L 
vessel was estimated using the method described in section 2 .3 .
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Figure 3.1: Direct mechanical power measurement as a function of agitation rate in A) 
10 ml MSBR containing liquid ■, air □, and net power •; and B) 25 ml MSBR 
containing liquid A, air A, and net power o, with both plotted on logarithmic axes. Net 
power was calculated as liquid power consumption minus air power. Trend lines have 
been added to the net power data for both reactors.
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This method relied on the assumption that the true power drawn in order to move the 
impeller blades through the liquid was equal to the gross power consumed less the 
power consumed to move the blades through air. The use of this method to measure 
power consumption in the miniature bioreactors was supported by the fact that Puskeiler 
et al. (2005) recently used the same method for measuring the power consumed in a 
7.5 L bioreactor, calculating the power dissipated in the medium as the power drawn by 
the impellers when the vessel was filled with medium minus the power drawn when the 
vessel was empty. Furthermore, Biichs et al. (2000a) used a similar method in order to 
measure the power consumption in shake flasks, with agar-filled and water-filled shake 
flasks simulating the empty and filled loads respectively. In that study, the authors 
comment that direct measurement of electrical power input gave inaccurate results due 
to different loads orbital shaker causing the efficiency of the motor to vary. However, 
Figure 3.1 indicates an absence of this problem in the present study, as the power 
consumption measured in both vessels as a function of impeller speed is largely of the 
form of a straight line when plotted on logarithmic axes. This relationship is expected 
because power is related to impeller speed cubed (recall PUG = N p ■ p  ■ N y ■ d *); 
therefore, if the mounting load on the impeller due to increased agitation caused a 
significant deviation in the motor efficiency, one would expect the data to deviate from 
a straight line when plotted on log-log axes. The fact that the data follows a straight 
line (albeit with some minor deviation, understandable when measuring such small 
power consumptions) indicates that the efficiency of the motor was constant throughout 
the measurements and therefore that the power consumption data obtained from this 
method is accurate.
Due to the sensitivity of this method, it can be applied to miniature bioreactors even 
smaller than the 25 ml MSBR. This represents an important tool in the effort to 
characterise miniature bioreactors of ever decreasing volume in terms of their specific 
power input. Although the MTP, shake flask and MBCR were not characterised in this 
study, the method used by Biichs et al. (2000b) could be directly transferred to the 
shake flasks in order to measure power in that system. Furthermore, Lowman at UCL 
(personal correspondence) has worked to adapt this method to measure direct power 
consumption in MTPs.
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3.1.2 Determination of power number
The direct measurement of ungassed power enabled the power number (Np0) to be 
calculated in the 10 ml and 25 ml MSBRs as a function of Reynolds’ number (N rc), as 
described by equation 2.3 (section 2.3), shown in Figure 3.2. In the 10 ml MSBR, 
impeller speed was the only parameter altered to vary N rc; consequently this meant that 
no power numbers lower than Nrc = 1300 (corresponding to N = 1600 rpm) were able to 
be calculated, due to this being the lower limit of the motor capacity. Np0 was measured 
at 10 ml scale for impeller speeds from 1600 rpm through to 7000 rpm. It can be seen 
that the 10 ml MSBR calculations at N = 1600 rpm and N = 2000 rpm gave significantly 
lower power numbers than the other agitation rates used. This was because the power- 
measuring equipment was at the limit of its sensitivity at such low impeller speeds. The 
power numbers obtained above N = 2000 rpm were notably more consistent and were 
used to calculate an average power number of 0.7 per impeller for the 10 ml bioreactor.
For power number determination in the 25 ml MSBR, in an attempt to overcome the 
lower limit of resolution and generate a wider range of Np0 data (while still maintaining 
a sufficiently large power usage to permit accurate measurement), the viscosity of the 
liquid medium was increased in order to lower N rc. This was achieved by formulating 
glycerol-water solutions of steadily increasing glycerol proportions. At 23.5 °C (the 
temperature at which this experiment was performed), the viscosity of glycerol is 1.09 
Nm s’1, and that of water 0.001 Nm s’1. Because the viscosity of a solution is equal to 
the sum of the viscosity of each constituent liquid species multiplied by the proportion 
of that constituent part, the viscosity of a series of glycerol-water solutions from 0.05 % 
v/v glycerol to 100 % v/v glycerol was able to be estimated. The power input to the 25 
ml MSBR was measured using each glycerol-water solution at a series of impeller 
speeds from 1200 rpm to 7000 rpm, allowing power numbers corresponding to 
Reynolds’ numbers of 2 - 8429 to be calculated. The power number was constant in the 
25 ml MSBR from NRe = 20 to Nrc = 8400, giving an average value of 1.0 per impeller. 
This value was used in subsequent power determination calculations. Below Reynolds’ 
numbers of 20, the apparent power number increased steadily, up to a value of 5.6 at 
Nrc = 2. This was in keeping with well known power number correlations for different 
radial impellers, which describe how power number often decreases steadily as N rc
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number increases until turbulent conditions (defined as Nrc > 1 0  0 0 0 ) are encountered, 
from which point onwards it remains constant.
In the 7 L STR, the vessel manufacturer stated that the power number per six-bladed 
Rushton turbine impeller was 5.0. This was assumed to be constant over the range of 
impeller speeds, as for all impeller speeds above 1 0 0  rpm N r c  was greater than the 1 0 4  
value defined to give turbulent conditions and a constant impeller power number.
It became apparent during these power measurement experiments that neither of the 
miniature bioreactors achieved a turbulent fluid state, as defined by Reynolds. For 
example, at N = 7000 rpm, the highest agitation rate investigated in either MSBR, Nrc 
was 8429 and 5717 in the 25 ml MSBR and 10 ml MSBR respectively. However, 
visual analysis of the fluid (made possible due to the deliberately transparent nature of 
each miniature bioreactor) showed that the mixing observable in each system at N = 
7000 rpm appeared to be at least equal to that in the 7 L STR agitated at N = 1100 rpm 
(when the NRe in this larger STR was calculated at 75677 -  defined as extremely 
turbulent).
This could be interpreted as an apparent break-down of the definition of Reynolds’ 
number when employed at miniature scale (at least in its definition of turbulent flow); 
NRe < 1 0 0 0 0  are supposed to describe mixed laminar-turbulent liquid flow, yet in both 
miniature bioreactors at N = 7000 rpm there was no laminar flow evident. One reason 
for this apparent discrepancy could be the fact that Reynolds’ number is partly a 
function of the impeller diameter squared. Because this dimension is measured in 
metres, it is easy to understand the diminishing effect on Nrc when using bioreactors 
with impellers a few millimetres in diameter.
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Figure 3.2: Directly-measured power number as a function of Reynolds’ number in A) 
10 ml MSBR containing water ■; and B) 25 ml MSBR containing water A and a series 
of water-glycerol solutions A (containing from 0 - 100 % glycerol, with the values 
moving left along the x axis as the glycerol concentration increased).
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Junker (2004) when discussing scale-up methodologies, stated that Reynolds’ number 
generally increases when moving from smaller to larger vessels. This corroborates the 
calculations made in this study, which show how Reynolds’ number decreased with 
scale for a set range of specific power inputs. This has clear implications for anyone 
wishing to scale down to millilitre scale, or especially sub-millilitre scale on the basis of 
equal Nrc with the aim of maintaining equivalent fluid dynamic conditions: it is not 
possible.
The impeller power numbers in both of the MSBRs were significantly lower than the 
range of values usually given for paddle impellers (Dr.Tom Post 2005). Furthermore, 
Lamping et al. (2003) used CFD to predict a power number of 4.0 per impeller for the 
10 ml MSBR used in this study. This is a major difference from the power number 
estimated from direct power consumption measurements made in this study; however, 
there are several reasons that support a lower value at this scale. The geometric 
parameters identified as likely causes for the difference in power numbers upon scale 
down are shown in table 3.1. Moreover, the findings of the present study are not 
without precedent; Bujalski et al. (1987) reported that impeller power numbers 
decreased concomitant with vessel diameter when using Rushton turbines in a variety of 
STRs, and suggested that this trend should be valid for all agitator types.
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Table 3.1: Key geometric parameters likely to influence power number in the 10 ml 
MSBR, 25 ml MSBR and 7 L STR.
Parameter Units 7 L STR 10 ml MSBR 25 ml MSBR
Power number per 
impeller
- 5.5 0.7 1.0
Ratio o f  im peller diameter 
to tank diameter
- 0.39 0.44 0.37
Ratio o f  im peller blade 
width to im peller diameter
- 0.027 0.114 0 .106
Ratio o f  im peller depth to 
im peller diameter
- 0 .199 0.143 0.235
Ratio o f  im peller spacing  
to im peller diameter
- 1.738 1.071 1.176
V olum e required to 
contain each impeller
-3m 3.86  x 10'5 3.85 x 10'8 1.13 x 1 0 7
Total im peller  
volum e/displacem ent -3m 4.13  x 10-* 1.57 x 1 O'8 4 .26  x 10'8
V olum e o f  liquid to move  
(total volum e minus actual 
im peller)
-3m 3.45 x 10‘5 2.28 x 10'8 7 .09  x 10 8
Im peller displacem ent 
relative to total volum e  
contained within impeller %
10.7 40 .7 37.5
Volum e o f  liquid m oved  
relative to volum e o f  total 
im peller containment
% 89.3 59.3 62.5
Volum e o f  liquid to move  
within the im peller blades 
relative to total working  
vesse l volum e
% 0.63 0.33 0.39
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The ratio of blade thickness to impeller diameter was 0.114 in the 10 ml MSBR and 
0.106 in the 25 ml MSBR and yet was only 0.027 in the 7 L vessel. This meant that 
each impeller inside the 7 L STR contained a far greater volume of liquid within its 
“footprint” than either impeller in the 10 ml or 25 ml miniature bioreactors and resulted 
in the 7 L impeller having to displace more liquid relative to vessel volume upon 
rotation than the relatively thicker impellers found on both MSBRs, so increasing the 
power consumption of the larger vessel.
Similarly, the ratio of impeller blade depth to impeller diameter was 0.14 in the 10ml 
MSBR, 0.24 in the 25 ml MSBR and 0.2 in the 7 L vessel. Mununga et al. (2003) 
reported that increasing normalized impeller depth increased impeller power number. 
The rationale behind this is that having a thicker and shallower impeller blade relative to 
the impeller diameter reduces the volume of liquid between the blades of each impeller, 
and therefore reduces the work required to move the impeller blades through that 
volume of liquid. Therefore, this could explain not only why the 10 ml MSBR had a 
lower impeller power number than the 7 L STR, but also why the 10 ml MSBR power 
number was slightly lower than the 25 ml MSBR power number.
As a consequence of the impeller geometry, the impeller displacement relative to the 
total volume contained within the impellers in the 10 ml and 25 ml MSBRs was 40.7 % 
and 37.5 % respectively, whereas in the 7 L STR this value was 10.7 % - almost four 
times lower. Furthermore, the total liquid volume each impeller had to move relative to 
the vessel working volume was twice as much in the 7 L STR as in either of the 
MSBRs. This reinforces the fact that the impellers in the 7 L STR had to rotate through 
more liquid relative to their size, requiring more work to be done, than the impellers in 
either of the miniature bioreactors.
The impeller spacing was greater than one impeller diameter for all three bioreactors: 
but Markopoulos et al. (2004) reported that for two Rushton turbines to act 
independently of each other, they had to be spaced greater than 1.65 impeller diameters 
apart, with power number decreasing as the distance between the impellers decreased. 
The impellers in the 10 ml and 25 ml MSBRs were spaced 1.07 and 1.18 impeller 
diameters apart respectively, so it could be expected that they would not operate 
independently, and, as such, would have a power number lower than if they were spaced
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greater than 1.65 impeller diameters apart. This is in contrast to the 7 L STR, which 
had an impeller spacing of 1.74 impeller diameters. Moreover, Hudcova et a l (1989) 
reported that the total power number of a dual-disk turbine system increased as the 
impeller spacing increased. All three vessels were baffled, which the same authors 
reported had to be the case for this effect to occur; in unbaffled vessels, they reported no 
influence of impeller spacing on power number.
3.1.3 Determination of gassed power consumption
Gassed power had to be estimated in all three bioreactors, as it was unfeasible to aerate 
the 10 ml MSBR at the same time as measuring the power input. The design of the 25 
ml MSBR did permit power to be measured during aeration of the vessel; however, in 
order to standardise the scale comparison, gassed power consumption was also 
estimated in this vessel.
It has been well documented that P g  : P u g  decreases as Q is increased, due to 
increasingly large cavity formation behind the bottom impeller blades (Oyama and 
Endoh 1955); however, what happens when N is varied is not frequently described. 
Nevertheless, it has been stated by Shukla et al. (2001) that when N is increased the 
flow regime changes at a critical point to become re-circulating. Bubbles of air are 
dragged into the down-flow region of the agitator, increasing residence time and 
decreasing the total fluid density, thereby causing a continual decrease in gassed power 
consumption. It is also acknowledged that the bottom impeller experiences a far greater 
decrease in power consumption upon aeration than do any of the upper impellers (Cui et 
a l 1996). The bottom impeller has a decreased power requirement due to the bubbles 
from the sparger forming cavities around its blades. The upper impellers have a less 
substantial power decrease upon aeration because they are not brought into direct 
contact with the sparged bubbles; therefore what decrease there is can be ascribed to the 
reduced density of the fluid in the system.
There are many empirical correlations that calculate PG : P u g  (Hughmark 1980, Michel 
and Miller 1962), yet it has also been acknowledged that “the agreement between the 
available equations is absolutely insufficient” (Paglianti et a l 2001). Primarily, these
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differences are caused by bioreactor geometry and impeller configuration. All of the 
dimensions of the bioreactor, such as width, liquid height, shaft diameter, baffle number 
and diameter, gap between baffle and wall of vessel, number of impellers, impeller 
diameter, impeller type, sparger design and sparger location have an impact on the way 
gassed power is related to ungassed power; therefore, the fewer geometric 
measurements that are used, the less transferable is each correlation between dissimilar 
vessels.
In this regard, of the many empirical correlations available to estimate gassed power 
consumption, Hughmark’s (1980) was chosen as it was devised using a large number of 
data sets, 391 in total, from a wide variety of vessel geometries and conformations -  an 
important fact given the disparate nature and scale of the three vessels. Furthermore, 
the average absolute deviation between experimental and calculated values was found to 
be only 12% using this correlation. However, Hughmark’s work only dealt with single­
impeller systems; therefore it was necessary to find an additional method in order to 
estimate the power decrease in the upper impeller(s) in the three bioreactors. The 
reason for this was that the bottom impeller experiences more of a power loss upon 
aeration than the upper impellers, due to most of the sparged bubbles being caught up in 
that impeller. Since the upper impellers have less of a power loss upon aeration, the 
total gassed power input in a multiple-impeller system does not equal the total ungassed 
power input multiplied by the ratio of Pg:Pug derived from Hughmark’s equation: doing 
this would have underestimated the power consumption in all three of the multiple- 
impeller bioreactors characterised in this study. Gogate et al. (2000) support the choice 
made in this study to model the bottom impeller of the multiple-impeller systems as if 
they were from a single impeller system, and to use correlations developed in single 
impeller systems, such as Hughmark’s (1980) and Michel-Miller’s (1962), to estimate 
gassed power usage.
In the study by Warmoeskerken and Smith (1988), the percentage increase in gassed 
power drawn by each of the upper impellers relative to the bottom impeller in a 
multiple-impeller bioreactor was calculated over a wide range of agitation rates. They 
determined that the relative increase in the upper impeller power consumption increased 
as the ratio of gassed to ungassed power in the bottom impeller decreased. Figure 3.3A 
summarises the ratio of P g  to P u g  in  their system, and shows how this ratio decreased at
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different rates for the different impellers in the system, with the bottom impeller 
decreasing significantly more rapidly than the upper impellers, as a function of flow 
number ( N f i  =  Q / [ N . D j 3] ) .  Figure 3.3B relates this increasingly large divergence as 
flow number increases by quantifying the extra power drawn by each upper impeller, as 
a function of the ratio of P g  to P u g  in the bottom impeller. Using this relationship, the 
power drawn under aeration by the upper two impellers in the 10 ml and 25 ml MSBRs, 
and the upper impeller in the twin-turbine 7 L STR, could therefore be quantitatively 
estimated as a percentage of that drawn by the bottom impeller, itself calculated using 
Hughmark’s equation.
The report by Warmoeskerken and Smith (1988) indicates that aeration and not 
agitation was altered in order to vary flow number: they increased N r  by increasing Q ,  
which decreased the ratio of Pg to Pug (with N  kept constant). However, in the present 
study N r  was decreased by keeping Q  constant and increasing N .  Despite this 
difference, the effect of altering the ratio by varying agitation was assumed to act in a 
similar way to altering the ratio by varying aeration. Therefore, the differences in 
power usage between the bottom and upper impellers determined in the Warmoeskerken 
and Smith report were reasoned to be applicable to the present study.
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Figure 3.4 shows the gassed power input estimated in the 10 ml MSBR and 25 ml 
MSBR as a function of impeller speed, based on the directly measured ungassed power, 
which is also shown as a function of impeller speed. Also included in Figure 3.4 is the 
estimated ratio of Pg to Pug as a function of impeller speed for each miniature 
bioreactor, along with directly measured P g  : P u g  values from the 25 ml MSBR. Figure 
3.5 shows the estimated specific gassed and specific ungassed power inputs for the 7 L 
STR, along with the estimated Pg to Pug ratio, all as a function of impeller speed. For 
the 7 L STR, the overall Pg to Pug ratio obtained via Hughmark (1980) and 
Warmoeskerken and Smith (1988) was applied to the estimated Pug to get a fully 
estimated P g .
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power to ungassed power as a function of impeller speed in the A) 10 ml MSBR (■, □ 
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directly measured ratio of gassed to ungassed power consumption in the 25 ml MSBR).
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Figure 3.5: Predicted specific ungassed power •  and specific gassed power o, and the 
ratio of gassed power to ungassed power 0 in the 7 L STR as a function of impeller 
speed.
Although all three bioreactors displayed a similar relationship between specific power 
input and the ratio of gassed to ungassed power, there were significant differences 
between them. The 25 ml MSBR reached a maximum specific gassed power input of 
1706 W m 3, 42 % greater than the value of the 10 ml MSBR at the same agitation rate. 
This was to be expected: the 25 ml MSBR had larger impellers than the 10 ml MSBR, 
which consumed more power for a given rotational velocity, relative to vessel volume. 
The maximum specific gassed power input of the 7 L STR at 1100 rpm was only 2 % 
lower than the maximum in the 25 ml MSBR. This should not be treated as being as 
significant as the difference in specific power input between the two MSBRs when 
operated at the same impeller speed because the 7 L STR and 25 ml MSBR had 
different maximum impeller speeds. Although the actual power inputs for the three 
vessels were vastly different, characterising the bioreactors as a function of specific 
power inputs helped to overcome the disparate size and configurations of the three 
vessels.
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The ratio of Pg to Pug in the 25 ml MSBR using directly measured gassed power 
consumption initially correlated well with the estimated data; however, at higher 
agitation rates, the directly measured values indicated a higher degree of power loss 
upon aeration than was predicted using the Hughmark (1980) and Warmoeskerken and 
Smith (1988) data. This difference was most likely due to difficulties in measuring the 
gassed power accurately in the 25 ml MSBR, and does not indicate the unsuitability of 
the method chosen to accurately estimate gassed power consumption.
3.2 Mixing time
It was essential to demonstrate that mixing was adequate in the miniature bioreactors in 
order to be able to confidently anticipate homogeneous conditions during cell 
cultivations -  a key requirement of a successful bioreactor design, e.g. for rapid 
distribution of acid/base additions (Amanullah et al. 2001). Mixing time was 
determined in all three bioreactors using the pH tracer method as described in section 
2.4, and was expressed in each vessel as a function of specific ungassed power input.
Figure 3.6A demonstrates 0m to be inversely proportional to ungassed specific power 
input in all three vessels over a wide range of operating conditions, as reported by other 
researchers including Micheletti et a l (2003). It is clear that both miniature bioreactors 
had a more rapid mixing time than the 7 L STR at equal Pug/V. This is in keeping with 
other data published, which show that mixing time is proportional to vessel diameter 
(Nere et al. 2003), for example, Junker (2004) stated that if cultivations are scaled up on 
the basis of equal specific power input, they have increasing mixing time with scale, i.e. 
scaling down on the basis of equal specific power input means that mixing time will 
decrease.
This reported trend is also confirmed between the miniature bioreactors, with the 10 ml 
MSBR having faster mixing times than the 25 ml MSBR at equal specific ungassed 
power input. The minimum mixing time in the 10 ml MSBR was 3.8 s and in the 25 ml 
MSBR was 4.5 s when both were operated at 7000 rpm. By contrast, the 7 L STR had a 
minimum mixing time of 12.5 s for a similar specific ungassed power input.
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Micheletti et al. (2003) reported that because mixing time is inversely proportional to 
impeller speed, the number of impeller revolutions required to achieve mixed 
conditions, expressed as 0mN, can be a useful gauge of mixing efficiency. Furthermore, 
a plot of 0mN as a function of Reynolds’ number can be used to permit effective 
comparison of bioreactors of different dimensions. The results of the mixing time data 
recorded in the present study and plotted in this way can be seen in Figure 3.6B.
The results show that there was a clear difference in the consistency of the number of 
revolutions required to achieve the mixed conditions between the 7 L STR and the two 
MSBRs. The miniature bioreactors both required typically more than twice the number 
of revolutions to achieve mixed conditions. The 7 L STR required between 229 -  270 
revolutions (with standard deviation of 34), whereas the 10 ml MSBR required 443 -  
840 revolutions (standard deviation 128), and the 25 ml MSBR required 450 -  775 
revolutions (standard deviation 125).
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Figure 3.6: A) mixing time as a function of specific ungassed power consumption; and 
B) mixing time multiplied by agitation speed (rpm) as a function of Reynolds’ number. 
Both plots show data obtained from the 10 ml MSBR □, 25 ml MSBR A, and 7 L 
STR o.
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While it may be tempting to conclude that the MSBRs were less efficient mixing 
vessels than the 7 L STR due to the larger number of revolutions required, that was not 
the case: although the MSBRs required more impeller revolutions, they rotated their 
impellers much more quickly (maximum N = 7000 rpm versus N = 1100 rpm in the 7 L 
STR). Therefore they actually had mixing times shorter than the 7 L STR (cf. Figure 
3.6A). In addition, although the impellers had to rotate more quickly in both MSBRs, 
each rotation cost far less in terms of power input. Indeed, when compared as a 
function of specific power input (as in Figure 3.6A), it is clear that far from being 
inferior mixers, the two MSBRs had faster mixing times across the full range of specific 
power inputs tested.
It was known from visual observation of the 25 ml MSBR that compartmentalisation of 
the bioreactor could occur at high impeller speeds. Taken during an E. coli Fab’ 
cultivation in the 25 ml MSBR operated at N = 4500 rpm, the photograph in Figure 3.7 
illustrates these donut-shaped isolated mixing regions around each impeller. The use of 
axial impellers may prevent the formation of such regions, by introducing vertical-flow 
patterns in the bioreactor; however, the mixing time data suggest that this apparent 
compartmentalisation did not in fact prevent the 25 ml MSBR from having superior 
mixing to the established 7 L STR.
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Figure 3.7: Photograph of the 25 ml MSBR during E. coli Fab’ cultivation at N = 4500 
rpm, indicating the apparent presence of three zones of compartmentalisation in the 
bioreactor, the boundaries of which are highlighted by the arrows.
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3.3 Overall volumetric mass transfer coefficient
As described in section 2.5, two methods were used for the determination of kLa in this 
study -  the static gassing out technique and the sulfite oxidation chemical method. The 
static gassing out technique was used in all three bioreactors; however, the sulfite 
oxidation method was used only in the 10 ml MSBR and the 7 L STR.
3.3.1 Static gassing-out technique
Despite being a popular method for the determination of kLa in bioreactors, the static 
gassing out technique suffered from three major drawbacks that had to be taken into 
account in order to calculate correct kLa data: gas dynamics, the probe response time 
and the start time of each experiment.
All dynamic methods can suffer from the fact that the incoming air used to re-oxygenate 
the system can only propagate into the solution at a finite rate, whereas the various 
models that underpin the validity of the method (that describe the stripping out of one 
gas by another in a liquid system) assume ideal, instantaneous absorption of the re- 
oxygenating gas into the liquid phase. The problem is that the dissolved nitrogen 
present in the system from the de-oxygenation step can dilute the incoming oxygen, 
leading to depressed rates of re-oxygenation (along with decreased kLa), and is only 
displaced at a rate proportional to the mean gas residence time (Dang et a l 1977).
This lack of ideal mixing can be a problem when working with salt-containing 
solutions, because the solubility of oxygen is inversely proportional to the ionic strength 
of the liquid into which it is being dissolved. The presence of salts in a test solution 
decreases the rate at which oxygen is dissolved into that solution, resulting in less than 
ideal mixing. Therefore, mixing of the gas phase is more rapid in coalescing systems 
than in non-coalescing systems, meaning that non-coalescing liquids should not be used 
with the static gassing out technique as this leads to incorrect values of kLa, due to non­
ideal mixing of the gas phase in the test system (Linek et al. 1987).
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3.3.1.1 Accounting for probe response time
It is generally accepted that if the DO probe response time is greater than 1/ kLa then 
this has to be taken into account in order to avoid artificially low values of ki a^ (Van't 
Riet 1979, Ruchti et al. 2004). The importance of accounting for the response time is 
described frequently in the literature and several algorithms have been proposed (Tribe 
et al. 1995). Given the response times of the oxygen probes used in this study, it was 
necessary to account for this effect when calculating ki^ a.
The response time of dissolved oxygen probes, defined as the time taken to record a 
stepwise increase in DOT from 0% to 63% (Dunn and Einsele 1975, Van't Riet 1979) 
has in the past been assumed to be constant under all conditions (Lamping et al. 2003). 
The probe response time (tp) was accounted for according to the first order algorithm 
described in section 2.5.1. It was demonstrated that the rate of probe re-oxygenation 
was faster when the probe was moved from a zero oxygen gaseous environment and 
exposed to air, as opposed to fully oxygenated liquid. The effect of agitation on probe 
response time in the liquid phase of the bioreactors was investigated and the results 
shown in Figure 3.8 A.
Figure 3.8 A shows the probe response time measured in all three bioreactors as a 
function of power input and highlights the fact that this was not constant throughout the 
study. Instead, the probe response time can be seen to decrease steadily in each 
bioreactor as a function of specific gassed power input (itself a function of impeller 
speed) until a plateau is reached from PG/V > 2500 W m ' 3 for both miniature bioreactors 
and Pg/V > 5900 W m ' 3 for the 7 L STR, with the difference attributable to the different 
fluid dynamic properties in the vessels. In the 10 ml MSBR, the response time 
decreased by 35 % as the specific power input was increased from 57 to 6 6 8 8  W m' 3 
(corresponding to an increase in impeller speed from 2000 rpm to 7000 rpm). The 
response time of the same probe in the 25 ml MSBR decreased 50 % as specific power 
input increased from 17 to 9482 W m’3 (an increase in impeller speed from N = 500 rpm 
to N = 7000 rpm). The response time of the standard DO electrode in the 7 L STR also 
decreased 50 % as specific power input increased from 8  to 7792 W m ' 3 (an increase in 
impeller speed from 100 rpm to 1100 rpm). Although the specific gassed power ranges
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were not consistent for each bioreactor, the results illustrate how the three vessels all 
had different probe response time characteristics with regards to impeller speed, and 
therefore how important it was to measure tp in each bioreactor for all agitation speeds 
used in the kLa trials.
It is probable that the faster probe response times in all vessels were due to a decrease in 
liquid boundary layer thickness around the probe tips used as a result of the rising 
turbulence of the system with increasing agitation rate. The conclusion of this 
experiment was that the probe response time should be determined under the agitation 
conditions being used for each static gassing out experiment, rather than using a 
constant value for all power inputs, as for all three reactor systems there was a 
significant decrease in response time with increasing P g/V  (i.e. agitation rate).
In Figure 3.8B, the impact of the probe response time on kLa when using the Marquardt 
(1963) algorithm can be seen. The probe response time in the example ^ a  calculation 
denoted on the graph was 1 0  seconds which, when used in conjunction with the 
Marquardt algorithm, gave a kLa value of 0.05 s' 1 (denoted on the graph as -o-). 
However, when an incorrect probe response time of 25 seconds was used with the same 
data, the resulting value for kLa was calculated as being 0.33 s '1, a six-fold increase. 
Clearly this degree of error is sufficient to diminish the value of kLa data calculated 
using the gassing-out technique if the effect of agitation on probe response time is not 
taken into account.
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Figure 3.8: A) Effect of specific gassed power input on probe response time in the 10 
ml MSBR □, 25 ml MSBR A and 7 L STR o. Experiments were carried out with a 
constant aeration rate of 1 VVM in all vessels. B) Effect of selecting an incorrect 
response time on k^a. The kLa calculated with the accurate response time of 10 seconds 
(o) is shown alongside the trace demonstrating how this value is distorted severely as 
error in the response time increases.
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3.3.1.2 Start time of experiment
Further to the effect of response time, the time point from which re-oxygenation is 
measured was also critical to the accuracy of the experimental results, with large errors 
present if this parameter was not tightly controlled.
Each static gassing out experiment was started from the moment air bubbles exited the 
sparger, as opposed to when the sparged gas was switched from nitrogen to air. This 
was because nitrogen was still contained inside the sparger even after the sparger feed 
was switched to air, and had to be released into the system before aeration of system 
could be deemed to have started. Not allowing for this would have resulted in an 
artificial delay and reduced the apparent k^a substantially. Indeed, Lamping (2004) 
calculated that k^a would be too high by almost 1 0  % if the start time was inaccurate by 
1 second. Given that it was only possible to estimate to the nearest second when the 
bubbles leaving the sparger were air as opposed to nitrogen, it is reasonable to assume 
an error of 1 0  % in all static gassing out kLa, as a result of start time inaccuracies.
3.3.1.3 Static gassing out technique experimental results
Figure 3.9 shows the static gassing-out kLa results for the 10 ml MSBR, 25 ml MSBR 
and 7 L STR. The results were obtained using a fully coalescing RO water system and 
are expressed as a function of specific gassed power input for all three bioreactors.
The data in Figure 3.9 show the kLa results from all three bioreactors and show there are 
significant differences between each vessel. However, it is clear that the degree of kLa 
equivalence between the different vessels increases with increasing specific power 
input. One can see that the 7 L STR data shows a more linear correlation with Pg/V 
(highlighted by the trend line shown for the 7 L data) than data from either of the 
miniature bioreactors. It could be that this method was less accurate to perform in the 
miniature bioreactors at low impeller speeds, and that the accuracy of the data from 
those two vessels increased with agitation, possibly due to the sparged air being more 
effectively entrained within the bottom impeller of both MSBRs as agitation rate 
increased.
101 J.I. Betts 2006
1000
c* 100  JM
10
100 1000
Specific power consumption [W m^]
10000
Figure 3.9: Static gassing-out kLa data from the 10 ml MSBR □, 25 ml MSBR A, and 
7 L STR o, all plotted as a function of specific gassed power consumption. A trend line 
is shown corresponding to the 7 L data
Nevertheless, these results demonstrate that kLa data from bioreactors of significantly 
different scales of operation are equivalent when plotted as a function of specific power 
input. However, most of the correlations for ^ a  proposed in the literature, e.g. those by 
Van’t Riet (1979), Linek et al. (1987) and Zhu et al. (2001), state that ^ a  is not only 
dependent on specific power input, but that there is also a relationship with superficial 
gas velocity. Accepting that oxygen transfer in a bioreactor is related to how much 
power is supplied to the impellers, it must also be related to how much oxygen is 
entering the vessel in the first place, expressed as the superficial gas velocity of the 
sparged air. Although specific power inputs were similar between all three bioreactors 
over the range of impeller speeds used in this study, there was a significant difference of 
an order of magnitude in the superficial gas velocity between the three bioreactors when 
all three were agitated at a flowrate Q = 1 VVM (USg = 0.0046 m s' 1 in the 7 L STR,
0.00058 m s ’ in the 10 ml MSBR and 0.00072 m s' 1 in the 25 ml MSBR).
In order to account for the disparate superficial gas velocities found in the 7 L STR and 
the two MSBRs, the ^ a  data were all divided by the relevant U sg value multiplied by
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the exponent 0.5 (as found in Van’t Riet’s (1979) correlation relating to coalescing 
liquids), and these were then plotted as a function of specific power input. This plot can 
be seen as Figure 3.10 and shows how the two miniature bioreactors have data that 
display a close relationship, whereas the 7 L STR has lower values of kLa/USG across 
the full range of specific power inputs.
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Figure 3.10: Static gassing-out kLa data divided by ( U s g °  5) from the 10 ml MSBR ■,
25 ml MSBR A, and 7 L STR • , all plotted as a function of specific gassed power 
consumption.
This difference in kLa/(UsG° )^ data could be due to the reason postulated by Linek et al. 
(1989) which stated that the static gassing out technique is limited by the fact that the 
gas used to de-oxygenate the system prior to each experiment (in this case, nitrogen) is 
still present in the system when the re-oxygenating gas is added (air, in this case), 
leading to a breakdown in the “perfectly-mixed” assumption important for accurate 
measurement of kLa.
Linek et al. (1991) also stated that the larger the bioreactor, the less valid the 
assumption of perfect mixing is, as introduced by Dunn and Einsele (1975), and the 
greater the tendency for the static gassing out technique to underestimate kLa (Linek et 
al. 1991). Therefore, the fact that the miniature systems were significantly smaller in
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volume than the 7 L STR (by between two and three orders of magnitude), could mean 
that the assumption of perfect mixing was more valid in them than in the 7 L STR, and 
therefore one might expect this method to underestimate kLa in the 7 L STR to a greater 
degree than in either of the miniature bioreactors.
3.3.2 Sulfite oxidation method
The use of the sulfite oxidation method was complicated by the fact that the resulting 
kLa data were susceptible to large errors if an incorrect catalyst concentration is used. 
In addition, the 0.5 M sodium sulfite solution used as the test liquid had vastly different 
coalescent properties to the water system utilised to determine ^ a  when using the static 
gassing out technique.
The high ionic strength made the sodium sulfite liquid non-coalescent and as a result 
^ a  data were typically significantly higher than when using the static gassing out 
technique, when all other conditions were kept constant. This was due to the large 
increase in bubble surface area available for oxygen transfer significantly increasing the 
gas-liquid interfacial area. As a result, data obtained using this method could only be 
used to compare ^ a  with vessels that had also used sulfite oxidation, and not as data 
with which to compare against kLa values generated by almost all other methods.
Figure 3.11 shows the ^ a  results obtained in the 10 ml and 7 L bioreactors using the 
sulfite oxidation method. It is clear that, unlike when using the static gassing-out 
method, there was no equivalence in performance between the two bioreactors when the 
data was expressed as a function of equal Pg/V. In fact the 10 ml MSBR had kLa values 
significantly higher than those found at 7 L scale over the entire range of power inputs 
tested.
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Figure 3.11: Sulfite oxidation kLa data from the 10 ml MSBR □ and 7 L STR o, all 
plotted as a function of specific gassed power consumption.
The sulfite oxidation method for kLa determination can be inaccurate and minor 
amounts of surface active contaminants can have a very large effect on the ^ a  value 
calculated (Bell and Gallo 1971). The 10 ml MSBR had a surface area to volume ratio 
seven times larger than the 7 L vessel - surface area to volume ratio (m2 : m3) of 29 in 
the 10 ml MSBR compared to 4 in the 7 L STR. This may explain the propensity of the 
smaller vessel to apparently outperform the larger bioreactor when using this method,
i.e. a significant amount of oxygen transfer in the 10 ml MSBR was occurring by 
surface aeration.
3.3.3 The use of empirical correlations to predict kLa
For each of the three bioreactors characterised, Van’t Riet’s (1979) correlations were 
used to give predicted kLa values over a wide range of specific power inputs. Figures 
3 .1 2 -3 .1 4  detail the kLa data obtained from the 10 ml MSBR, 25 ml MSBR and 7 L 
STR respectively, plotted against Van’t Riet’s coalescing and non-coalescing predicted 
values (specific to each vessel), with each plot also illustrating the + 40 % inaccuracy 
acknowledged by Van’t Riet. As stated previously, the coalescing data from the three
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bioreactors were obtained using pure water systems via the static gassing out technique. 
Similarly, in the case of the 10 ml MSBR and 7 L STR, the non-coalescing data were 
obtained using the sulfite oxidation method; however, non-coalescing data from the 25 
ml MSBR was obtained from a 63 g L' 1 sodium sulfite solution in conjunction with the 
static gassing out technique, in order to replicate the partially non-coalescing 
environment typical of many cultivation media.
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Figure 3.12: Predicted k^a values from Van’t Riet’s correlations for coalescent —  and
non-coalescent systems in the 10 ml MSBR, plotted with 10 ml MSBR kLa data
from the coalescent static gassing out method □ and non-coalescent sulfite oxidation 
method ■, all as a function of specific power input. The dashed lines above and below 
each set of Van’t Riet predicted values refer to + 40 % and -  40 % respectively of the 
predicted values.
One can see from Figure 3.12 that the 10 ml MSBR had kLa data from the static gassing 
out and sulfite oxidation methods significantly above both sets of predicted values (and 
significantly above the + 40 % error limits), over the entire range of specific gassed 
power inputs utilised.
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Figure 3.13 indicates that in the 25 ml MSBR, kLa data from the static gassing out 
technique was also not able to be predicted by Van’t Riet’s correlation for coalescing 
systems, with all of the data higher than the + 40 % error limit; however, the non­
coalescing data obtained from the 63 g L ' 1 sodium sulfite solution in conjunction with 
the static gassing out technique were better able to be predicted by Van’t Riet’s 
correlation, with all data points except those generated by the three lowest specific 
power inputs coming within the + 40 % error limits.
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Figure 3.13: Predicted lqa values from Van’t Riet’s correlations for coalescent —  and
non-coalescent systems in the 25 ml MSBR, plotted with 25 ml MSBR k^a data
from the coalescent static gassing out method A and non-coalescent (63 g L 1 salt) static 
gassing out method A , all as a function of specific power input. The dashed lines 
above and below each set of Van’t Riet predicted values refer to + 40 % and -  40 % 
respectively of the predicted values.
The 7 L STR static gassing out kLa data can be seen in Figure 3.14 and were 
significantly better predicted by Van’t Riet’s correlations, with most of the data points 
laying within the error limits. However, the sulfite oxidation data were all lower than 
the predicted values, with all but two of the data points lower than the bottom error
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limit. This is the opposite of the 10 ml MSBR sulfite oxidation data, which were above 
Van’t Riet’s predicted values. The reason for this could have been that the miniature 
bioreactors both have a significantly larger surface area to volume ratio than the 7 L 
STR (29 in the 10 ml MSBR, 23.1 in the 25 ml MSBR and 4 in the 7 L STR), therefore 
in the two MSBRs, surface aeration may well have had more of an impact on oxygen 
transfer than in the 7 L STR.
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Figure 3.14: Predicted k^a values from Van’t Riet’s correlations for coalescent —  and
non-coalescent systems in the 7 L STR, plotted with 7 L STR kLa data from the
coalescent static gassing out method o and non-coalescent sulfite oxidation method • , 
all as a function of specific power input. The dashed lines above and below each set of 
Van’t Riet predicted values refer to + 40 % and -  40 % respectively of the predicted 
values.
One can conclude from Figures 3 .1 2 -3 .1 4  that the two miniature bioreactors followed 
neither the coalescing nor non-coalescing correlations. While it initially looks as 
though Van’t Riet’s (1979) non-coalescing correlation predicts kLa in the 25 ml MSBR 
but not in the 10 ml MSBR, in fact the apparent difference in performance was caused 
by the 25 ml MSBR using 0.5 M sodium sulfite solution in conjunction with the static 
gassing out technique, whereas the same solution was used with the sulfite oxidation 
method in the 10 ml MSBR. As mentioned previously, Linek et al. (1991) reported that
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kLa data were too low by 85 % when the static gassing out technique was used in 
conjunction with non-coalescing solutions; therefore it is more likely that in the 25 ml 
MSBR the true ^ a  data were higher for non-coalescing conditions than predicted by 
Van’t Riet’s correlation (thereby agreeing with the results in the 10 ml MSBR), but the 
fact that this method was unsuitable for use in non-coalescing conditions meant that the 
values were artificially lowered, resulting in them coincidentally appearing to equal 
Van’t Riet’s predicted values.
It is possible to conclude from this data that the two correlations developed by Van’t 
Riet were not suitable for use in predicting kLa in the 10 ml MSBR or 25 ml MSBR. 
Because they are highly dependent on bioreactor geometry, one suspects that the 
correlations would only be truly satisfactory in describing the ^ a  data in the bioreactor 
from which they were derived. However, because the 7 L STR was of a similar scale 
and geometry to the devices used by Van’t Riet to develop his correlations, it is not 
surprising that predicted kLa values relating to this bioreactor were significantly closer 
to the kLa data generated in this study.
The tendency for empirically-derived kLa correlations to be accurate only in vessels 
similar to that in which they are derived helps explain why there have been so many kLa 
correlations reported (refer to table 2 in Yawalker et al. (2002) for a selection). 
Yawalker et al. (2002) further illustrate this by highlighting the highly disparate 
geometric nature of the vessels in which the various correlations were empirically 
derived. This is not to say that such correlations are unable to predict kLa to a 
reasonable degree of accuracy -  Figure 3.14 illustrates that they were able to in the case 
of the 7 L STR, at least under coalescing conditions -  but that great care must be taken 
to select a correlation derived in a bioreactor of similar geometry and scale, with as 
analogous a set of operating parameters as possible to the bioreactor in which they are 
to be employed, in order to maximise the chances that the correlation will be able to 
predict kLa.
109 J.I. Betts 2006
3.4 Conclusions
A key finding of this study was that directly measured power numbers in both miniature 
bioreactors were significantly lower than those reported for larger-scale vessels. While 
there have been many reasons given for this phenomenon, a practical consequence of 
this is that it is important not to use conventional-scale impeller power numbers for 
power input estimation when transferring microbial cultivations to miniature bioreactors 
on the basis of equal specific power input, as this could lead to oxygen limitation of 
quickly-respiring microbes by overestimating the power transferred to the system.
Although mixing time was similar for all three vessels when compared in terms of 
specific power input, there was a clear scale effect, with mixing time shown to decrease 
with bioreactor scale. However, there was a far greater difference between the 
bioreactors when mixing time data were multiplied by impeller speed and expressed as 
function of Reynolds’ number. In this case, the two miniature bioreactors had 
equivalent mixing values when expressed in terms of number of revolutions to mix; 
however, the 7 L STR required considerably fewer revolutions to achieve well-mixed 
conditions, despite having only two impellers compared to three in each MSBR.
^ a  was equal as a function of specific power input for all three vessels when measured 
using the static gassing out technique. However, when static gassing out technique- 
derived kLa data were divided by the superficial gas velocity for each bioreactor and 
expressed in terms of Pg/V, there was a clear scale effect, with data from the 7 L STR 
consistently lower than data from both miniature bioreactors. Linek et al. (1991) 
reported that in non-coalescing liquids the static gassing out technique gave ^ a  values 
that were only 15 % of the values obtained by their dynamic pressure method. In the 
same paper the point was made that the failure of the gas mixing description was 
significantly more accentuated in non-coalescent systems than when a coalescing pure 
water system was used, due to the smaller bubbles found in the non-coalescing system 
having a decreased buoyancy and therefore a longer residence time than the larger 
bubbles found in coalescing systems. In the same report, the authors conclude that “In 
coalescing liquids like water, the kLa values measured by incorrect methods agree with 
those from correct methods [such as his dynamic pressure method (Linek et al. 1989)],
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while in non-coalescing liquids the differences are significant”. This validates the use 
of the static gassing-out technique with pure water systems. However, it is often 
advantageous to measure the k^a in non-coalescing systems indicative of biological 
cultures. To achieve such a result, the use of pure oxygen instead of air in the dynamic 
gassing technique has been reported as eliminating this problem of non-ideal mixing 
(Linek et al. 1991), though this was not feasible to use in the present study. When kLa 
was measured using the sulfite oxidation method, there was no equivalence in 
performance between the bioreactors, with the lower surface area to volume ratio 
probably contributing to the 7 L STR having lower values as a function of Pg/V than the 
two MSBRs. Furthermore, the results also indicated that cultivation operating 
conditions should not be designed on the basis of sulfite oxidation-derived kLa data 
alone as this could also overestimate the oxygen transfer rates achievable and lead to 
oxygen limitation in the more coalescent biological media used for microbial 
cultivations. While the static gassing out technique is also not a perfect representative 
of biological cultures, it might be considered better to underestimate oxygen transfer 
when setting production process conditions than overestimate it. As a result of these 
drawbacks associated with the sulfite oxidation method, greater reliance should be 
placed on the ^ a  data obtained using the static gassing-out technique.
Ultimately, the aim of this work was to investigate the extent of equivalence between 
bioreactors of different scales, with each bioreactor being assessed using the same 
experimental methods; therefore, as long as any deviation from absolutely correct 
values was consistent between the vessels, the aim could still be realised. Furthermore, 
given that many authors use a multitude of methods to report kLa values in the literature, 
it seems likely that even if the ^ a  data reported in this study were absolutely correct, 
their comparability with data from other teams would still be limited. Scaling up on the 
basis of equal Reynolds’ number typically is not feasible due to the observation made 
by Einsele (1978) that the impeller Reynolds’ number tends to increase with scale. This 
indicates that Nrc has a different impact as scale alters, and could explain for example 
how equivalence in data expressed as 0 m vs P ug/V  is lost when the same data are 
expressed in terms of 0m-N vs N rc. This is related to the problems encountered when 
calculating N rc in the miniature bioreactors; no conditions could be generated in either 
MSBR that were defined as turbulent, even when agitated at N = 7000 rpm, confirming 
that Reynolds’ numbers were proportional to scale in this study.
I l l J.I. Betts 2006
Chapter 4: Cultivations of Escherichia coli at laboratory and 
miniature scale
In this study two different E. coli cultivation processes were performed at 7 L scale and 
in several miniature bioreactors, and their relative performances were compared. 
Firstly, an E. coli strain producing the plasmid pSVp was cultivated in the 7 L STR and 
the 10 ml MSBR. This was followed by the cultivation of a different E. coli strain 
producing an antibody fragment (Fab’) at 7 L scale and in several different miniature 
bioreactors.
The work performed in this chapter aimed to assess the ability of the 10 ml and 25 ml 
MSBRs developed during this study, along with two other miniature systems (i.e. the 
MBCR and MTP) and conventional shake flasks, to reproducibly perform two, disparate 
E. coli processes and to mimic the performance of a 7 L STR. It was considered 
important to demonstrate that not only could the E. coli strains be cultivated in the small 
scale devices, but that a bioprocess designed for, and successfully operated, at larger 
scale could be reproducibly mimicked.
4.1 Cultivation of E. coli producing plasmid DNA in the 7 L
STR and 10 ml MSBR
The usefulness of plasmids as vectors able to carry gene inserts and be transformed into 
genetically modified organisms has long been documented (Hofmann et al. 1990), and 
has led to the development of many processes that take advantage of this technology, 
such as gene therapy. For this reason it was considered useful to investigate the ability 
of the 10 ml MSBR to reproducibly cultivate this organism at a similar level of 
performance to that found in a 7 L STR. E. coli was a good choice for initial work into 
the miniature systems developed in this study as it is fast-growing and can require well- 
mixed, high oxygen transfer capability systems for exponential growth. Furthermore, it 
is not susceptible to shear and due to its high growth rate it is relatively resistant to 
contamination by other organisms. As a result of these features, miniature bioreactors 
developed by other groups have frequently used E. coli as a starting organism with
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which to demonstrate the efficacy of their devices (Weuster-Botz et al. 2001a, Weuster- 
Botz et al. 2005, Lamping et al. 2003, Puskeiler et al. 2005).
Two different operating conditions were investigated in each of the bioreactors used in 
the study: one where the DOT remained above 40 %, and which led to no limitation of 
growth, and one where DOT was quickly depleted to 0 %, and growth was impaired as 
a result of oxygen limitation. The oxygen-depleted growth challenged the bioreactors 
and would have shown up a deficiency in the 10 ml MSBR that might have been 
masked in oxygen-rich conditions. For example, an inferior oxygen transfer capability 
might not have been apparent if the cultivations were performed with excessive aeration 
and agitation, but could have been observable under conditions when DOT fell to 0 % 
for a significant period of time. The cell cultivations at 7 L and 10 ml scale were 
designed to operate at equal specific power inputs for each of the two operating 
conditions. The operating parameter N was then determined using the power 
calculations developed in chapter 3. The key data from the cultivations performed using 
this organism are summarised in table 4.1.
Table 4.1: Operating conditions and key data from E. coli plasmid DNA cultivations in 
the 7 L STR and 10 ml MSBR
Conditions
Reactor and 
settings
M ax
DCW
(g L '1)
Duration before 
stationary phase 
(m in.)
gmax (h )
Final 
Plasm id  
yield  
(m g L '1)
Final specific  
plasm id yield  
( m g g D C W 1)
O x y g e n -
R ich
7 L
N  = 800 rpm 
Q = 1 VVM
4.0 420 0 .46 26 6.4
4 .0 375 0 .49 24 4.7
10 ml
N -  5500  rpm 
Q = 1 VVM
4.0 390 0.41 23 5.7
4 .2 420 0.47 22 6.0
O x y g e n -
lim itin g
7 L
N = 500  rpm 
Q = 0.5 VVM
3.7 720 n/a 23 6.1
10 ml
N = 3500  rpm 
Q = 0.5 VVM
3.9 525 n/a 23 6.0
4.1 690 n/a 23 5.7
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4.1.1 Plasmid DNA cultivations performed under oxygen-rich
conditions
Figures 4.1 and 4.2 show results from replicate oxygen-rich cell cultivations in the 7 L 
bioreactor and 10 ml MSBR respectively. Data from the cultivations, scaled on the 
basis of equal P g/V , were plotted for DOT, biomass and plasmid yield and show a high 
degree of reproducibility -  both relative to each other and also across the two scales of 
operation. The growth profiles were clearly exponential in all four examples, validated 
by the DOT levels remaining above 40% (oxygen starvation, indicated by low DOT, 
would have led to linear growth profiles). The maximum specific growth rate was 
similar in both vessels, being 0.47 h ' 1 at 7 L scale and 0.44 h 1 in the 10 ml MSBR (with 
ranges of ± 0.02 and ± 0.03 respectively), both values being an average of the two 
cultivations carried out at each scale in oxygen-rich conditions.
Maximum biomass levels were effectively equal in both vessels, allowing for the error 
inherent in the biomass determination assay used, with the 7 L STR averaging 4.0 g L 1 
and the 10 ml MSBR 4.1 g L 1. Furthermore, the time taken for each cultivation to 
exhaust its nutrient supply was almost identical for both vessels investigated, with the 
average time taken to enter stationary phase being 400 minutes in the 7 L STR and 405 
minutes in the 10 ml MSBR.
There was a slight difference in the DOT traces between the two vessels, with the 7 L 
STR having an average minimum DOT of 42 % and the 10 ml MSBR averaging 56 % 
minimum DOT; however, this could have been caused by the 10 ml MSBR’s 
significantly larger surface area to volume ratio (28.7 in the 10 ml MSBR and only 3.7 
in the 7 L STR).
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Figure 4.1: Profiles from replicate E. coli plasmid cultivations in the 7 L STR showing 
A) biomass plasmid concentration -A-,  and biomass plasmid concentration
-A-, versus time; and B) D O T  and D O T  , versus time. Both cultivations were
performed under oxygen-rich conditions of N = 800 rpm and Q = 1 VVM (see table
4.1).
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Figure 4.2: Profiles from replicate E. coli plasmid cultivations in the 10 ml MSBR 
showing A) biomass plasmid concentration -A- ,  and biomass plasmid
concentration -A-; and B) DOT — , and D O T  , versus time. Both cultivations were
performed under oxygen-rich conditions of N = 5500 rpm and Q = 1 VVM (see table
4.1).
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4.1.2 Plasmid DNA cultivations performed under conditions of
oxygen limitation
Figures 4.3 and 4.4 show the results of E. coli plasmid cultivations carried out under 
oxygen-limiting conditions in the 7 L STR and 10 ml MSBR respectively. Two 
cultivations were performed in the 10 ml MSBR, both under identical conditions of 
N = 3500 rpm and Q = 0.5 VVM, with a single cultivation performed in the 7 L STR 
under conditions of N = 500 rpm and Q = 0.5 VVM. As with the oxygen-rich 
cultivations, the two vessels were designed to operate under conditions of equal specific 
power input.
Although it was not possible to obtain maximum specific growth rate data from oxygen- 
limited growth (due to such data not producing a straight line when plotted 
logarithmically), it is clear from looking at the profiles that all three cultivations had 
linear, non-exponential growth. The oxygen-limited cultivations in the 10 ml MSBR 
took approximately 50 % longer on average to reach stationary phase compared to those 
under oxygen-rich conditions, i.e. metabolise the entire carbon source available. In the 
7 L STR the result was similar, with the oxygen-limited cultivation requiring 80 % more 
time to reach stationary phase. Maximum biomass in the 7 L STR was 3.7 g L ' 1 
whereas in the 10 ml MSBR it averaged 4.0 g L '1. However, because only a single 
cultivation was performed at 7 L scale, and given the fact that this process utilised a 
complex growth medium, it was not possible to tell whether this was significant, as this 
minor difference could have been caused by nutrient variation between batches.
The DOT profiles from the two bioreactors were very similar during oxygen-limited 
processes, with both cultivations in the 10 ml MSBR and the single cultivation in the 
7 L STR reaching 0 % DOT after approximately 200 minutes, and remaining at that 
level until 500 -  600 minutes. Given the similar geometric specifications of the 7 L 
STR and 10 ml MSBR, these data support the idea that the two vessels really were run 
under equal specific power inputs and authenticates the accuracy of both the power 
measurements made in the 10 ml MSBR and the power usage predicted in the 7 L STR.
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The minor differences in performance between the two vessels were as a result of 
challenging the 10 ml MSBR to perform under difficult conditions; slight performance 
differences that could have been masked under oxygen-rich conditions may have 
become more apparent. It must be stated that the 10 ml MSBR’s operation was not as 
tightly controlled as at 7 L scale. This is not surprising given the fact that the 10 ml 
MSBR was a prototype device and required manual control of pH and temperature. 
Because small changes in e.g. temperature and pH can affect the rate of metabolism in 
the culture, this could explain the minor differences observed between the two 
bioreactors. For example, length of time to reach stationary phase could be shortened 
by increasing the air flowrate. As table 4.1 shows, on both occasions the 10 ml MSBR 
required less time to reach stationary phase than the 7 L STR. This could have been due 
to the 10 ml MSBR being run with slightly greater than 1 VVM aeration; the control of 
airflow rate, like most other parameters, was more difficult to control the smaller the 
scale (it was easier to accurately measure 5.5 L of air than 7 ml of air).
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Figure 4.3: Profile from E. coli plasmid cultivation in the 7 L STR showing A) biomass
and plasmid concentration - A-,  versus time; and B) D O T  , versus time for an E.
coli plasmid cultivation performed at 7 L scale under oxygen-limiting conditions of 
N = 500 rpm and Q = 0.5 VVM (see table 4.1).
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Figure 4.4: Profiles from replicate E. coli plasmid cultivations in the 25 ml MSBR 
showing A) biomass plasmid concentration -A- ,  and biomass plasmid
concentration -A-, versus time; and B) DOT — and DOT ---- , versus time. Both
cultivations were performed under oxygen-limiting conditions of N = 3500 rpm and 
Q = 0.5 VVM (see table 4.1).
120 J.I. Betts 2006
4.1.3 Overall and specific plasmid yield in the two bioreactors
In all cultivations, at both scales and both operating conditions, there was a comparable 
final plasmid yield of 20 -  25 mg L 1. In addition, it was clear from the growth curves 
that plasmid synthesis was growth associated in both bioreactors and under both sets of 
conditions (cf. Figures 4.1 -  4.4). The error when using this assay was determined as 
being ± 17 %, equal to the maximum percentage deviation from the mean of a 
quadruple assayed sample. This degree of error was larger than any differences in yield 
between the two vessels or the two cultivation conditions respectively, and so rendered 
any differences in plasmid yield between the two vessels and between the two 
conditions used insignificant. The final specific plasmid yield was calculated for all 
fermentations at both scales and was averaged as 5.75 mg g ' 1 in the 7 L bioreactor and 
5.85 mg g 1 in the 10 ml MSBR.
Given the similarity in kinetics, biomass, DOT profiles, plasmid yield and specific 
plasmid yield under both conditions investigated it is reasonable to conclude that the 
10 ml MBR was capable of carrying out this cultivation process. Furthermore, the 
degree of instrumentation allowed for a comparison with larger, conventional 
bioreactors and helps support the fact that the 10 ml MSBR can be an effective mimic 
of larger bioreactors when scaled on the basis of equal specific power input.
4.2 Cultivation of E. coli to produce a Fab’ antibody fragment
at 7 L and miniature scale
In addition to cultivation in the 7 L STR, this E. coli strain was grown in several devices 
at miniature scale. This E. coli cultivation process was chosen to test the 25 ml MSBR 
due to the different demands it placed on the miniature cell cultivation device compared 
with the plasmid DNA process. The organism was cultivated to an optical density 
roughly an order of magnitude higher than the plasmid-producing strain, greatly 
increasing oxygen consumption inside the vessel and consequently demanding 
increased levels of oxygen transfer. In addition, the duration of the Fab’ process was 
approximately an order of magnitude greater than the cultivation of the plasmid-
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producing strain. This significantly increased the mechanical load on the vessels used 
and highlighted any design weaknesses to a greater extent than the plasmid process. 
Furthermore, the development and use of antibody fragments is a fast-growing area of 
biotechnology and therefore the ability to operate this industrially-relevant bioprocess at 
miniature scale could have significant commercial implications.
The 25 ml MSBR, the prototype MBCR as well as two types of 24-well MTP and two 
types of shake flask were used to cultivate this E. coli strain at miniature scale. The 
MTPs varied in that although both were deep-well plates, one had round bases and the 
other square. The two shake flasks used were a 1 L smooth flask and a 2 L baffled 
flask. The conventional scale device used with which to compare the performance of 
these miniature devices was the same 7 L bioreactor used elsewhere in this study.
Because the cultivation of this E. coli strain had not previously been optimised, it was 
uncertain what the rate of lactose utilisation would be in the bioreactors. Given that the 
induction period continued for over 24 hours and there was no 24-hour monitoring 
available, the lower limit for lactose concentration was set at 20 g L ' 1 in order to avoid 
inducer exhaustion. The upper concentration limit of 50 g L ' 1 was chosen to prevent an 
excessive synthesis rate, which could have caused problems with protein folding. 
Regular samples were taken post-induction and Fab’ concentration was determined by 
HPLC analysis using a protein G column, as described in section 2.7.4.
4.2.1 7 L £  coli Fab cultivation
The results of off-line measurements for biomass, Fab’, glycerol, acetate and lactose 
concentrations from E. coli Fab’ cultivated at 7 L scale can be seen in Figure 4.5 
together with the DOT trace for the process. In addition, the key data from the 
cultivation can be seen in table 4.2.
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Table 4.2: Operating conditions and key data from the 7 L E. coli Fab’ cultivation.
Conditions Max ODeoo Final O D ^ ,
B iom ass 
decrease (%)
M ax yield  
(m g L '1)
Final specific  yield 
(m g O D 600 unit'1)
5.5 L w orking volum e. 
800  rpm and 1 V V M  rising 
to 1100 rpm and 2 VVM
70.4 67.4 4 628 9
Optical density was used to record cell growth as there was some confusion as to 
whether DCW is a reliable indicator of biomass using this strain, due to evidence of 
physiological changes at the later stage of high-cell density cultivations (Hewitt et al. 
1998, Lewis et al. 2004). Lewis et al. (2004), in describing the merits of flow 
cytometry as a viable method for measuring biomass in E. coli cultivations producing 
recombinant proteins, described how many of the current methods for measuring 
biomass concentration have limitations. For example, above ODs of 40 they found a 
divergence between DCW and O D ^- This could suggest that when producing such 
recombinant protein, the cells alter their morphology and/or light-reflecting qualities 
leading to higher turbidity yet no higher biomass, or alternatively that the cells decrease 
in mass while still increasing in number as a result of the decreased carbon source often 
found towards the end of cultivations. If this was the case then an increase in OD, as a 
result of induction with a new carbon source, say, would be missed if DCW was used as 
the sole criterion with which to determine biomass concentration.
The calibration curve obtained during cultivation of this organism in a 20 L bioreactor 
at UCL, shown in Appendix B, indicated that DCW and OD600 were only proportional 
up to an OD600 of 50. Beyond this point the correlation broke down, with increasing 
OD600 values resulting in no further increase in DCW. The 7 L data in Figure 4.5 show 
that glycerol was depleted after 34 hours; however, if the DCW calibration curve was 
used, this would have indicated that there was no further increase in biomass beyond 
30 h, when the culture reached an OD6ooof 50. Clearly this would not have been a true 
representation of the cultivation, since the cells could metabolise glycerol for another 
four hours and would have been expected to increase in number during this time. By 
following the OD600 growth curve shown in Figure 4.5, one can see that the optical
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density continued to increase up to 34 hours duration. This coincided with the point of 
glycerol depletion and, as expected, there was a cessation in OD600 increase until the 
cells switched to metabolising lactose, at which point the optical density started to 
slowly increase again. The off-gas data shown in Figure 4.6 also signify that it was 
after 34 hours growth that OUR and CER suddenly decreased -  consistent with the 
HPLC-derived glycerol data that showed this to be the time-point when glycerol was 
depleted in the culture.
This analysis supported the idea that optical density was a more reliable indicator of cell 
concentration than DCW. Although insufficient samples were taken during the 
miniature-scale Fab’ cultivations (especially for the critical glycerol concentrations), 
meaning that this analysis could not be performed at miniature scale, there was no 
reason for the cells to behave differently. For this reason, OD600 was used as the sole 
indicator of biomass throughout all cultivations involving this E. coli strain.
The 7 L cultivation was initially run with agitation rate of N = 800 rpm and air flowrate 
of Q = 1 VVM. After 20 hours N was increased steadily up to a maximum of 1100 rpm 
to maintain 30 % DOT. In addition, Q was increased from the same time point up to 2 
VVM (11 L min'1). Lactose was added to the vessel after 31 hours to induce the 
expression of Fab’. The culture continued to increase in turbidity up to 42 hours 
duration. An indication of the success of the induction was the fact that there was only 
a 4 % decrease in biomass from the maximum point until the end of the cultivation, 
from 70.4 -  67.4, indicating that the cells were continuing to metabolise lactose long 
after the glycerol had been depleted. The results show that Fab’ was synthesised 
quickly after induction, with a linear increase up to 628 mg L '1 by the end of the 
cultivation (after 73 hours). In Figure 4.5 it is clear that the Fab’ concentration had not 
reached a plateau, and that, had the cultivation been allowed to proceed, the final 
product concentration could well have been even higher. However, because the Fab’ 
was assayed retrospectively, this was not known at the time of the cultivation.
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Figure 4.5: Profiles from E. coli Fab’ cultivation in the 7 L STR showing A) OD6oo ■, 
Fab’ ▲, and DOT — , versus time; and B) glycerol concentration ♦, acetate 
concentration x, lactose concentration o, and total lactose added — , versus time under 
initial culture conditions of N = 800 rpm and Q = 1 VVM (see table 4.2). The arrows 
indicate the point at which the culture was induced by the addition of lactose (31 h).
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At 7L scale the exhaust gas was monitored via a mass spectrometer, and from this off- 
gas analysis OUR and CER (and from these RQ) were calculated. Figure 4.6 shows that 
OUR increased in the culture to a peak of 140 mmol L '1 h '1 after 34 hours, before 
rapidly decreasing to 23 mmol L 1 h 1 as a result of primary carbon source depletion. 
However, shortly after this decrease in metabolic activity, the organism commenced 
utilising lactose which lead to OUR increasing to a maximum of 80 mmol L '1 h"1 after 
40 hours. From this point on there was a gradual decrease in OUR as the organism 
entered stationary phase yet continued to metabolise lactose resulting in product 
formation. CER followed the same pattern as OUR, consistently being produced at a 
slightly lower rate than oxygen uptake. After the organism switched its carbon source 
from glycerol to lactose, the RQ altered from a constant value of 0.8 prior to induction 
to 1.07 post-induction. Although it was not possible to analyse exhaust gases from the 
miniature systems, due to the volume being too low for use with the available 
equipment, off-gas analysis was a useful diagnostic tool to have with this cultivation 
process as it allowed the time point at which the cell switched metabolism to be 
identified, in addition to helping decide that OD600 was a more reliable indicator of 
biomass.
In the main growth phase (from 8 - 4 2  hours duration) a steady amount of base (7.9 
ml h '1) was used to maintain pH 7, except for the period of time when the organism had 
metabolised all available glycerol but had not yet started consuming lactose (from 33 -  
36 hours), during which acid was required to maintain a constant pH. After the 
organism commenced lactose metabolism, no further acid was used and base addition 
was resumed to maintain pH 7 until the end of the cultivation (from 36 -  73 hours 
duration, albeit at a lower rate to account for the reduced microbial growth rate).
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Figure 4.6: Off-gas analytical traces of A) OUR ■ —, and CER — ; and B) R Q  as a
function of time during the 7 L E. coli Fab’ cell cultivation. The arrows indicate the 
time point at which the culture was induced by the addition of lactose (31 h).
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4.2.2 Fab’ cultivations at miniature scale
The E. coli Fab’ cultivations were performed at miniature scale in four batches, with 
several of the systems being operated concurrently as part of each batch so as to 
increase the number of cultivations that could be carried out and reduce inoculum 
variation. The series of batches aimed to optimise the conditions for successful 
cultivation and induction of the organism in each bioreactor. For example, oxygen 
limitation was found to be problematic in both shaken systems as a result of the 
cultivations performed in batch 1 ; therefore, subsequent batches using the shake flask 
and MTP had their running conditions altered in an attempt to overcome this limitation. 
This was achieved by various means such as reducing process volume, increasing 
shaking frequency and even by modifying the equipment itself. Table 4.3 details the 
batches of cultivations that were performed, including the miniature systems used in 
each batch and the key results obtained.
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Table 4.3: Details of the bioreactors used in miniature-scale E. coli Fab’ batches
together with the operating conditions used and key results obtained from each device.
Batch MBRplatforms used Conditions
Max
OD«io
Final
ODmo
Biomass
decrease
(%)
Final Fab' 
concentration 
(mg L'1)
Final specific yield 
(mg ODnki unit1)
]
25 ml MSBR
18 ml, 3500 rpm 
1 VVM, rising to 2 
VVM
55.5 32 42 0 0
MTP 3ml ,750 rpm 24-well round base 10 8.2 18 0 0
MBCR 3 ml, normal air 42 40.3 4 0 0
2
25 ml MSBR 18 ml, 4500 rpm 1 VVM 56.9 18.1 68 0 0
MTP 2ml, 750 rpm 24-well round base 10.4 9.2 12 0 0
SF 50 ml in a 1 L flask unbaffled, 250 rpm 15.9 14.5 9 0 0
3
25 ml MSBR 18 m l, 4500 rpm 1 VVM 59.5 59.5 0 315 5
MBCR 3 ml, normal air 28.7 25.4 11 0 0
SF 75 ml in a 2 L flask baffled, 400 rpm 29.7 22.4 25 0 0
4
25 ml MSBR 18 m l, 4500 rpm 1 VVM 55.9 48 14 499 10
MTP 2ml, 1250 rpm 24-well square base 45 34.1 24 55 2
MBCR 3 ml, enriched air 57.4 25.1 56 18 1
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4.2.2.1 Fab’ cultivations in the MSBR
Four cultivations were performed in the 25 ml MSBR, all at 18 ml working volume. 
Each of the cultivations was performed according to the method detailed in section 
2.7.3.
The first cultivation in the 25 ml MSBR was operated under initial conditions of N = 
3500 rpm and Q = 1 VVM. As the cultivation proceeded, the air flowrate was increased 
to Q = 1.5 VVM from 16 hours duration, and again to Q = 2 VVM from 26 hours until 
the end of the process, in order to maintain sufficient dissolved oxygen levels in the 
culture.
This first cultivation attained a maximum OD600 of 55.5. The exponential growth 
observed in the culture indicated that the cultivation was not oxygen-limited, and this 
was corroborated by the online DOT trace, showing how dissolved oxygen did not fall 
below 40 % for the duration of the process. Consequently this culture was induced; 
however, this induction was unsuccessful as no Fab’ was synthesised. Evidence of the 
failure to induce the organism can be found in the lower plot in Figure 4.7: the lactose 
concentration points are parallel with the total lactose added line, demonstrating that the 
cultivation was not metabolising lactose.
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Figure 4.7: Profiles from E. coli Fab’ cultivation in the 25 ml MSBR showing
A) OD600 ■ and DOT — , versus time; and B) glycerol concentration ♦, acetate
concentration x, lactose concentration o, and total lactose added  , versus time under
initial culture conditions of N = 3500 rpm and Q = 1 VVM performed as part of batch 1 
(see table 4.3).
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As a result of this initial process, the starting agitation rate was increased to N = 4500 
rpm for the three subsequent cultivations performed in the 25 ml MSBR in order to run 
the process under approximately equal specific power input relative to the 7 L STR 
cultivation. Furthermore, this increase in agitation rate removed the need to operate at 
Q = 2 VVM, which decreased the evaporation rate during the cultivation. This was 
important because the 25 ml MSBR did not have a condenser and it was imperative to 
minimise evaporation to help demonstrate the ability of the device to sustain multiple- 
day cultivations. Figures 4.8 -  4.10 detail the key data from these 25 ml MSBR 
cultivations, performed in batches 2, 3 and 4 respectively.
Biomass growth appeared to be exponential in all three cultivations and biomass levels 
were sufficiently high for magnesium and lactose additions to be made. Maximum 
OD600 was consistent at 56.9, 59.9 and 56.5 for the cultivations. The DOT traces 
confirmed that oxygen was not limited under these operating conditions during the 
processes run in batches 2 and 3; however, the final cultivation endured brief periods of 
0 % DOT. It is possible that this was due to momentary mechanical failure, as none of 
the other 25 ml MSBR E. coli Fab’ cultivations (including that performed at N = 3500 
rpm) displayed a similar DOT trace. The cultivation in batch 4 took longer to grow than 
the first 3, thought to be due to a temporary failure in the water bath heating the 25 ml 
MSBR jacket that resulted in a period of decreased cultivation temperature.
The exponential growth profiles indicated that the culture run at N = 3500 rpm and the 
three cultures at N = 4500 rpm were not oxygen-limited, validating the ability of the 25 
ml MSBR to cultivate a fast-growing organism to a relatively high biomass level 
without being mass-transfer limited.
Despite all three cultivations at N = 4500 rpm receiving lactose additions, Fab’ was only 
produced in the final two cultivations performed, reaching maximum titres of 315 mg 
L '1 and 499 mg L 1 respectively. Given the fact that DOT levels in these final two 
cultivations were similar to those recorded in the first two cultivations (and also given 
the fact that one of the failed batches was also run at N = 4500 rpm) it appears unlikely 
that the increased agitation rate was a main factor in the cultivations producing Fab’.
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Figure 4.8: Profiles from E. coli Fab’ cultivation in the 25 ml MSBR showing
A) OD600 ■, Fab’ A and DOT — , versus time; and B) glycerol concentration ♦, lactose
concentration o, and total lactose added , versus time under culture conditions of N
= 4500 rpm and Q = 1 VVM performed as part of batch 2 (see table 4.3).
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Figure 4.9: Profiles from £. coli Fab’ cultivation in the 25 ml MSBR showing
A) OD600 ■, Fab’ A and DOT — , versus time; and B) glycerol concentration ♦, acetate
concentration x, lactose concentration o, and total lactose added  , versus time under
culture conditions of N = 4500 rpm and Q = 1 VVM performed as part of batch 3 (see 
table 4.3).
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Figure 4.10: Profiles from E. coli Fab’ cultivation in the 25 ml MSBR showing
A) OD600 ■, Fab’ A and DOT — , versus time; and B) glycerol concentration ♦, acetate
concentration x, lactose concentration o, and total lactose added  , versus time under
culture conditions of N = 4500 rpm and Q = 1 VVM performed as part of batch 4 (see 
table 4.3).
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Although Fab’ was assayed as at 7 L scale via offline protein G HPLC analysis, it was 
possible to diagnose whether or not the inductions were successful in advance of this 
analysis. By looking at the plot B in Figures 4.7 -  4.10 the two cultivations that were 
successfully induced (from batches 3 & 4) were conspicuous because the lactose 
concentration data points did not rise in parallel with the total lactose added lines. This 
indicated that lactose was metabolised by the culture. By contrast, in the 25 ml MSBR 
cultivations run as part of batches 1 & 2  it was clear that induction failed as the lactose 
concentration data points and total lactose added lines were parallel for both processes. 
Furthermore, the average decrease in biomass from the maximum level to the final level 
was much higher in both cultivations that failed to induce compared to the two that were 
successful; the average biomass decrease was 55 % in non-induced cultivations and 7 % 
in the two that were induced, indicating that it would have been possible to predict 
successful inductions on the basis of whether biomass levels were maintained or if they 
declined at the end of cell growth.
The time point at which lactose was added to each of the 25 ml MSBR cultivations 
relative to glycerol depletion or optical density did not suggest a reason for the failure of 
some cultivations to synthesise Fab’. Lactose was added at glycerol culture 
concentrations of 3.9, 9.9, 16.4 and 2.0 g L' 1 and at optical densities of 51.2, 56.9, 42.9 
and 48.2 for batches 1, 2, 3 and 4 respectively. The fact that the metabolic switch to 
lactose utilisation presented itself during the 7 L cultivation as a shift in RQ, 
accompanied by a spike in acid utilisation for the purpose of neutral pH control, meant 
that in the 25 ml MSBR the sudden shift towards acid requirement for pH control was 
indicative of the metabolic shift and consequent lactose utilisation and induction of the 
organism to make Fab’. Unfortunately, this did not help explain the intermittent failure 
of hitherto successful cultivations to metabolise lactose and be induced to produce Fab’. 
Work by Garcia at UCL (Garcia-Arrazola et al. 2005, Garcia-Arrazola 2005) indicated 
that phosphate levels in the medium were proportional to Fab’ production; however, this 
was neither conclusively explained in that study nor investigated in this study.
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4.2.2.2 Fab’ cultivations in the MTP
Two different MTP configurations were used in this study; the first was a conventional 
24 deep square well plate with round, domed bottoms (DRW). This initial plate was 
chosen as the design had previously been used at UCL in conjunction with Presens 
optical probes -  essential for the degree of monitoring this cultivation required. For the 
initial cultivation, a 3 ml fill volume was chosen as this was considered sufficient to 
sample the culture as required. The plate was agitated at an orbital shaking rate of 750 
rpm in order to aid oxygen transfer without risking spillage of culture media. However, 
in this first 3 ml cultivation performed in the round-bottomed wells cell growth only 
increased up to an OD600 of 10.0. In response to the oxygen limitation that was 
presumed to be the cause of the low growth during this initial cultivation, the fill 
volume was reduced to 2 ml as this parameter has been shown to be inversely 
proportional to kLa in 48-well MTPs (Kensey et al. 2005). However, decreasing the 
volume to 2 ml had little effect, increasing the maximum sustainable OD6ooto just 10.4. 
Figure 4.11 details results obtained from the round-bottomed plate operated at 3 ml and 
2 ml volume and shaken at 750 rpm during batches 1 & 2 respectively.
As cell growth was insufficient to induce Fab’ expression, no lactose was added to 
either cultivation. The profiles show that growth was linear throughout both 
cultivations, which indicates that oxygen was limited from early on. Although there 
was only an average 15 % decrease in biomass from the peak value to the final value in 
both of these cultivations (whereas there was a much larger biomass decrease recorded 
in other oxygen-limited cultivations in this study), this could have been as a result of so 
little biomass being produced in the first place. The DOT trace for the 2 ml cultivation 
showed that oxygen levels in the wells fell to zero after just 27 hours, when the OD600 
had reached a value of approximately 8. After this point there was only a small amount 
of cell growth and the DOT remained at or close to zero until 48 hours when the cells 
appeared to stop respiring and started to die, with optical density decreasing from this 
point until the end of the cultivation. Although a DOT probe was only used in 
conjunction with the cultivation performed at 2 ml scale, the DOT in the 3 ml 
cultivation would have probably decreased to zero more quickly, in line with the 
(slightly) decreased maximum OD600 attained at 3 ml.
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Figure 4.11: Profiles from E. coli Fab’ cultivations in the DRW MTP showing
A) OD600 ■ and OD600 □, DOT — , versus time; and B) glycerol concentration ♦, acetate 
concentration x, and glycerol concentration 0, acetate concentration *, versus time 
performed at 3 ml and 2 ml fill volume respectively. Both cultivations were carried out 
with 750 rpm orbital shaking with the 3 ml volume cultivation part of batch 1 and the 2 
ml cultivation part of batch 3 (see table 4 .3).
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These results indicated that decreasing fill volume (at least from 3 ml to 2 ml) had an 
insignificant effect on the ability of this MTP device to sustain this cell cultivation, with 
neither volume providing sufficient levels of oxygen mass transfer to facilitate such a 
high cell density as was required to induce product formation. Because it was not 
feasible to further decrease the culture fill volume (due to evaporation issues and 
sampling requirements), as part of batch four a different MTP was used in an attempt to 
increase the biomass level that could be attained. This device still had 24-wells of the 
same dimensions as the earlier MTP; however, the wells had square bottoms (DSW), in 
an attempt to improve the mass transfer capabilities of the system. In addition to this, 
the MTP was agitated at 1250 rpm -  also known to increase mass transfer capability 
(Kensey et al. 2005).
In Figure 4.12 the effects of these changes in well geometry and agitation rate are 
apparent; the maximum OD6oofor this cultivation was 45, a greater than 400 % increase 
relative to the previous MTP cultivations. Although the DOT trace shows that oxygen 
levels in the system were depleted as with the first MTP used, this depletion occurred at 
a significantly higher biomass level. This cultivation did reach the OD600 levels 
required for magnesium and lactose additions and was therefore induced when the 
OD600 reached 38. However, the data in Figure 4.12 indicate that induction was not 
very successful, as the cell growth did not significantly increase post-induction. 
Furthermore, there was very little lactose utilisation by the culture -  observable by the 
parallel nature of the total lactose addition and lactose concentration data points. 
Nevertheless, some Fab’ was synthesised in this cultivation up to a concentration of 
55 mg L"1. This final concentration was significantly below the product yield obtained 
in the 7 L STR and 25 ml MSBR. Yet it was the most successful miniature cultivation 
apart from the 25 ml MSBR in terms of Fab’ synthesis and demonstrated that the MTP 
was capable of supporting this process, albeit with greatly decreased product yield. 
Although the DOT appeared limited for a considerable time in this cultivation, it was 
impossible to tell whether the weak induction was as a result of this or some other 
factor. Nonetheless, there was some Fab’ produced in this cultivation, whereas in the 
failed 25 ml MSBR batches there was no Fab’ produced. This indicates that there was 
more than one factor responsible for decreased Fab’ production and complete non­
induction; however, no definite conclusions can be drawn without further work to 
investigate the causes of the inconsistent induction observed.
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Figure 4.12: Profile from E. coli Fab’ cultivation in the DSW MTP showing
A) OD600 ■, Fab’ ▲ and DOT — , versus time; and B) glycerol concentration ♦, lactose
concentration o, and total lactose added ---- , versus time. The cultivation was
performed at 2 ml Fill volume with 750 rpm orbital shaking as part of batch 4 (see table 
4.3).
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It can be seen from the collated MTP data that even with square-bottomed well 
geometry and increased agitation, this miniature platform still suffered from oxygen 
limitation. It would be possible in future to reduce the volume of the DSW MTP to 
2 ml; however, this has to be balanced against the need to maintain sufficiently high 
volumes in order to adequately monitor the process through sampling. Although in this 
study 200 pi sample volumes were sufficient due to the use of special inserts inside each 
HPLC vial, this still resulted in multiple wells having to be used for process analysis. 
This partially-sacrificial strategy has been used in other studies (Elmahdi et al. 2003), 
yet it does mean that there is likely to be some performance variation between wells, 
particularly when used with a complex or semi-complex medium, and this often makes 
the resulting composite data less coherent. For example, the OD600 from the cultivation 
performed in the square-bottomed MTP oscillated during the time period 64 -  92 hours, 
due to more than one well being used for the sampling. This could be detrimental if e.g. 
harvest point was based solely on this value. Perhaps the greatest problem with using 
MTPs on a sacrificial basis is that it removes -  to a degree -  the reason for choosing 
them: the degree of HT capability was reduced in this cultivation because more than one 
well was used to generate each profile. Nevertheless, this study has demonstrated that 
an inducible, high-cell-density E. coli strain can be cultivated and monitored with some 
success using 24-well MTPs.
4.2.2.3 Fab’ cultivations in the MBCR
The Fab’ cultivation was performed three times in the MBCR, and was operated at 3 ml 
working volume throughout. This volume was chosen based on the sampling 
requirements and expected rate of evaporation in the columns. As part of batches 1 and 
3, the MBCR was operated with normal composition compressed air as the oxygen 
source. In an attempt to increase the level of oxygen transfer in the columns, the 
MBCR was operated with 40 % oxygen-enriched air as part of batch 4.
The results of the cultivations performed using normal compressed air can be seen in 
Figure 4.14, and show that they reached maximum OD600 levels of 42 and 28.7 
respectively. Although the second cultivation using normal air as the oxygen source
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(from batch 3) had a significantly lower maximum OD600 relative to the first cultivation 
performed under these conditions, this may have been caused by the partially sacrificial 
nature of the cultivation process using this device. Usually between two and three 
columns were used to generate OD600 and HPLC-derived Fab’, glycerol and acetate 
concentration data. This was due to the prototypic nature of the system and meant that 
on occasion a sinter would block, leading to a significantly reduced air input and the 
demise of the culture in that particular column. Because there were no measurements 
made of the volume of gas exiting each column, it is likely that even in sinters that 
appeared to be functioning equally there were significant variations in flowrate that 
went unnoticed. When dealing with such a high-oxygen-demanding organism, 
differences in sinter diffusion rate would have had a considerable effect on the ability of 
columns to support microbial growth, resulting in the noticeable inconsistency in 
performance between ostensibly identical cultivations.
In the two cultivations gassed with normal oxygen-composition air, the final biomass 
decreased by 4% and 11 % respectively, although given the inconsistencies reported in 
the previous paragraph it is difficult to draw firm conclusions from these findings. Of 
far more help is the DOT trace obtained from the second of the MBCR cultivations 
using normal compressed air. This shows that the culture became oxygen-limited after 
40 hours, which compares favourably with both types of MTP used, suggesting that the 
MBCR may be more capable of supporting this process. However, the DOT trace was 
from a single column and it may have been that this was a more permeable sinter than 
most of the others. Again, a lack of reliably consistent sinter performance made 
conclusions difficult to draw. Neither of these cultures was induced. The device 
partially malfunctioned in the first cultivation, with excessive evaporation reducing the 
column volume to a point where sampling became impossible; and in the second 
cultivation the biomass level was insufficient for induction.
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Figure 4.13: Profiles from E. coli Fab’ cultivations in the MBCR showing A) OD600 ■
and OD600 □, D O T  , versus time; and B) glycerol concentration ♦ and glycerol
concentration 0, acetate concentration *, versus time. Both cultivations were performed 
with fill volume 3 ml and used normal-composition air as the primary oxygen source, as 
part of batches 1 & 3 (see table 4.3).
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The oxygen-enriched air MBCR cultivation was run as part of batch four and reached a 
maximum optical density of 57.4, a value only exceeded once at miniature scale, by the 
25 ml MSBR (cf. Fig. 4.9). The results for this cultivation can be seen in Figure 4.14. 
Allowing for uncertainties based on the nature of the sinters used, this result indicates 
that the increased oxygen content of the air had a beneficial effect on the ability of the 
device to support this process. Indeed, the DOT trace shows that the oxygen 
concentration in the liquid rarely decreased below 50 %. The bacterial growth was also 
clearly exponential in this culture. Fab’ expression was induced in this cultivation; 
however, the biomass decreased by more than 50 % post-induction and only 18 ml L' 1 
Fab’ was synthesised. As with the cultivations in the other miniature devices where 
induction failed, there was no clear reason or trend to suggest an explanation for this. 
These experiments indicated that the cultivation of this E. coli strain can be supported 
by the MBCR, provided oxygen-enriched air is used; however, further work would need 
to be done to increase sinter performance and homogeneity across the reactor.
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Figure 4.14: Profile from E. coli Fab’ cultivation in the MBCR showing A) OD600 ■, 
Fab’ A and DOT — , versus time; and B) glycerol concentration ♦, acetate
concentration x, lactose concentration o and total lactose added , versus time. This
cultivation was performed at 3 ml scale as part of batch 4 (see table 4.3), and used 40% 
oxygen-enriched air as the primary oxygen source.
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4.2.2.4 Fab’ cultivations in shake flasks
Two shake flasks were used to grow this strain in an attempt to optimise the process in 
this classical cultivation device. Due to the fact that the flasks were permanently 
agitated on an orbital shaker, it was not possible to use pH and DOT patches for online 
measurement of these parameters. This was because the patches could not be read 
unless the flasks were stationary, which in itself quickly altered the conditions inside the 
flask.
As part of batch 2, a 1 L smooth shake flask was operated at working volume 50 ml 
(5 % of the total volume). In this culture the cells reached a maximum OD600 of 15.9 
after 47.5 hours, with a linear growth profile indicative of oxygen limitation possibly 
leading to mixed respiro-fermentative metabolism (by way of comparison the 25 ml 
MSBR reached a similar biomass level after an average duration of 32 hours). To back 
up this theory, acetate was quantified by HPLC as being 2.7 g L"1 after 33 hours, 
indicating partly non-aerobic growth when using glycerol as the carbon source. The 
culture was not induced as the biomass did not reach a sufficiently high level. In 
stationary phase there was a steady decline in optical density, which suggested that the 
cells were in a slow death phase. From this data it was concluded that the 1 L smooth 
shake flask did not have an adequate oxygen transfer capability to sustain this 
cultivation.
As a result of this failure and in an attempt to increase oxygen transfer, a 2 L baffled 
shake flask was selected for use as part of batch 3, with a working volume of 75 ml 
(3.75 % of the total volume) and orbitally shaken at a more vigorous 400 rpm. The 
maximum OD600 during this cultivation was 29.7, nearly double the biomass able to be 
supported relative to the previous flask, yet still not high enough for the organism to be 
induced. This maximum biomass level was attained at a similar duration as the 
maximum biomass level in the previous flask cultivation, indicating that the growth rate 
in the 75 ml cultivation was substantially higher than in the 50 ml cultivation, with a 
period of exponential growth. However, there was still insufficient oxygen transfer 
capability in the 75 ml vessel, and the biomass started to decrease soon after maximum
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optical density was reached. This second shake flask Fab’ cultivation was also not 
induced.
The results from these cultivations can be seen in Figure 4.15 and illustrate the clear 
performance difference that existed between the two shake flasks. HPLC analysis of 
samples during both shake flask cultivations confirmed that neither one consumed the 
entire carbon source, with 30 % of the glycerol remaining in the 1 L flask and 43 % in 
the 2 L flask. During both shake flask cultivations, pH was controlled by initially 
measuring the pH of an aseptically-removed 1 ml sample and then adding sufficient 
50 % ammonia to the flasks so as to re-neutralise the cultures.
It was evident from this set of cultivations that neither shake flask was close to 
sustaining this process, due to inadequate oxygen transfer inside the vessels. It may be 
possible to further optimise the conditions to allow biomass growth sufficient for 
induction and product synthesis. Although such options were not explored in this study, 
they might include reducing the volume in the flask yet further, increasing orbital 
shaking velocity and reducing the cultivation temperature so as to decrease the bacterial 
growth rate.
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Figure 4.15: Profiles from E. coli Fab’ cultivations in the shake flasks showing
A) O D 60o ■ and OD600 □, versus time; and B) glycerol concentration ♦, acetate 
concentration x, and glycerol concentration 0, versus time. Cultivations were performed 
at 50 ml scale in the 1 L shake flask and 75 ml scale in the 2 L shake flask. The 1 L 
shake flask cultivation was carried out with 250 rpm orbital shaking as part of batch 2 
and the 2 L shake flask cultivation was carried out with 400 rpm orbital shaking as part 
of batch 3 (see table 4.3).
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4.2.3 Conclusions
This chapter has described the experiments performed to cultivate two different E. coli 
strains in a variety of miniature bioreactor platforms. In both cases, a conventional 7 L 
STR was used to compare the performance of the MBRs.
For the E. coli plasmid cultivation, the 10 ml MSBR was used alongside the 7 L STR 
and demonstrated that it could quantitatively mimic the performance of the larger-scale 
bioreactor when the process was scaled down on the basis of equal specific power input. 
Under two sets of conditions designed to produce an oxygen-rich and oxygen-limited 
environment, the 10 ml MSBR produced equal amounts of biomass and plasmid DNA 
and had similar DOT profiles to the 7 L STR. While the 10 ml MSBR was not 
automated, and required significantly more attention than the 7 L STR, it did prove its 
efficacy at reliably performing this cultivation.
For the E. coli Fab’ cultivation process, the 25 ml MSBR, MBCR, two types of 24-well 
MTP and two types of shake flask had their ability to sustain a high cell density, fast- 
growing, high oxygen consuming bioprocess assessed relative to the 7 L STR. An 
added complication with this bioprocess was that the induction procedure had not been 
optimised at large-scale, with a fellow researcher working on this process at UCL 
reporting similar problems in achieving reliable induction of the organism to synthesise 
Fab’ (personal communication with Andrew Tustian, Dept. Biochemical Engineering, 
UCL). The fact that induction was unreliable in hitherto successfully grown cultures at 
conventional 7 L scale indicated that the problem was not unique to miniature scale 
cultivations, and was more likely to be due to an expression fault in the recombinant 
organism used in this study.
The organism was successfully cultivated in the 7 L bioreactor, both in terms of meeting 
the target for optical density, and also for Fab’ induction. However, the agitation and 
aeration rates had to be increased to their maximum levels in order to prevent prolonged 
oxygen limitation. Despite these short periods of oxygen limitation, the cultivation was 
induced and produced 700 mg L ' 1 of Fab’.
149 J.I. Betts 2006
The cultivations at miniature scale were performed in four batches, with each batch 
sharing a common seed culture, and using the same lot of growth medium. Apart from 
the 25 ml MSBR, most of the cultivations in the other miniature devices either failed to 
reach inducible biomass levels, or failed to induce properly.
The 25 ml MSBR was able to cultivate the organism to the same optimum OD600 as at 
large scale for both agitation rates investigated. The DOT traces for all cultivations in 
this vessel established that oxygen wasn’t limited for a sustained period of time at either 
agitation rate. The first two cultivations were not successfully induced; however, both 
subsequent cultivations were induced and made a significant amount of Fab’ (up to 300 
mg L '1 and 500 mg L '1 respectively). The fact that Fab’ levels were increasing in both 
cultures at the point of harvest (with no visible slowdown in the rate of synthesis) 
indicates that the difference in terms of product yield between these cultivations and the 
cultivation performed in the 7 L STR may have been due to the premature ending of the 
25 ml MSBR processes. It must be acknowledged that in the 7 L vessel, the Fab’ was 
produced more quickly; however, this may have been due to the effects of using 
different medium and inoculum batches, as well as better control available in the 
automated STR. The reasons for the failure of the first two 25 ml MSBR cultivations to 
synthesise Fab’ remain unclear, with no marker such as OD600, pH or glycerol level at 
the point of lactose addition.
The MBCR was operated as part of three batches, and showed some promise by 
facilitating the highest biomass of any MBR outside of the 25 ml MSBR. A small 
amount of Fab’ was also made on one occasion. Although the device required oxygen- 
enriched air to reach a comparable level of biomass as the 25 ml MSBR or 7 L STR, 
this would not preclude the device from being significantly multiplexed due to the small 
size of the columns. However, the variation in sinter pore size led to variable rates of 
oxygen diffusion, and made the performance of the MBCR inconsistent, with columns 
having to be combined on occasion due to spillage of culture broth caused by 
uncontrolled gas diffusion. Another problem associated with this device was that the 
data obtained from sacrificial sampling was not as reliable or informative as data 
obtained from a single bioreactor.
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The 24-well DRW MTP failed to sustain enough biomass to attempt induction, due to 
insufficient mass transfer; however, the same-configuration plate with square-bottomed 
wells demonstrated a marked increase in oxygen transfer capacity and was able to 
support a four-times higher biomass concentration relative to the DRW configuration. 
This cultivation was induced and produced the most Fab’ of any of the MBRs except for 
the 25 ml MSBR, yet although the induction was successful the biomass could not 
increase much beyond OD600 44, probably due to oxygen limitation. This resulted in a 
maximum Fab’ yield an order of magnitude lower than was achieved in the 25 ml 
MSBR.
The shake flask was the least-suited of the miniature devices to this cultivation, with an 
improved flask design still failing to reach a sufficiently high OD600 to be induced. 
Although probably not inherently worse than the MBCR in terms of mass transfer 
efficiency, the device was disadvantaged by not being able to be improved by supplying 
oxygen-enriched air to the culture.
The 25 ml MSBR repeatedly demonstrated that there was no deficiency in performance 
between it and the 7 L bioreactor in terms of ability to sustain high biomass 
concentrations. Furthermore, it became clear that oxygen transfer was of critical 
importance to the E. coli Fab’ cultivations, with the 25 ml MSBR being the only 
miniature device that appeared capable of supporting fully-oxygenated cell growth. 
Indeed, even the 7 L STR required enriched-air to be sparged into the vessel in order to 
overcome oxygen transfer limitations. However, another important factor was the 
degree of automated control of the process, with the 25 ml MSBR being significantly 
more labour-intensive than the 7 L STR due to the reliance on manual pH control. In 
this regard, all of the miniature systems were significantly outperformed by the 7 L STR 
and it would not be feasible to perform this process on a long-term regular basis in any 
of the MBRs in their current state.
The ability to control pH in an MBR for a multiple-day cultivation has recently been 
demonstrated (Elmahdi et al. 2003) using an automated miniature pH probe and liquid 
addition system. Although not implemented in this study, there is no practical reason 
why similar technology could not be integrated into the 25 ml MSBR for future 
cultivations. This would significantly improve the control of the process, as well as
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drastically decreasing the labour intensity. Although there was also no DOT control 
system in the 25 ml MSBR, the inherently high OTR in the 25 ml MSBR meant that the 
cultures in that vessel were less likely to experience oxygen limitation than they were to 
deviate from optimum pH. A positive outcome of this study was the pleasing way in 
which the optical patches for DOT and pH demonstrated excellent robustness over 100 
hours of continuous operation.
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Chapter 5: Cultivations of Saccharopolyspora erythraea 
at laboratory and miniature scale
In this chapter the ability of three different miniature bioreactor systems and 
conventional shake flasks to cultivate the filamentous bacterium S. erythraea was 
investigated, and their performance was compared with that of a laboratory-scale STR. 
This organism was chosen due to the different challenges cultivating it imposed on the 
miniature systems, being markedly different in nature to the E. coli processes 
investigated in the preceding chapter. Because S. erythraea is a filamentous organism, 
with cultures often consisting of dense webs of mycelia, the viscosity of such cultures is 
known to increase as hyphae extend in length and biomass levels increases (Heydarian 
1998). This can lead to significantly higher viscosities in such cultures relative to non- 
filamentous organisms. It has been reported by Heydarian (1998) that the viscosity of 
STR cultures containing this microbe increases as a function of time, and that the effect 
is greater the lower the agitation rate, so providing the non-mechanically-agitated 
miniature systems with a different challenge than those posed by the E. coli Fab’ 
process (i.e. how to maintain effective mixing in the face of increasing culture 
viscosity).
Furthermore, the fact that this organism produces mycelia with hyphae many tens of 
microns in length meant that it was susceptible to shear in mechanically-agitated 
bioreactors, with hyphae reported as being similar in size to the Kolmogorov microscale 
of turbulence (k) in a 7 L STR similar to the one used in this study over a range of 
impeller speeds (Heydarian 1998). Bushell et al. (1997) reported that S. erythraea 
produced significantly less erythromycin if the hyphae were fewer than 80 - 90 microns 
in length. Therefore, this organism had to be cultivated under conditions that would not 
expose cultures to sufficiently high shear forces so as to decrease X to a point where 
turbulent disruption could shear hyphae and shorten them to below this apparently 
critical dimension for product formation.
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5.1 S. erythraea cultivations in the 7 L STR
The 7 L STR detailed in section 2.2.1 was again used as the conventional-scale control 
with which to compare the performance of the miniature systems. Two cultivations 
were performed, under identical conditions of N = 500 rpm and Q = 0.5 VVM. This 
agitation rate resulted in an impeller tip speed of 1 . 6  m s ' 1 (and with X = 2 1 0  pm), 
significantly below the 3.2 m s' 1 quoted by Junker (2004) as a rule of thumb figure 
above which shear damage is likely to occur for filamentous organisms. The 
cultivations were performed in accordance with the method described in section 2 .8 .
5.1.1 Effect of culture conditions on growth and product
formation
Replicate cultivations were performed in order to confirm the reproducibility of the 
process using this method and growth medium. DOT was not under feedback-loop 
control in either cultivation, and reached a minimum of 75 % and 73 % respectively 
during cell growth. Both cultivations had similar growth rates, and entered stationary 
phase after 45 hours of growth (see Figures 5.1 and 5.2). There was a high degree of 
consistency between the cultivations, with maximum dry cell weight and product titre 
being 8.9 & 8.7 g L~' and 164 & 147 mg L 1 respectively. This and other data can be 
seen in table 5.1.
Table 5.1: Key data from replicate 7 L S. erythraea cultivations
Param eter 7 L 01 7 L 02
Maximum dry cell weight (g L '1) 8.9 ± 0 .2 8.7 ±0.2
Final dry cell weight (g L’1) 8.5 ± 0 .2 8 . 2  ± 0 . 2
Maximum erythromycin titre (mg L '1) 164 147
Final specific erythromycin conc. (mg gD C W 1) 15.9 15.1
Minimum DOT (%) 75 77
Maximum OUR (mmol L' 1 h '1) 26.2 25.9
Maximum CER (mmol L ' 1 h '1) 19.7 16.4
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In both cultures, there was only a slight decrease in biomass after the end of exponential 
growth until the end of the cultivations. This small degree of depletion was useful 
confirmation that the 7 L STR provided sufficient oxygen and effective mixing for the 
cells to survive in the bioreactor after exponential growth, and maximise their antibiotic 
production in the stationary phase (see Figures 5.1 & 5.2). If conditions had been 
limiting, either through dissolved oxygen depletion or insufficient mixing (leading to 
build up of toxins and/or heterogeneous pH conditions), then biomass could have been 
expected to decrease once the culture entered stationary phase. Indeed, Elmahdi et al. 
(2003) demonstrated this when they reported that the biomass decrease during 
stationary phase was greater for non-pH-controlled cultivations than for fully-pH- 
controlled cultivations. Although nutrient depletion would have caused some lytic 
biomass reduction regardless of culture conditions, this decline would have been 
accelerated if sub-optimal conditions were present in the bioreactor.
Final specific erythromycin concentrations in the two 7 L cultivations were 15.9 mg 
gDCW ' 1 and 15.1 mg gDCW ' 1 respectively, which indicated that despite being grown 
using complex medium components, the cultures were reproducible in this respect. Off- 
gas data from the two 7 L cultivations can be seen in Figure 5.3 and show how OUR 
reached a maximum of 26 & 25.5 mmol L ' 1 h 1 in the 7L01 and 7L02 cultivations 
respectively, while CER reached a peak of 19.5 & 16.2 mmol L ' 1 h' 1 in the two 
cultivations. While not analysed in any of the miniature systems, this off-gas data 
corroborated the robust and reproducible nature of the cultivation when performed in 
the 7 L STR and meant that any MBR that could successfully cultivate this organism 
should be capable of consistent performance; any significant deviation between 
replicate cultivations would point to a limitation of that device, and not the cultivation 
process.
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Figure 5.1: Profiles from 7L01 S. erythraea cultivation showing A) biomass and
erythromycin -A-,  versus time; and B) glucose and D O T  , versus time under
conditions of N = 500 rpm and Q = 0.5 VVM (see table 5.1).
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Figure 5.2: Profiles from 7L02 S. erythraea cultivation showing A) biomass and
erythromycin -A-,  versus time; and B) glucose and D O T  , versus time under
conditions of N = 500 rpm and Q = 0.5 VVM (see table 5.1).
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Figure 5.2: Profiles from 7L02 S. erythraea cultivation showing A) biomass and
erythromycin -A-,  versus time; and B) glucose and D O T  , versus time under
conditions of N = 500 rpm and Q = 0.5 VVM (see table 5.1).
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Figure 5.3: Off-gas analysis profiles from the two S. erythraea cultivations at 7 L scale
(7L01 and 7L02) showing OUR — and C E R  versus time under conditions of N =
500 rpm and Q = 0.5 VVM (see table 5.1).
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5.1.2 Effect of culture conditions on morphology
The morphological analysis of samples taken from both 7 L STR cultivations showed 
no evidence of mycelial shear caused by excessive turbulent forces. On the contrary, 
the organism adopted a dense, lattice-like morphological configuration in both 
cultivations, with no pelleted growth evident. This indicates a lack of shear damage, as 
in the event of such damage pellets are often formed.
It can be seen from Figure 5.4 that the culture was of a dispersed mycelial form, and did 
not suffer any contamination. This was not surprising given the reliable nature of the 
standard 7 L STR used in the study. A notable feature of Figure 5.4 is that all three 
images look similar in terms of apparent biomass. This is in line with off-line biomass 
data, which shows that no significant cell growth occurred after the 43 h biomass 
sample. Furthermore, there were neither hyphal fragments nor cell debris apparent in 
either of the images, indicating a lack of shear damage due to turbulent disruption.
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Figure 5.4: Photographs taken under microscopy of S. erythraea mycelia after 43 h, 70 
h and 96 h in the 7L02 cultivation agitated at N = 800 rpm. Images were taken under 
lOOx magnification and samples were diluted 1 in 10 with water prior to fixing onto the 
slide. Scale, (--------- ) = 100 pm.
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5.1.3 Shear test of 7 L STR culture samples in the 25 ml MSBR
To evaluate the effect of shear in the 25 MSBR relative to the conventional 7 L 
bioreactor, the 25 ml MSBR (hitherto unused in conjunction with this microbe) was 
filled to 18 ml working volume with 43 h duration samples from the 7L01 cultivation 
(performed at N = 500rpm, giving a tip speed of 1.6 m s'1), with each sample then 
agitated for a period of one hour. Photographs were taken of each sample after it had 
been processed in the 25 ml MSBR to identify any detrimental shear effects caused by 
the miniature bioreactor’s higher impeller speeds. Images of these 7L01 culture 
samples agitated in the 25 ml MSBR at impeller speeds of 2000 rpm and 6000 rpm 
(producing tip speeds in the 25 ml MSBR of 0.9 ms' 1 and 2.7 ms ' 1 respectively) can be 
seen in Figure 5.5.
As Figure 5.5 C suggests, there were some signs of turbulent breakage in the culture 
after 60 minutes at N = 6000 rpm in the 25 ml MSBR -  signs that were not present in 
the sample agitated at N = 2000 rpm (see Figure 5.5 B). This indicated that conditions 
could be created in the 25 ml MSBR which might have a detrimental effect on the 
morphology of this organism, which may then translate into reduced product yield. 
Furthermore, the shear test only exposed the cells to conditions in the 25 ml MSBR for 
a period of one hour. It could be expected that prolonged exposure (i.e. over the course 
of an entire cultivation process) might accentuate any disadvantageous shear-associated 
effects observable during the shear test.
This result was an important consideration when setting the initial cultivation conditions 
in the 25 ml MSBR, and indicated that the agitation rates chosen in the 25 ml MSBR 
had to be significantly lower than N = 6000 rpm.
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Figure 5.5: Photographs taken under microscopy of S. erythraea mycelia from the 7 L 
STR A) after 43 h; B) after shear test of the 43 h 7 L culture in the 25 ml MSBR at 2000 
rpm; and C) after shear test of the 43 h 7 L culture in the 25 ml MSBR at N = 6000 rpm. 
Images taken under lOOx magnification and samples were diluted 1 in 10 with water 
prior to fixing onto the slide. Shear test lasted 60 minutes. Scale, (----------) = 100 pm.
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5.2 Sensitivity analysis of biomass and erythromycin
quantification assays
The use of existing biomass and erythromycin assays was not feasible at miniature scale 
due to the small volumes inherently found in such devices. For example, during the 7 L 
cultivation 1 0  ml process fluid was used for each biomass assay -  a volume that only 
the shake flask and 25 ml MSBR could have provided (and in the case of the 25 ml 
MSBR, only as an end of cultivation sample). Consequently, an experiment was 
performed to assess the effect of sample volume on the accuracy of the resulting 
biomass measurement, in an attempt to maximise the offline data that could be obtained.
A sample from the 7L01 cultivation was used as the starting point for all DCW assays 
in this experiment. Sample volumes ranging from 10 ml to 0.1 ml were assayed for 
biomass as described in section 2.8.4. The results of this experiment are shown in 
Figure 5.6.
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Figure 5.6: The effect of sample volume on the reproducibility and error of DCW 
assays, performed using 7L01 cultivation samples.
Samples were assayed in triplicate for 10 ml, 5 ml and 2 ml volumes. For 1.0 ml, 
0.5 ml and 0.1 ml samples, five assays were performed per sample volume to more
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accurately gauge the expected increase in error. Table 5.2 lists the percentage error for 
each of the sample volumes investigated and confirms that the magnitude of error was 
no greater at 1 . 0  ml sample volume than at 1 0 . 0  ml sample volume, only increasing for 
the 0 . 5  ml and 0 . 1  ml sample volumes, with the degree of error for this final volume an 
order of magnitude larger than for all sample volumes greater than 1.0 ml. Given that 
the objective of this experiment was to balance the need to minimise sample volume in 
the MBRs with the need to assay DCW accurately, it was clear that 1.0 ml was the 
optimum sample volume.
Table 5.2: Biomass assay sensitivity analysis showing average deviation from the mean 
value for each sample size.
Sample Volume 
(ml)
Number of 
samples
Mean biomass 
g L 1
Error 
+ %
1 0 . 0 3 8.14 0 . 2 0
5.0 3 8.42 0.08
2 . 0 3 9.03 0 . 2 2
1 . 0 5 8 . 0 2 0 . 2 2
0.5 5 7.76 0.64
0 . 1 5 1 0 2
Erythromycin concentration in the cultures was determined using HPLC, as described in 
section 2.8.4. Prior to chromatographic analysis, the method described by Heydarian 
(1998) was chosen for concentrating the samples using bond elut C l 8  cartridges, in 
order to amplify the erythromycin peak and thereby increase the accuracy of the HPLC 
analysis. However, due to small process volumes this approach was not feasible when 
using the miniature bioreactor systems. Instead, the ability of the HPLC method to 
accurately quantify erythromycin without concentrating samples was investigated. This 
was realised by taking samples from the laboratory-scale 7L01 S. erythraea cultivations 
and twice assaying each sample for erythromycin concentration, using concentrated and 
un-concentrated supernatant samples respectively. The results of this experiment are 
shown in Figure 5.7 and confirm that there was little significant difference in the HPLC-
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derived results between samples concentrated ten-fold and those that weren’t 
concentrated, although the lower limit of detection for product concentration was 
increased as a result of having less erythromycin in each sample.
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Figure 5.7: Parity plot comparing the apparent erythromycin concentration in a single 
set of culture samples when assayed as non-concentrated and concentrated samples.
This was a significant result as it meant that S. erythraea cultivations from all miniature 
bioreactors could be assayed using 100 pi sample volumes, in conjunction with HPLC 
vial inserts. The ability to accurately quantify biomass and erythromycin throughout the 
bioprocess, by demonstrating that the existing assays could still give accurate results 
when using substantially smaller sample volumes, significantly increased the 
information available from the miniature scale cultivations. An inability to assay the 
un-concentrated samples would have meant that erythromycin could only have been 
assayed at the end of the process (with regards to the 25 ml MSBR) or on a sacrificial 
basis (with regards to the MTP and MBCR). In this case, the only miniature platform 
able to be satisfactorily assayed for erythromycin would have been the conventional 
shake flask.
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5.3 S. erythraea cultivations at miniature scale
Cultivations were carried out in three different systems at miniature scale (i.e. 25 ml 
MSBR, MBCR and 24-well MTP) and in a 2 L baffled shake flask. All cultivations at 
miniature scale using this organism were performed according to the method described 
in section 2 .8 , with an inoculation volume of 1 0  % for all miniature platforms.
In order to maximise the number of cultivations able to be performed at miniature scale, 
six batches were performed. Each batch of miniature-scale cultivations comprised one 
or more of the MBRs, with each device utilising the same inoculum culture and 
identical growth medium. Although the medium was complex, all cultivations in this 
study were performed using the same ingredient batches. Therefore, the variety between 
cultivations in the same batch could be attributed to the conditions found in each MBR 
rather than medium and/or inoculum inconsistencies.
Table 5.3 details the MBRs used to cultivate S. erythraea in each batch, along with the 
key data from each experiment. Operating conditions for the cultivations varied over a 
wide range depending on the device, and were modified as the series of batches 
progressed in an attempt to optimise the ability of each miniature bioreactor to support 
this bioprocess.
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Table 5.3: Details of devices and operating conditions used in each miniature-scale 
S. erythraea batch together with key data from each cultivation.
Batch
M BR
platforms
used
Conditions
M ax
DCW
(g L-‘)
Final
DCW
(g L  ‘)
B iom ass
decrease
(%)
M ax yield  
(m g L '1)
Final specific  
yield  
(m g gDCW  ')
1
25 ml 
M SBR
18 ml 
3500  rpm 
0 .5  VVM
7.2 4 .9 31.9 35 5
MTP
3 ml 
750  rpm
7.8 4 .8 38.5 72 13
M BCR
3 ml 
Aerated
7.1 3 .9 45.1 20 5
2 L S F
100 ml 
200  rpm
8.4 8 .4 0 147 17.5
2
25 ml 
M SBR
18 ml 
1700 rpm 
0.5 VVM
8.1 8.1 0 112 14
3 25 ml M SBR
18m l 
2300  rpm 
0.5 VVM
7.8 6 .6 15.4 136 19
4
25 ml 
M SBR
18 ml 
2300  rpm 
0.5 VVM
8.9 7.7 13.5 160 26
2 L S F
100 ml 
200  rpm
8.6 6.9 19.8 149 22
5
25 ml 
M SBR
18 m l  
270 0  rpm 
0.5  VVM
9.7 9 7.2 197 22
M TP
3 ml 
750  rpm
8.6 7.1 17.4 123 17
6
25 ml 
M SB R
18m l  
2700  rpm 
0.5 VVM
7.8 6 .9 11.5 178 26
MTP
2 ml 
750  rpm 8.5 7.7
9 .4 116 15
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5.3.1 25 ml MSBR S. erythraea cultivation
The 25 ml MSBR was operated with four different impeller speeds, and with aeration 
kept constant at 0.5 VVM, in order to investigate the effect of agitation rate on 
erythromycin production. The impeller speeds used were 1700 rpm, 2300 rpm (twice), 
2750 rpm (twice) and 3500 rpm.
A key feature of this cultivation was that this microbe forms hyphae that are sufficiently 
long to leave it potentially vulnerable to turbulent disruption. While not a problem in 
the non-mechanically-agitated miniature systems, this characteristic was a consideration 
when deciding on cultivation conditions in the 25 ml MSBR. The fact that the 25 ml 
MSBR required agitation rates up to an order of magnitude higher than the 7 L STR to 
generate the same equal specific power input (cf. Figures 3.4 & 3.5), due to the lower 
power number of the miniature impellers, meant that detrimental shear effects could 
have been exacerbated at miniature scale, as X is inversely proportional to impeller 
speed (amongst other factors). As can be seen in section 5.1.3, there was an indication 
that this microbe would be susceptible to turbulent disruption in the 25 ml MSBR; 
therefore, given the fact that this was not considered to be an oxygen-intensive 
cultivation, power input was not thought to be a critical criterion regarding the viability 
of the culture.
Instead, the process was initially scaled down to the 25 ml MSBR on the basis of equal 
tip speed, to minimise the risk of mechanically-induced shear damage, with N = 3500 
rpm in the 25 ml MSBR giving the same tip speed of 1.6 m s’ 1 as the 7 L STR agitated 
at N = 500 rpm. This illustrates how the MSBR impellers had to be rotated significantly 
more quickly than the 7 L STR in order to generate equal tip speeds.
5.3.1.1 Effect of culture conditions on growth and product
formation
Figures 5.8 -  5.11 detail the cultivation profiles (showing biomass, erythromycin yield 
and DOT) at each agitation rate as a function of time for the six 25 ml MSBR 
cultivations performed.
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Figure 5.8: Profiles from S. erythraea cultivation in the 25 ml MSBR showing A) 
biomass and erythromycin -A-,  versus time; and B) glucose and DOT — , 
versus time, performed at agitation rate N = 1700 rpm and aeration rate Q = 0.5 VVM 
(see table 5.3).
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Figure 5.9: Profiles from replicate S. erythraea cultivations in the 25 ml MSBR
showing A) biomass erythromycin -A- ,  and biomass — erythromycin —A—, 
versus time; and B) glucose — , DOT — , and glucose —o— DOT —, versus time. 
Both cultivations were performed at agitation rate N = 2300 rpm and aeration rate Q = 
0.5 VVM (see table 5.3).
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Figure 5.10: Profiles from replicate 5. erythraea cultivations in the 25 ml MSBR
showing A) biomass erythromycin -A- ,  and biomass erythromycin —A—,
versus time; and B) glucose — , DOT — , and glucose — o— DOT —, versus time. 
Both cultivations were performed at agitation rate N = 2700 rpm and aeration rate Q = 
0.5 VVM (see table 5.3).
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Figure 5.11: Profiles from 5. erythraea cultivation in the 25 ml MSBR showing A) 
biomass and erythromycin -A -, versus time; and B) glucose and DOT — , 
versus time performed at agitation rate N = 3500 rpm and aeration rate Q = 0.5 VVM 
(see table 5.3).
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All six cultivations in the 25 ml MSBR showed signs of exponential growth, suggesting 
that none suffered from oxygen limitation. This was confirmed by the DO traces for 
each culture, which indicated no prolonged periods of cultivation below 20% DOT. 
The DO trace for the cultivation at N = 3500 rpm (cf. Figure 5.11) is incomplete due to 
intermittent technical problems with the probe; however, given that the minimum DOT 
for the N = 2700 rpm cultivations was approximately 50 %, it is highly unlikely that the 
cultivation performed at N = 3500 rpm was oxygen limited during these periods of 
probe failure.
There were clear differences in the maximum biomass levels, the degree of biomass 
depletion after stationary phase and the amount of erythromycin produced in the six 25 
ml MSBR cultivations. The cultivation performed at N = 3500 rpm was the first to be 
carried out in the 25 ml MSBR and proved to be the one most detrimentally affected by 
culture conditions. Maximum biomass was 7.2 g L '1, which was nearly 20 % lower 
than the average maximum biomass from the two cultivations performed at N = 2700 
rpm. The biomass also declined by 31.9 % post-stationary phase, the largest decrease of 
any of the six 25 ml MSBR cultivations performed with this organism. Furthermore, 
there was very little erythromycin produced, with a maximum yield of 35 mg L"1.
As a result of this rather poor performance, the agitation rate for the next cultivation was 
reduced considerably to N = 1700 rpm, giving a tip speed of 0.7 m s '1. This was felt 
feasible due to the relatively low oxygen requirements of the organism. However, this 
culture presented visual evidence of biomass settling at the bottom of the 25 ml MSBR 
as the cultivation time increased. This effect, caused by insufficient mixing in the 
vessel, could have limited oxygen transfer in the settled proportion of the biomass. The 
biomass reached a maximum level of 8.1 g L '1, with no decrease recorded after 
stationary phase. This result appeared to contradict the general trend found in the rest of 
this study, which was that oxygen limited cultures tended to have a larger decrease in 
biomass once in stationary phase than those where dissolved oxygen was adequate to 
support cells in stationary phase.
A plausible explanation is that this result could have been a particular feature of the 
settled culture, which may have resulted in sampling errors in the biomass assay. 
Heydarian (1998) observed that erythromycin production was adversely affected by
173 J.I. Betts 2006
DOT falling below 10 %. Although the part of the culture in which the DO probe tip 
was located was not oxygen limited, it is reasonable to assume that a significant 
percentage of the cells in the settled phase were oxygen limited. In line with this, only a 
moderate amount of erythromycin, 112 mg L '1, was made during the cultivation. 
However, despite the problems of biomass settling, this product yield was significantly 
higher than the cultivation performed at N = 3500 rpm, suggesting that turbulent 
disruption was more damaging to product formation in the 25 ml MSBR than 
insufficient mixing leading to possible oxygen limitation.
Two cultivations were performed at N = 2300 rpm. This agitation rate was observed to 
overcome the previous problem of biomass settling towards the end of the cultivation. 
The maximum biomass in both of these cultures was 7.8 and 8.9 g L 1 respectively. 
Although not higher than the biomass recorded in the cultivation at N = 1700 rpm, these 
data were probably more reliable as the biomass was fully dispersed in theses cultures, 
diminishing the likelihood of erroneous sampling. The decrease in biomass during 
stationary phase for both cultivations agitated at N = 2300 rpm was 15.4 & 13.5 % 
respectively. Although these were both larger decreases than for the cultivation agitated 
at N = 1700 rpm, this could be explained by the potential for inaccuracy when assaying 
for biomass in the N = 1700 rpm cultivation. Although the biomass data did not suggest 
that 2300 rpm was a more suitable impeller speed to use than 1700 rpm, the 
erythromycin data does suggest such a result. Erythromycin production was higher for 
both cultivations performed at N = 2300 rpm than the cultivation at N = 1700 rpm, 
reaching a maximum of 136 mg L' 1 and 160 mg L' 1 respectively.
The final two cultivations in the 25 ml MSBR were performed at N = 2700 rpm, in an 
attempt to assess the effect of increasing the agitation rate still further. It was thought 
that improving mixing efficiency through increased agitation rate (without going as high 
as to incur shear damage) may be beneficial to performance. Significantly, this final 
impeller speed meant that these cultivations were operated at almost equal specific 
gassed power input as the 7 L STR cultivations (800 W m’3 for the 7 L STR and 
approximately 700 W m' 3 for the 25 ml MSBR). These two cultivations achieved 
maximum biomass levels of 9.7 g L' 1 and 7.8 g L ' 1 respectively. Biomass decrease 
through stationary phase for both cultures was only 7.2 % and 11.5 % respectively, 
indicating that both cultures were able to maintain erythromycin production during this
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period. This was borne out by the erythromycin profiles from both cultures, which 
indicated that this was the optimum agitation rate for erythromycin production of the 
three rates tested, with the two cultures’ erythromycin titres reaching a maximum of 197 
& 178 mg L ' 1 respectively. Both cultivations performed at this agitation rate gave the 
highest erythromycin yield of any of the 25 ml MSBR S. erythraea cultivations (and 
indeed the highest erythromycin yields of any of the S. erythraea cultivations performed 
in this study, including those performed in the 7 L STR).
In order to account for the differing amounts of biomass produced in the 25 ml MSBR, 
the specific erythromycin production of the different cultures (in terms of mg gDCW'1) 
was compared. This data can be seen in table 5.3 and shows that all but two of the 
processes performed similarly in terms of specific erythromycin yield, with final 
specific erythromycin concentrations of 19 -  26 mg g ' 1 for the four cultivations at N = 
2300 rpm and N = 2700 rpm. The two cultivations that deviated from this were for 
agitation rates of N = 1700 rpm and N = 3500 rpm, which finished with final specific 
erythromycin titres of 14 and 5 mg g' 1 respectively, a significant decrease in 
productivity.
Figure 5.12A correlates the erythromycin yield in the 25 ml MSBR with impeller speed 
and shows that product yield increased concomitant with agitation rate up to N = 2700 
rpm. The data point from N = 3500 rpm highlights the significant decrease in yield that 
occurred as a result of the agitation rate increasing beyond an apparent threshold in 
terms of shear damage. Figure 5.12B shows the erythromycin and specific 
erythromycin yields from the 25 ml MSBR as a function of percentage decrease of 
biomass during stationary phase. This plot indicates that there was a clear correlation 
for both, with final erythromycin yield and specific erythromycin yield decreasing as a 
greater percentage of biomass was lost during stationary period.
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Figure 5.12: Data showing A) maximum erythromycin yield ■ as a function of impeller 
speed; and B) maximum erythromycin yield A, and specific erythromycin yield A, as a 
function of percentage biomass decrease during stationary phase. All data are from the 
six S. erythraea cultivations performed in the 25 ml MSBR under various agitation 
rates, with Q = 0.5 VVM for all cultivations.
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5.3.1.2 Effect of culture conditions on morphology
As described earlier, agitation rate was the sole operating variable for the 25 ml MSBR 
S. erythraea cultivation: air flowrate, culture temperature and inoculum volume were 
identical in all cultivations. In the five cultivations performed at impeller speeds of 
1700 rpm, 2300 rpm (twice) and 2700 (twice), there was no discemable difference in 
cell morphology -  in spite of differences in biomass decline and erythromycin 
production (see table 5.3). Indeed, the morphology in the majority of 25 ml MSBR 
cultivations was consistent with the morphology observed in the 7 L STR cultivations 
(see Fig. 5.4). This is highlighted in Figures 5.13 -  5.15, which show microscopic 
photographs of these cultures at different times through each cultivation.
At N = 1700 rpm there was visible settling of biomass on the bottom of the 25 ml 
MSBR, caused by insufficient mixing as a result of the low impeller speed; however, 
the lack of homogeneity did not appear to alter the morphology of the organism. 
Agitating the cultivation at impeller speeds of 2300 rpm and 2700 rpm removed the 
problem of biomass settling, yet there was little apparent alteration in the morphology 
of the organism as a result of the higher agitation rates (in terms of hyphal length or 
pellet formation). The erythromycin production was maximised in the 25 ml MSBR at 
N = 2300 rpm and N = 2700 rpm (see table 5.3); therefore, although not visibly 
different to the culture agitated at N = 1700 rpm these impeller speeds were more 
conducive to erythromycin production.
By contrast, for the cultivation agitated at N = 3500 rpm there were clear, adverse 
effects of excessively high agitation rate upon culture morphology. Shearing of the 
mycelia via turbulent disruption was apparent and resulted in progressively shorter 
hyphal lengths as the cultivation proceeded. Figure 5.16 highlights this by capturing 
images of mycelia at different time points. Mid-way through the cultivation the cells 
can be seen to have formed dense pellets instead of the web-like mycelial morphology 
observable in cultivations performed at lower agitation rates. Furthermore, the pellets 
did not trail mycelia, indicating that these were sheared by the turbulent forces in the 25 
ml MSBR.
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Figure 5.13: Photographs taken under microscopy of S. erythraea mycelia after 36 h,
61 h and 85 h in the 25 ml MSBR agitated at N = 1700 rpm. Images were taken under 
lOOx magnification and samples were diluted 1 in 10 with water, prior to fixing onto 
each slide. Scale, (--------- ) = 100 pm.
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Figure 5.14: Photographs taken under microscopy of S. erythraea mycelia after 36 h,
46 h and 84 h in the 25 ml MSBR agitated at N = 2300 rpm. Images were taken under 
lOOx magnification and samples were diluted 1 in 10 with water, prior to fixing onto 
each slide. Scale, (--------- ) = 100 pm.
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Figure 5.15: Photographs taken under microscopy of S. erythraea mycelia after 38 h,
52 h and 98 h in the 25 ml MSBR agitated at N = 2700 rpm. Images were taken under 
lOOx magnification and samples were diluted 1 in 10 with water, prior to fixing onto 
each slide. Scale, (--------- ) = 100 pm.
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Figure 5.16: Photographs taken under microscopy of S. erythraea mycelia after 38 h,
62 h and 110 h in the 25 ml MSBR agitated at N = 3500 rpm. Images were taken under 
lOOx magnification and samples were diluted 1 in 10 with water, prior to fixing onto 
each slide. Scale, (--------- ) = 100 pm.
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5.3.2 Turbulent disruption of mycelia in the 25 ml MSBR and
7 L bioreactor
The effect of turbulent shear forces on mycelial morphology and erythromycin 
production in the 25 ml MSBR and 7 L bioreactor was investigated as part of this study.
5.3.2.1 Determination of k in the 25 ml MSBR and 7 L STR
In order for this study to correlate erythromycin production with turbulent disruption of 
bacteria, the microscale of turbulence in the 25 ml MSBR and 7 L STR at a range of 
impeller speeds was calculated and related to the size of the mycelia observed under 
these conditions.
Ayazi-Shamlou et al. (1994) suggested that turbulent disruption of filamentous 
organisms in stirred tank bioreactors was caused by local velocity gradients, themselves 
caused by a cascade of increasingly-small eddies and turbulent fluctuations brought 
about by power input to the system via impeller actions. A key measure of 
microorganism shear sensitivity is the relationship between the size of the cell and the 
microscale of turbulence. This isotropic theory of turbulence states that if the organism 
is smaller than the energy-dissipation microscale of turbulence, it will move along the 
velocity gradients and be physically unscathed. However, if the cells are of the same 
size or larger than the microscale of turbulence then each cell will have different 
velocity gradients acting upon it at different points along its length, so rendering the 
cells susceptible to damage as different fluid movements pull them in different 
directions.
In order to determine the susceptibility of the cultures under a range of agitation rates, 
the average size of the hyphae under different conditions had to be determined in the 25 
ml MSBR and 7 L STR and then compared with X for that same set of conditions in 
each of the bioreactors. Heydarian (1998) described how the average energy dissipation 
(which is inversely proportional to X) was not constant in all sections of a bioreactor at a 
given agitation rate, with the impeller region having energy dissipation levels ten times 
larger than average, and the bulk liquid having energy dissipation levels five times
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smaller than average. With this in mind, the microscale of turbulence was calculated 
(cf. equation 1.3) in the 25 ml MSBR and 7 L STR for water over a wide range of 
impeller speeds and for the average, impeller and bulk energy dissipation levels, the 
results of which are shown in Figure 5.17. For the calculations of the microscale of 
turbulence, the apparent viscosity of water (0.001 Pa s) was divided by the density 
(1000 kg m'3) to obtain the kinematic viscosity (1 x 10' 6 Pa s for water).
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Figure 5.17: Calculated microscale of turbulence values in the 25 ml MSBR and 7 L
STR for the bulk liquid region —, averaged in the entire v e sse l , and in the
impeller reg ion  respectively. The calculations refer to X in pure water and are
expressed as a function of specific power input.
No direct rheological measurements could be obtained from the 25 ml MSBR cultures 
due to the small cultivation volume of that vessel. The viscometer available required a 
larger volume than the working volume of the 25 ml MSBR for each measurement. 
This meant that the apparent viscosity was unable to be calculated. As a result of this, 
the kinematic viscosities (v) quoted in conjunction with the 25 ml MSBR in the present 
study were based on apparent viscosity values measured by Heydarian (1998). This
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choice was justified by the fact that the growth medium and organism were identical in 
both studies.
As a function of specific power input, the microscale of turbulence was calculated as 
being equal in both bioreactors for solutions of water. This was to be expected as X is a 
function of energy dissipation (proportional to specific power input) and kinematic 
viscosity (identical for water in both vessels).
The apparent viscosity of the cultivation medium used in this study was measured by 
Heydarian (1998), and was used to estimate the kinematic viscosity of the medium 
(1 x 10’5 Pa s at N = 1250 rpm -  an order of magnitude larger than that of water). 
Because of the pseudo-plastic, shear-thinning nature of the S. erythraea cultures, the 
apparent viscosity of the medium inside each stirred bioreactor would have decreased 
with an increase in agitation. This was confirmed by Heydarian (1998) who reported 
stationary-phase apparent viscosities of 0.025 Pa s and 0.01 Pa s for S. erythraea 
cultivations agitated at N = 350 rpm and N = 1250 rpm respectively in a 7 L STR using 
the same growth medium as used in the present study.
The key to understanding turbulent breakage in the 25 ml MSBR at N = 3500 rpm was 
determining that the kinematic viscosity was lower in the 25 ml MSBR than in the 7 L 
STR, due to the significantly higher rotational speeds found in the miniature bioreactor. 
Because the microscale of turbulence is proportional to kinematic viscosity, a lower 
kinematic viscosity in the 25 ml MSBR at N = 3500 rpm than in the 7 L STR at N = 500 
rpm during S. erythraea cultivations would have resulted in the 25 ml MSBR having a 
lower microscale of turbulence. This could have explained the evident susceptibility of 
the 25 ml MSBR culture to turbulent disruption (and also why the 7 L STR displayed no 
evidence of shear damage).
It seems sensible to assume that for the 7 L STR cultivation at N = 500 rpm, the 
apparent viscosity of the medium was similar to the value of 0.025 Pa s reported by 
Heydarian (1998) for a 7 L STR agitated at N = 350 rpm, as the same author reported no 
appreciable difference in flow behaviour between that 7 L STR agitated at N = 350 rpm 
and the same vessel agitated at N = 500 rpm. An apparent viscosity of 0.025 Pa s in the 
7 L STR at N = 500 rpm results in a calculated microscale of turbulence of 210 microns,
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which is too large to have damaged the cells. This was consistent with the 
morphological analysis of the 7 L STR cultivation at N = 500 rpm, which demonstrated 
no evidence of mechanically-induced shear in this culture.
The fact that the 25 ml MSBR cultivation agitated at N = 3500 rpm was detrimentally 
shear-affected, whereas the cultivations agitated at N = 2700 rpm were the most 
productive, suggests that between these two impeller speeds the microscale of 
turbulence decreased below 80 -  90 pm; the range of distances reported by Bushell et 
al. (1997) as being the hyphal diameter below which production of erythromycin was 
severely diminished. Assuming an apparent viscosity of 0.01 Pa s in the 25 ml MSBR 
for both impeller speeds of 2700 rpm and 3500 rpm (which does not seem implausible 
given this was the value measured by Heydarian (1998) in a 7 L STR agitated at N = 
1250 rpm), the microscale of turbulence was calculated as being 110 pm and 90 pm for 
the cultivations agitated at N = 2700 rpm and N = 3500 rpm respectively. This would 
then make the results from these 25 ml MSBR cultivations consistent with Bushell’s 
finding (1997), and could explain why the cultivation agitated at N = 3500 rpm 
produced very little erythromycin and why the cultivations agitated at N = 2700 rpm 
were the most productive.
Heydarian (1998) reported that many factors influence the rheology of filamentous 
cultures, with the non-Newtonian behaviour of the cultivation medium being affected 
by the extent of biomass growth and the morphology of this biomass. The same author 
also stated that despite much effort there is a dearth of useful correlations relating broth 
rheology, biomass and morphology, due to the large number of parameters that affect 
rheology. These include pH, DOT and mixing profiles in the culture as well as the 
geometry of the bioreactor (Heydarian 1998). Given the very different scales of the 
bioreactors being compared, it is not surprising that it was difficult to predict the 
apparent viscosity of the cultures in the 25 ml MSBR using data obtained at 7 L scale.
5.3.2.2 Image analysis of samples from the 25 ml MSBR
In addition to providing biomass and erythromycin data, off-line samples from the 25 
ml MSBR S. erythraea cultivations were analysed by microscopy and the mean main
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hyphal length (MMHL, referring to the diameter of an imaginary circle required to 
encapsulate each of the hyphae) was determined in each sample by measuring the major 
axis of a random selection of hyphae, according to the method described in section 
2.8.4. Figure 5.18 illustrates the results of this image analysis and shows how MMHL 
decreased with increasing specific gassed power input (proportional to agitation rate) in 
the 25 ml MSBR, with a 75 % decrease in MMHL from N = 2300 rpm to N = 3500 
rpm.
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Figure 5.18: MMHL of hyphae measured in 25 ml MSBR cultivations agitated at N = 
1700 rpm, N = 2300 rpm, N = 2700 rpm and N = 3500 rpm.
The average number of measurements for each agitation rate was 55, which meant that 
although this method was inferior to e.g. an electronic automated image analysis 
program, it is the view of the author that each data point was constructed from sufficient 
measurements to have a degree of confidence in these results. Table 5.3 highlights how 
this altered morphology affected final erythromycin yield and shows that below a 
certain tip length, S. erythraea did not produce significant quantities of erythromycin.
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5.3.3 Microtitre plate S. erythraea cultivation
All three cultivations in the deep square well, round-bottomed 24-well MTP were 
performed at an orbital shaking rate of 750 rpm. The first two cultivations utilised fill 
volumes of 3 ml; however, in an attempt to improve oxygen transfer and mixing 
efficiency, the final cultivation was performed using 2 ml fill volume. The reasons for 
doing this are the same as those explained in section 4.2.2.2, and were an attempt to 
increase mixing and oxygen transfer efficiency.
5.3.3.1 Effect of culture conditions on growth and product
formation
It can be seen from Figure 5.19 that the two cultivations at 3 ml process volume had 
comparable kinetics up to the end of cell growth, reaching a maximum biomass yield of 
7.8 g L ' 1 and 8 . 6  g L ' 1 respectively, with biomass decreases of 38.5 & 17.4 % 
respectively. The larger decrease in biomass in the first cultivation suggests that this 
culture was limited to a greater extent than the second, either in terms of DOT or 
mixing. Unfortunately, DOT was only recorded in the second of the 3 ml cultivations 
due to technical difficulties, but the trace does illustrate how oxygen was limited under 
these conditions from approximately 30 hours to 90 hours duration. This period of 
oxygen starvation could be responsible for the decreased biomass obtained from this 
first cultivation. However, this does not explain the superior performance of the second 
MTP cultivation due to the fact that there were no procedural differences between the 
two cultivations.
Given the sacrificial nature of sampling in this platform, the apparent inconsistency 
could have been due to heterogeneous well conditions across the plate, itself caused by 
the fact that the sampling strategy was not standardised to incorporate the same wells at 
the same time points in all MTP cultivations.
Maximum erythromycin yields of 72mg L ' 1 and 123 mg L ' 1 for the cultivations with the 
largest and smallest biomass decreases respectively were obtained. The final specific 
erythromycin concentration of each culture was 11 mg gDCW"1 and 17 mg gDCW ' 1 for
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the less and more productive culture respectively. These data indicate that (as described 
for the 25 ml MSBR in Figure 5.12) both the final erythromycin yield and specific 
erythromycin yield were inversely proportional to the degree of biomass decrease post- 
stationary phase.
Figure 5.20 illustrates the results of the MTP cultivation performed at 2 ml volume 
when a maximum biomass yield of 8.5 g L"1 was achieved after 62.5 h growth and 
declined by only 9 % to 7.7 g L ' 1 from this point until the end of the experiment. The 
erythromycin yield peaked at 116 mg L"1, giving a final specific erythromycin yield of 
15 mg gDCW 1. The DOT trace confirms that the decreased culture volume had a 
positive effect on oxygen transfer, with DOT remaining above 20 % for the duration of 
the cultivation, which is consistent with the lower biomass decrease observed in the 
stationary phase. However, although higher than the less productive of the 3 ml 
cultivations, the final specific erythromycin yield was not as high as the more 
productive of the 3 ml cultivations. Again, because of the sampling methods, it is 
difficult to ascertain the accuracy of this result.
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Figure 5.19: Profiles from replicate S. erythraea cultivations in the 24-well MTP
showing A) biomass erythromycin -A-,  and biomass — , erythromycin —A—, 
versus time; and B) glucose — , and glucose —o— DOT — versus time. Both 
cultivations were performed at orbital agitation rate of 750 rpm and with 3 ml fill 
volume (see table 5.3).
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Figure 5.20: Profiles from 5. erythraea cultivation in the 24-well MTP showing A) 
biomass and erythromycin -A -, versus time; and B) glucose and DOT — , 
versus time, performed at orbital agitation rate of 750 rpm and with 2 ml fill volume 
(see table 5.3).
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5.3.3.2 Effect of culture conditions on morphology
Mycelial morphology in the MTP did not appear to be adversely affected by culture 
conditions. Figure 5.21 shows two images from the 3 ml cultivations, and one from the 
2  ml cultivation; these images indicate that the two culture volumes produced mycelia 
of visually-similar morphology, with no evidence of pellet formation, and no alteration 
in morphology over the duration of each of the cultivations. This was perhaps not 
unexpected due to the fact that this miniature device did not have any direct mechanical 
agitation; therefore one would not have expected any shear damage through turbulent 
disruption of cells.
Notwithstanding the microscopic analysis performed, it was impossible to correlate 
visible biomass with off-line biomass data. Furthermore, the least productive culture 
did not present any unique morphological features in the samples analysed (such as 
background contamination) that could explain the lowered erythromycin yield in that 
culture.
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Figure 5.21: Photographs taken under microscopy of S. erythraea mycelia from MTP
cultivations A) after 15 h in a 3 ml cultivation; B) after 98 h in a 3 ml cultivation; C) 
after 38 h in a 2 ml cultivation. Images were taken under lOOx magnification and
samples were diluted 1 in 10 with water, prior to fixing onto each slide. Scale, (--------- )
= 1 0 0  pm.
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5.3.4 MBCR 5. erythraea cultivation
Only one S. erythraea cultivation was performed in the 12-column MBCR for the 
reason that mixing inefficiency, caused by the increased viscosity in the system over 
time, made the cultivation unfeasible in this system. The culture was run with each 
column filled to 3 ml and fed with compressed air.
5.3.4.1 Effect of culture conditions on biomass and productivity
The growth profile from the MBCR S. erythraea cultivation can be seen in Figure 5.22. 
Although all twelve columns were filled with medium and inoculated, the sacrificial 
sampling (coupled with further equipment problems, described below) meant that only a 
single, composite profile was obtained. Biomass reached a maximum of 7.1 g L' 1 after 
23.5 h growth; however, it quickly decreased to 3.9 g I f 1 (i.e. a decrease of 45 %) after 
62 h. Consequently the final erythromycin yield was only 20 mg L '1, with a final 
specific yield of 5 mg gDCW'1. This specific yield was lower by a factor of three than 
the specific yield obtained in the shaken MTP system, with several factors thought to 
contribute towards this. There was too little volume remaining in the sole column still 
in operation at the end of the cultivation for a 1 . 0  ml sample to be removed for biomass 
sampling; as a result, the final biomass result was from 62 h duration. However, there 
was sufficient volume in the column at the end of the cultivation to assay for 
erythromycin. Therefore, the final specific erythromycin titre (taken from the 96 h 
erythromycin assay) was calculated using this 62 h final biomass data point, meaning 
that the final specific erythromycin value may be artificially low, as the biomass was 
decreasing at the time of the 62 h biomass sample.
Although the MBCR performed well during the initial stages of the cultivation, there 
were clear signs of oxygen limitation as the culture progressed (such as decreasing 
biomass in stationary phase), as a result of inadequate mixing due to increased culture 
viscosity. This was primarily because the system had no agitation and relied upon air 
sparging for mass transfer; unlike the MTP and shake flask, there was no shaking of the 
platform to stimulate fluid mixing. Therefore, as the cultivation proceeded, the 
increased viscosity and high coalescence in the system meant that the sparged air
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bubbles increased in diameter as they progressed up the columns, severely decreasing 
the surface area available for oxygen transfer. Moreover, the increased viscosity meant 
that these larger bubbles were not diffusing towards the edge of the columns, further 
decreasing mixing efficiency in the system. Furthermore, evaporation of the well 
contents, although reduced by the use of plastic caps (but which could not be fixed flush 
in order to permit gas to exhaust from the system), meant that over the course of the 
cultivation significant amounts of process fluid were lost. In addition, and as described 
in the previous chapter, the erratic and heterogeneous nature of the sinters used in the 1 2  
columns meant that gas diffusion rates were not consistent, resulting in oxygen 
limitation in some columns and excessive-diffusion-associated culture spillage in 
others. The degree of error inherent when using sacrificial sampling to produce 
cultivation profiles was therefore exacerbated by the heterogeneity of the cultures across 
the bioreactor.
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Figure 5.22: Profiles from the S. erythraea cultivation in the MBCR showing A)
biomass and erythromycin -A-, versus time; and B) glucose versus time, 
performed with a fill volume of 3ml for each column (see table 5.3).
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5.3.4.2 Effect of culture conditions on morphology
Microscopic analysis from 15 h, 24 h and 38 h duration samples is shown in Figure 5.23 
and supports the biomass data that showed that the culture initially grew rapidly, with 
dense agglomerations of hyphae present from 15 h and seemingly increasing in size up 
to 24 h. There was no evidence of shear -  as with the MTP not surprising given the 
lack of mechanical agitation -  and the cells had a hyphal morphology, with no evidence 
of pelleted growth.
The final image after 38 h of cultivation appears to indicate significantly lower biomass 
in the culture; however, this is not consistent with the off-line biomass data, which 
shows that at this time point the culture biomass was only marginally lower than the 
maximum value. It is probable that heterogeneity in the biomass distribution (due to the 
lack of mechanical mixing) was the cause for this inconsistency between off-line assay 
data and directly-viewed samples. This would also account for the fact that mycelial 
density observable after 15 h and 24 h was apparently greater than images for 
corresponding same-duration cultivations in better-mixed systems (such as the 25 ml 
MSBR) while not having a corroborating greater biomass titre. Therefore it is likely to 
be an experimental artefact.
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Figure 5.23: Photographs taken under microscopy of S. erythraea mycelia after 15 h, 
24 h and 38 h in the MBCR. Images were taken under lOOx magnification and samples
were diluted 1 in 10 with water, prior to fixing onto each slide. Scale, (--------- ) = 100
pm.
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5.3.5 Shake flask S. erythraea cultivation
Replicate cultivations were performed in a 2 L baffled shake flask with 100 ml working 
volume, as part of batches 1 and 4. The baffled shake flask was chosen in an attempt to 
increase mixing efficiency and to counteract the increase in culture viscosity known to 
occur when cultivating this species of bacteria.
5.3.5.1 Effect of culture conditions on growth and product 
formation
Figure 5.24 shows the growth profiles for the twin shake flask cultivations. These were 
not consistent between the batches, with the second shake flask cultivation (performed 
as part of batch 4) requiring significantly less time to reach stationary phase; however, 
this could have been caused by the inoculum being at a stage of quicker growth for this 
batch (although it was not possible to determine whether this effect was also present in 
the 25 ml MSBR cultivation at N = 2300 rpm also performed as part of batch 4, due to 
the limited number of biomass data from that cultivation).
Despite these apparent differences in growth kinetics, maximum biomass levels were 
virtually identical at 8.4 g L ' 1 and 8 . 6  g L ' 1 respectively (achieved after 62 h and 37 h 
respectively). The first shake flask cultivation suffered no biomass decrease from this 
maximum point until the end of the cultivation, while the biomass level in the second 
shake flask cultivation declined almost 20 % over the same period. These cultures were 
run without continuous pH or DOT monitoring; therefore differences between the two 
cultivations could have been caused by variation in the effectiveness of pH 7.0 
maintenance -  which had to be manually altered in response to samples taken and 
whose accuracy was proportional to the number of samples taken. Maximum 
erythromycin production for the first and second shake flask cultivations was 147 mg L' 
1 and 149 mg L' 1 respectively, which displays excellent consistency; however, the 
second shake flask cultivation suffered decreased productivity at the end of the 
cultivation. While a similar effect was seen in work presented by Elmahdi (2003) for 
cultivations with no pH control, the sudden nature of the decline suggests that this was 
at least partly an experimental artefact.
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Figure 5.24: Profiles from S. erythraea cultivations in the 1 L shake flask showing A) 
biomass erythromycin - A-, and biomass erythromycin -A-, versus time; and B)
glucose and glucose -o-, versus time. Both cultivations were performed with a
culture volume of 100 ml, grown in an incubator at 28 °C and shaken at 200 rpm (see 
table 5.3).
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5.3.5.2 Effect of culture conditions on morphology
Images of S. erythraea grown in the 100 ml working volume shake flask culture 
orbitally-shaken at 200 rpm are shown in Figure 5.25 and present no evidence of 
abnormal morphology caused by shear effects.
As with the other shaken systems described in this chapter, this is not surprising given 
the lack of direct mechanical agitation in the shake flask. Both cultures displayed 
hyphal morphology with no pelleting observed. This was consistent with the high yield 
of erythromycin produced in both shake flask cultures, which was not unexpected due 
to the relatively low oxygen demand of this microbe being unlikely to lead to oxygen 
limitation. Furthermore, and unlike in the MTP, the shake flask was incubated and 
shaken with a high displacement, helping to maintain effective mixing and preventing 
the viscosity of the culture from increasing and consequently impairing oxygen transfer.
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Figure 5.25: Photographs taken under microscopy of S. erythraea mycelia after 38 h,
46 h and 84 h in the 1 L shake flask. Images were taken under lOOx magnification and
samples were diluted 1 in 10 with water, prior to fixing onto each slide. Scale, (--------- )
= 1 0 0  pm.
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5.4 Conclusions
The two cultivations performed in the 7 L STR produced biomass profiles that were 
very similar to those reported by Elmahdi et al. (2003) when they performed the same 
cultivation at 7 L scale; however, product yields in this study were approximately 20 % 
lower. There are no obvious reasons for this difference, and it was most likely due to 
different assaying techniques rather than some fundamental difference in the way the 
organism was cultivated. Off-gas data produced in the present study was also similar to 
that reported by Elmahdi et al. (2003), with a maximum OUR of 25 mmol L 1 h '1 found 
in both studies.
During the series of cultivations, images were taken of the microorganisms under 
microscopy and the effect of bioreactor conditions on morphology was observed. This 
was then correlated with offline biomass and productivity data to investigate how well 
suited each device was to the cultivation of this organism. Microscopic analysis of 
filamentous cultures was important as it would have helped to explain the occurrence of 
phenomena indicated via off-line sampling results. This would have been beneficial 
due to the fact that species such as S. erythraea can adopt one of two morphologies: 
freely dispersed hyphae and dense, separated pellets. For instance, if one was 
investigating the maximum agitation rate that could be endured by this species before 
excessive shearing resulted in decreased productivity - as explained by Martin et al 
(1996) - not having knowledge of the culture morphology could give misleading results. 
For example, a pelleted culture would clearly be more enduring of high agitation rates 
than freely dispersed hyphae; therefore sustained productivity at high impeller speeds 
could be misinterpreted as resistance of hyphae to shear when in fact what was 
occurring was the prevalence of pelleted morphology making the cells more shear 
resistant.
The morphological analysis of the 7 L cultivations demonstrated that at N = 500 rpm the 
organism was not sheared as a result of turbulent disruption. Furthermore, the cells did 
not form pellets in either of the two 7 L cultivations. The fact that the DOT remained 
above 70 % for both processes indicated that the impellers were able to keep the culture 
well mixed (and thus supplied with oxygen) even as the mycelial biomass increased.
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The experiments performed during the 7 L cultivations to develop the key assays for 
biomass and erythromycin were critical to the feasibility of the scale down of the 
process to the miniature bioreactors (except for the shake flask, which had sufficient 
volume to be assayed using the 7 L STR assay protocol if necessary). These 
experiments demonstrated the viability of using 1.0 ml sample volumes for biomass 
measurement, and also of using non-concentrated samples when quantifying 
erythromycin. Without this, it would have been possible only to take one sample per 
culture, due to the size of the sample required (e.g. 10 ml for each biomass assay). This 
would not have been prohibitive in the MBCR or MTP, as these had multiple cultures 
per platform, but for the 25 ml MSBR -  the main focus of the scale down study -  no 
off-line data would have been able to be generated throughout each cultivation; the only 
off-line data would have been from the final sample. Clearly this would have 
compromised efforts to show equivalent performance with the 7 L vessel.
A significant result of this work was the apparent inability to scale down from 7 L STR 
to 25 ml MSBR on the basis of equal tip speed. The 7 L STR, operated with agitation 
of N = 500 rpm, had a tip speed of 1.6 m s '1; the first 25 ml MSBR cultivation was 
performed with agitation rate of N = 3500 rpm, giving it the same tip speed of 1.6 m s '1. 
However, this was too high an agitation rate in the 25 ml MSBR and resulted in visible 
shearing of hyphae, leading to significantly lower erythromycin production than at 7 L 
scale (the 25 ml MSBR at N = 3500 rpm only made 23 % of the average 7 L 
erythromycin titre).
Therefore, as part of batch 2 the 25 ml MSBR was operated at agitation rate N = 1700 
rpm in an attempt to prevent shear damage. However, insufficient mixing under these 
conditions resulted in visible biomass settling and inferior product synthesis in the 
miniature vessel compared with the 7 L bioreactor, although no shear damage was 
evident.
In batches 3 - 6 ,  the 25 ml MSBR was operated with steadily increasing agitation rates 
of N = 2300 rpm and N = 2700 rpm, both duplicated. This allowed the optimum 25 ml 
MSBR agitation rate of those tested to be identified as N = 2700 rpm as this agitation 
rate consistently gave the greatest product yield. This was thought to be more 
productive than those cultivations performed at N = 2300 rpm as a result of the
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increased mixing efficiency of the system, without impeller tip speed getting so large as 
to cause turbulent disruption of cells and detrimentally affect product yield.
The specific gassed power input of the 25 ml MSBR agitated at N = 2700 rpm was 
approximately equal to that of the 7 L STR during operation at N = 500 rpm, indicating 
that equal specific power input was a viable method for scaling down this cultivation. 
This was surprising as it was thought before this study that equal specific power input 
would be an unsuitable method to use for scaling down the cultivation from the 7 L 
STR to the 25 ml MSBR, due to the excessive shear forces that would be imparted on 
the hyphae. The result was also counter to much of the literature, which states that the 
maintenance of equal specific gassed power input when scaling is frequently not the 
best solution when working with shear-sensitive organisms (Junker 2004).
For future work involving the cultivation of this organism in the 25 ml MSBR it would 
be advantageous to utilise a viscometer capable of dealing with small sample sizes (sub­
millilitre), so that apparent viscosity (and from it kinematic viscosity) could be 
calculated across a range of agitation speeds, enabling X to be calculated. Further 
cultivations (and subsequent product and morphology analyses) focussed around the N 
= 2700 rpm to N = 3500 rpm agitation range could then be performed to determine at 
what value of X is the point at which product yield decreases, and how sudden the 
decrease is. This could then be corroborated with Bushell et al. ’s (1997) data to see if 
the minimum size required for product formation is affected by scaling down the 
cultivation.
The MBCR was operated only once at it was conclusively shown to be incapable of 
supporting this cultivation. Initially the device performed well, with exceptionally fast 
biomass growth; however, the lack of agitation meant that as the culture viscosity 
increased, mixing and oxygen transfer were decreased to such an extant that the 
cultivation became unsustainable. This was demonstrated by a sharp decline in 
biomass. The results of the three MTP cultivations indicate that while not the ideal 
platform for S. erythraea cultivation, the device was able to cultivate this organism to a 
consistently high biomass level and reproducibly synthesised erythromycin. This was 
because the MTP enjoyed a combination of relatively high OTR, no shear problems and 
the ability to minimise the impact of viscosity increases (which could have resulted in
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mixing limitation) due to the vigour of its orbital agitation mechanism. However the 
decreased product yield in the MTP relative to some of the other platforms was 
probably due to pH only being measured online in a single well, with all other wells 
adjusted according to that single well’s pH. This could have resulted in non-uniform 
pH drift in some wells, shown by Elmahdi (2003) to detrimentally affect product yield. 
Furthermore, the requirement to assay the cultivation on a sacrificial basis meant that 
the results could be misinterpreted due to non-equivalent well volumes leading to 
different conditions within the wells on a single plate at different stages of the 
cultivations.
The shake flask was an effective platform for the growth of this organism and 
consistently outperformed every MBR with the exception of the 25 ml MSBR. Of the 
miniature systems investigated in this study, the shake flask was most analogous to the 
MTP, with both systems using the same mechanism of orbital rotation to generate 
culture mixing and promote oxygen transfer. In this regard, it was interesting to 
compare the performance of these two systems. Although the MTP produced 
erythromycin, it was less consistent in the amount of product yielded, and in three 
cultivations it only supported the synthesis of approximately 80 % of the erythromycin 
produced in the shake flasks. The reasons for this are twofold; the MTP had a smaller 
diameter of lateral movement during cultivations, causing it to be more susceptible to 
the problems associated with increased culture viscosity; and the large sample sizes 
required to monitor the growth of the organism were more prohibitive in the MTP, 
leading to well cultures becoming too small and causing mixing problems. With both 
MTP and shake flask having no direct mechanical agitation, cultivations in both were 
expected to have identical morphologies, which turned out to be the case. Therefore, 
differences in performance can be explained by the effects of the bioreactor design and 
operation on the growth of the organism.
Ultimately, the ability of each miniature bioreactor to produce erythromycin was 
affected by the ability of each system to keep the culture well-mixed, minimising 
viscosity increases that could lead to oxygen starvation; and by the ability of each 
device to maintain effective pH control. For the same S. erythraea cultivation, Elmahdi 
et al. (2003) have reported that stationary phase-associated biomass decrease was 
greater in non-pH controlled cultivations than those where cultivations had fully
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automatic pH control. Furthermore, the same author reported that product yields 
decreased by 50 % in non-pH controlled cultivations, even though the pH in that study’s 
non-controlled cultivations didn’t decrease below 6 for most of the cultivation. This 
meant that a large decrease in product yield was caused by a relatively minor deviation 
from optimal pH -  a deviation that was quite possible in all of the MBRs that did not 
have online pH measurement. Similarly, Heydarian (1998) stated that specific 
erythromycin production in pH-controlled cultivations was 2 - 3  times higher than in 
those cultivations without pH control, indicating that pH has a marked effect on 
erythromycin production, but little effect on biomass (so long as it remains within pH 
5 .9 -9 .1 ).
This clear requirement for controlled pH, and the detrimental effect of relatively minor 
pH drift on product yield, explains why the miniature bioreactors were less consistent in 
the quantity of erythromycin they produced than the fully automatic pH controlled 7 L 
STR, whereas biomass levels were not so varied. Although most miniature platforms 
had pH measurement, permitting corrections to be made to pH, the fact that this was a 
multiple-day cultivation meant that overnight periods were non-pH controlled, which 
led to periods of sub-optimal pH and consequently greater inconsistency with regards to 
product titre.
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Chapter 6: Discussion
This body of work aimed to advance the field of miniature bioreactors by developing 
and characterising MSBRs and comparing their performance with other bioreactors.
In this study, mechanical power input and, from this, specific power input was directly 
measured in both the 10 ml and 25 ml MSBRs using the equipment developed as part of 
this work. This enabled the successful characterisation of both MSBRs, with kia and 
mixing time expressed as a function of specific power input. Specific power input was 
estimated in the 7 L STR used as a control in this study, and this vessel was also 
characterised in terms of kia and mixing time.
The fact that these key engineering parameters could be expressed in terms of specific 
power input meant that the MSBRs could be directly compared with the 7L bioreactor. 
This was essential as the miniature and laboratory-scale vessels could not have these 
parameters compared on the basis of impeller speed because, for a given series of 
specific power inputs, both MSBRs had a range of impeller speeds nearly an order of 
magnitude higher than the 7 L STR.
The characterisation study showed that, although similar in all three bioreactors, mixing 
time decreased as a function of specific power input concomitant with vessel diameter. 
However, when mixing time was defined as the number of revolutions required to 
achieve mixed conditions (0m-N) and expressed as a function of Reynolds’ number, 
there was a clear scale-associated difference between the bioreactors, with both MSBRs 
requiring significantly more revolutions to achieve mixed conditions. This was part of 
another key result obtained in this study, which showed that Reynolds’ number 
appeared to have less applicability as reactor volume decreased. This was because the 
key component of Reynolds’ number, impeller diameter, is squared. The effect of using 
MSBRs with impeller diameters of several millimetres meant that turbulent conditions 
as defined by Reynolds could not be achieved in either miniature bioreactor, even at 
impeller speeds of 7000 rpm.
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Similarly, the k^a data showed that all three bioreactors had equal k^a values when 
expressed over a large range of specific power inputs (at least when using the static 
gassing out technique); however, this equivalence was not observed when k.La was 
divided by superficial gas velocity, with the 7 L STR having significantly smaller 
values than the two MSBRs. The calculation of superficial gas velocity in this instance 
also depended on a geometric measurement involving the radius of each bioreactor 
squared. Again, both miniature bioreactors had significantly smaller diameters than the 
7 L STR, a difference that was exacerbated by squaring this dimension.
The inability to demonstrate equivalence in kLa/UsG between the different scales of 
operation was perhaps not surprising given that there are myriad kLa correlations in the 
literature (expressing ki^ a as a function of both specific power input and superficial gas 
velocity), indicating that each correlation is only really suited to the vessel in which it 
was derived, with a lack of transferability between scales.
It was demonstrated in this study that the 10 ml and 25 ml reactors could reliably mimic 
a larger-scale vessel in terms of growth and product formation for all three of the 
bioprocesses chosen. The E. coli plasmid cultivations under conditions of oxygen 
limitation were useful in confirming the accuracy of the power measurements made in 
the 10 ml MSBR, as the DOT kinetics from the oxygen-limited cultivations were 
similar between the 10 ml MSBR and the 7 L STR when the two vessels were run under 
conditions of equal specific power input.
The S. erythraea cultivations demonstrated that the 25 ml MSBR was capable of 
mimicking the 7 L STR in terms of fermentation performance, with growth and product 
profiles similar in the two vessels. This process highlighted the detrimental effect of 
using excessive impeller speeds in the 25 ml MSBR (high speeds that were required to 
run the two vessels under conditions of equal specific power input and so maintain 
similar oxygen transfer rates), as the organism suffered shear damage when run at N = 
3500 rpm. However, this problem was overcome, and the culture was able to receive 
adequate agitation without inducing mechanical damage of cells by decreasing the 
impeller speed by 23 %, from N = 3500 rpm to N = 2700 rpm.
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With regards to the E. coli Fab’ cultivations, the 25 ml MSBR demonstrated that it 
could maintain as high a biomass concentration as the 7 L STR; however, product yields 
were on average 35 % lower in the miniature vessel. Although there is some evidence 
that this was caused by premature cultivation termination, this highlights the challenges 
inherent in adequately sampling the bioreactor when using such small culture volumes.
Another problem found when cultivating microbes using both miniature bioreactors was 
that the lack of automation meant that control of culture conditions was significantly 
more labour intensive in all of the miniature bioreactors than when using the 7 L STR. 
However, this can be solved, at least in regards to automatic pH control, as Elmahdi et 
al. (2003) have demonstrated using a MTP. Although biomass probes and substrate 
analysers respectively are available and can be used at miniature scale, most are not 
online (they are usually at-line) and might not be sensitive enough to deal with small 
sample volumes.
In contrast to the MSBRs, the other miniature devices evaluated (i.e. MTP, MBCR and 
shake flasks) had a limited degree of success in cultivating S. erythraea and E. coli 
producing Fab’. These multiple-day cultivations exposed failings in all of them, mainly 
due to a lack of direct mechanical agitation and process control. However, constant 
progress is being made in the characterisation of mixing and mass transfer as well as 
instrumentation in these types of MBR. This means that the unique advantages these 
devices exhibit in terms of automation potential and intrinsic HT capability should 
encourage further development to increase their capability to successfully carry out 
complex microbial cultivations.
The automation and multiplexing of MSBRs like the two used in this study is the key to 
expanding their HT capability and therefore expanding their usefulness in microbial 
process development. However, although MBRs should have some HT capability, this 
project did not attempt to construct a multiplexed system. It was felt that pursuing such 
an objective would be beyond the scope of the project and better done in collaboration 
with an industrial partner. Besides, the real engineering interest lay in the properties of 
the key parameters inherent in the miniaturised vessel.
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As considered in the introduction, many research groups and industrial companies have 
spent time developing miniature bioreactors. Several of the multiplexed miniature 
systems recently developed utilise a modified MTP as their starting point (e.g. 
(Stokelman et al. 2005, Doig et al. 2005b) and the Applikon MicroReactor®). These 
systems currently appear to offer a great deal of promise due to their ease of integration 
with existing robotic automation platforms, with many of them being based on a 
standard MTP footprint. The very standardisation of their design makes them ideal to 
take into the HT domain, conferring upon them the ability to perform hundreds of cell- 
cultivations in parallel. The alternative to this MTP-based approach is to develop a 
miniature bioreactor system that is itself amenable to automation. The technologies that 
Weuster-Botz’s group in collaboration with H + P Labortechnik (Puskeiler et al. 2005) 
and Bioprocessors Corp. have developed are examples of this approach. Such devices 
offer a degree of HT capability as well as sophisticated in-built robotics in the case of 
Bioprocessors Corp’s SimCell® system, all of which increase their commercial 
attractiveness and viability.
Robotic devices used in conjunction with MBRs usually feature multiple-pipetting 
heads mounted on arms that are able to move in three dimensions across the entire 
working area. This “pick and place” ability means that one robot can inoculate, pH- 
control, sample and make additions to an MBR, offering a truly integrated solution. 
Furthermore, it is possible to link robots with analytical instruments (e.g. HPLC 
systems) and also perform complex assays such as ELISA for antibody products using 
real-time samples - assays that take advantage of the robot’s ability to perform 
thousands of liquid-handling operations in a short period of time. Aseptic cell- 
cultivation conditions can be maintained by housing the robot within a custom-built 
biosafety cabinet.
With anticipated future developments leading to highly multiplexed robot-linked 
MBRs, there is a question of how effective they can be when they reach such a small 
size that their flow properties and mechanisms for mass transfer and mixing are 
different to those found in the large-scale bioreactors they are attempting to mimic. 
Devices that utilise too small a process volume may find it unfeasible to perform 
cultivations with sufficient monitoring and sampling, with product yield often not able 
to be monitored online. Evaporation may become a significant problem in such
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extremely small culture volumes if working with long bacterial and mammalian cell 
cultivation processes. Moreover, given the extremely small process volume it would be 
technically challenging to accurately control the pH through liquid addition.
Furthermore, one must also consider how MBRs integrate with miniaturised 
downstream processing technologies. This is of particular relevance when producing 
biomolecules such as recombinant proteins that need to be purified and have their 
biological activity analysed. In this respect, Jackson et al. (2006) have developed a 
prototype miniature microfiltration device that performs several operations 
simultaneously. It is the view of the author that this kind of development is critical to 
maintain the viability of micro litre-scale MBRs when subsequent processing of cultures 
is required.
The wide range of MBR designs investigated in this thesis is a consequence of the 
breadth of the tasks that such devices must perform. For example, if using a miniature 
platform for growth medium development, a need for parallelism would take 
precedence, whereas detailed strain characterisation and optimisation of process 
conditions would require a higher degree of instrumentation. Furthermore, devices that 
agitate cultures through shaking (e.g. MTPs and shake flasks) typically exhibit a lower 
OTR capability relative to MSBRs, making these mechanically-agitated devices most 
promising for the cultivation of fast-growing microorganisms or cell cultivations that 
reach a high-cell density; however, there is typically not the same degree of parallelism 
available in MSBRs. Although both MSBRs and MTPs are able to be integrated with 
robotic systems, the fact that most existing liquid handling robots are build to handle 
plates means it is likely to be those devices that base their design upon an MTP that will 
be able to offer the highest throughput.
Ultimately there is no single MBR that satisfies all requirements equally. Primarily this 
is because there is a need to differentiate microscale systems and the advantages that 
each one confers depending on the application. Therefore different systems should be 
used for the different stages of process development, taking into account the nature of 
the cells and the complexity of the cultivation process - especially the requirements for 
monitoring, control and sampling.
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Chapter 7: Future work
The equipment described and characterised in this work consists of working prototypes 
of single chamber miniature bioreactors. While the capability of the 25 ml MSBR to 
sustain industrially-relevant cell cultivations has been demonstrated in some detail, the 
device as described would not be viable for use in a commercial environment without 
significant alterations. This is because the 25 ml MSBR is more labour intensive than 
current laboratory-scale bioreactors, and also produces less data.
Therefore, any future work based on the designs detailed in this thesis should include an 
adaptation of the 25 ml MSBR, increasing the HT capability and quality of data to make 
it more commercially-viable. The capability of the 25 ml MSBR could be improved by:
• Using an autoclavable pH patch to aid system sterility, reducing the need to add 
a pH patch manually before each cultivation
• Adding a condenser to the exit air line, which would reduce the amount of water 
lost through evaporation during the course of a cultivation
The labour intensity of the 25 ml MSBR during operations can be decreased by:
• Incorporating an automatic pH control system (similar to that detailed by 
Elmahdi et al. (2003)), to remove the need for manual pH adjustments
• Replacing offline biomass monitoring with an online biomass probe. This has 
the added benefit of not removing process liquid for samples -  important when 
working with small volumes
• Operating the agitators under cascade control, allowing the DOT to be set at the 
start of a cultivation and removing the need for manual speed adjustments
• Adding an automatic feeding system to explore the fed-batch capabilities of the 
system and reduce the need to make manual, intermittent additions
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The HT capability of the system could be increased by:
• Multiplexing the MSBR to create a multiple-chamber device with scope for 
parallel operations
• Integrating the multiplexed device into a robotic liquid handling system, to 
enable more accurate and quicker liquid manipulations
• Including an HPLC system within the liquid handling robot to enable automatic 
analysis of off-line samples
These modifications would build on the solid engineering characterisation and proof 
of principle detailed in this thesis. They could enable further exploration of the 
capability of a miniature bioreactor system to be used in place of conventional, 
laboratory-scale bioreactors.
They would do this by allowing a future miniature stirred bioreactor system based 
on the 25 ml MSBR to show true high throughput capability, and demonstrate the 
real decreases in labour intensity and operating costs that such systems have the 
potential to achieve.
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Chapter 8: List of symbols, abbreviations and dimensionless numbers
8.1 Symbols
l/tm kLa s'
a Gas-liquid interfacial area
C Saturated dissolved oxygen concentration mol L '1
CG Gaseous oxygen concentration mol L '1
CGi Interfacial gaseous oxygen concentration mol L '1
CL Actual dissolved oxygen concentration mol L '1
c Li Interfacial liquid oxygen concentration mol L '1
Cp Normalised DOT
di Impeller diameter m
G Gravity m s'2
kL Oxygen transfer coefficient
kLa Overall volumetric mass transfer coefficient h '1
L0 2 Oxygen solubility
N Impeller speed rpm
Ncd Critical impeller speed required for gas dispersion
Nh Flow number
Np0 Power number
NRe Reynolds’ number
P g Gassed power consumption W
p g/v Specific gassed power input W m'3
P ug Ungassed power consumption W
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Pug /V Specific ungassed power input W m ''
Q Flow rate m3 s '1
lp Probe response time s
UsG Superficial gas velocity m s '1
V Volume nr
Wi Impeller width m
AC Oxygen driving force
£ Average rate of energy dissipation W m~3
0m Mixing time s
X Microscale of turbulence pm
F Liquid viscosity Pa s
V Kinematic fluid viscosity Pa s
5 Liquid-phase diffusivity
P Density kg m‘3
8.2 Abbreviations
CER Carbon dioxide evolution rate mmol L '1 h '1
CFD Computational fluid dynamics
CHO Chinese hamster ovary
DCW Dry cell weight g L '1
DOT Dissolved oxygen tension %
DRW Deep square wells, round bottoms
DSW Deep square wells, square bottoms
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Fab’ Antibody fragment
HPLC High performance liquid chromatography
HT High throughput
MBCR Miniature bubble column reactor
MBR Miniature bioreactor
MMHL Mean main hyphal length
MSBR Miniature stirred bioreactor
MTP Microtitre plate
OD Optical density
OTR Oxygen transfer rate mmol L '1 h '1
OUR Oxygen uptake rate mmol L 1 h 1
PDMS Poly(dimethylsiloxane)
PMMA Poly-methylmethacrylate
PPG Polypropylene glycol
RI Refractive index
RO Reverse osmosis
RPM Revolutions per minute
RQ Respiratory quotient
STR Stirred-tank reactor
UV Ultraviolet
VVM Vessel volumes per minute
216 J.I. Betts 2006
Chapter 9: References
Akgun, A., Maier, B., Preis, D., Roth, B., Klingelhofer, R., and Biichs, J.: A Novel 
Parallel Shaken Bioreactor System for Continuous Operation. Biotechnol.Prog. 
2004, 20: 1718-1724.
Altenbach-Rehm, J., Nell, C., Arnold, M., and Weuster-Botz, D.: Parallel bubble 
columns with fed-batch technique for microbial process development on a small 
scale. Chem.Eng.Technol. 1999,22: 1051-1058.
Amanullah, A., McFarlane, C. M., Emery, A. N., and Nienow, A. W.: Scale-down 
model to simulate spatial pH variations in large-scale bioreactors.
Biotechnol.Bioeng 2001, 73: 390-399.
Anderlei, T. and BUchs, J.: Device for sterile online measurement of the oxygen 
transfer rate in shaking flasks. Biochem.Eng.J. 2001, 7: 157-162.
Ayazi-Shamlou, P., Makagiansar, H. Y., Ison, A. P., Lilly, M. D., and Thomas, C. R.: 
Turbulent breakage of filamentous organisms in submerged culture in 
mechanically stirred bioreactors. Chem.Eng.Sci. 1994, 49: 2621-2631.
Badino, Jr A. C., Facciotti, M. C. R., and Schmidell, W.: Improving kLa 
determination in fungal fermentation, taking into account electrode response time.
J.Chem.Technol.Biotechnol. 2000, 75: 469-474.
Bailey, J. E. and Ollis, D. F.: Biochem. Eng. Fund. 2nd Ed. McGraw-Hill, Toronto 
1986: 470-474.
Baneyx, F.: Recombinant protein expression in Escherichia coli.
Curr.Op.Biotechnol. 1999, 411-421.
Bell, G. H. and Gallo, M.: Effects of impurities on oxygen transfer.
Proc.Biochemistry 1971, 6: 33-35.
217 J.I. Betts 2006
Better, M. and Horowitz, A. H.: Expression of engineered antibodies and antibody 
fragments in microorganisms. Methods Enzymol. 1989,178: 476-496.
Betts, J. I., Doig, S. D., and Baganz, F.: The characterisation and application of a 
novel miniature stirred bioreactor for the scale down of industrially-relevant 
microbial fermentations. Biochemical Engineering XIV: Frontiers and Advances in 
Biotechnology, Biological and Biomolecular Engineering. British Columbia, Canada, 
2005.
Betts, J. I., Doig, S. D., and Baganz, F.: The characterization and application of a 
miniature 10 ml stirred-tank bioreactor, showing scale-down equivalence with a 
conventional 7L reactor. Biotechnol.Prog. 2006, 22: 681-688.
Boccazzi, P., Zanzotto, A., Szita, N., Bhattacharya, S., Jensen, K. F., and Sinskey, A. J.: 
Gene expression analysis of Escherichia coli grown in miniaturized bioreactor 
platforms for high-throughput analysis of growth and genomic data.
Appl.Microbiol.Biotechnol. 2005, 68: 518-532.
Bryant, J.: The Characterization of Mixing in Bioreactors. Adv.Biochem.Eng. 1977, 
5: 101-123.
Btichs, J.: Introduction to advantages and problems of shaken cultures.
Biochem.Eng.J. 2001, 7: 91-98.
Btichs, J., Maier, U., Milbradt, C, and Zoels, B: Power Consumption in Shaking 
Flasks on Rotary Shaking Machines: 1. Power Consumption Measurement in 
Unbaffled Flasks at Low Liquid Viscosity. Biotechnol.Bioeng. 2000a, 68: 589-593.
Btichs, J., Maier, U., Milbradt, C, and Zoels, B: Power Consumption in Shaking 
Flasks on Rotary Shaking Machines: 1. Power Consumption Measurement in 
Unbaffled Flasks at Low Liquid Viscosity. Biotechnol.Bioeng. 2000b, 68: 589-593.
Bujalski, W., Nienow, A. W., Chatwin, S., and Cooke, M.: The dependency on scale 
of power numbers of Rushton disk turbines. Chem.Eng.Sci. 1987, 42: 317-326.
218 J.I. Betts 2006
Bushell, M. E., Dunstan, D. L., and Wilson, G. C.: Effect of small scale culture 
vesseltype on hyphal fragment sizeand erythromycin production in 
Saccharopolyspora erythraea. Biotechnol.Lett. 1997, 19: 849-852.
Corcoran, J. W.: S. Omura (Ed.), Macrolide Antibiotics: Chemistry, Biology and 
Practice. Academic Press, Orlando, Florida, USA 1984, 231-259.
Cronin, D. G., Nienow, A. W., and Moody, G.: An experimental study of mixing in a 
proto-fermenter agitated by dual Rushton turbines. Trans.IChemE 1994, 72: 35-40.
Cui, Y. Q., van der Lans, R. G. J. M., and Luyben, K. C.: Local power uptake in gas- 
liquid systems with single and multiple Rushton turbines. Chem.Eng.Sci. 1996, 51: 
2631-2636.
Cussler, E. L.: Diffusion - mass transfer in fluid systems. Camb. Univ. Press, 1984.
Dang, N. D. P., Karrer, D. A., and Dunn, I. J.: Oxygen transfer coefficients by 
dynamic model moment analysis. Biotechnol.Bioeng 1977, 19: 853-865.
Doig, S. D., Baganz, F., and Lye, G. J.: High throughput screening and process
optimisation. Basic Biotechnology. 3rd Ed. Camb. Univ. Press 2005a.
Doig, S. D., Diep, A., and Baganz, F.: Characterisation of a novel miniaturised 
bubble column bioreactor for high throughput cell cultivation. Biochem.Eng.J. 
2005b, 23: 97-105.
Doig, S. D., Ortiz-Ochoa, K., Ward, J. M., and Baganz, F.: Characterization of 
Oxygen Transfer in Miniature and Lab-Scale bubble column bioreactors and 
comparison of microbial growth performance based on constant kLa.
Biotechnol.Prog. 2005c, 21: 1175-1182.
Doran, P. M.: Bioprocess Engineering Principles. Academic Press, London, UK 1995. 
Dr.Tom Post: Post Mixing Website, "http://www.postmixing.com" 2005.
219 J.I. Betts 2006
Duetz, W. A., Ruedi, L, Hermann, R., O'Connor, K., BUchs, J., and Witholt, B.: 
Methods for intense aeration, growth, storage and replication of bacterial strains 
in microtiter plates. Appl.Environ.Microbiol. 2000, 66: 2641-2646.
Dunn, I. J. and Einsele, A.: Oxygen transfer coefficients by the dynamic method.
J.App.Chem.Biotechnol. 1975,25: 707-720.
Einsele, A: Scaling-up bioreactors. Process Biochem. 1978, 7: 13-14.
Elmahdi, I., Baganz, F., Dixon, K., Harrop, T., Sugden, D., and Lye, G. J.: pH control 
in microwell fermentations of S. erythraea CA340: influence on biomass growth 
kinetics and erythromycin biosynthesis. Biochem.Eng. J. 2003,16: 299-310.
Fan, L.-S., Chen, R. C., and Reese, J.: Flow structure in a three dimensional bubble 
column and three phase fluidized bed. AIChE 1994, 40: 1093-1104.
Garcia-Arrazola, R.: Evaluation of the effects and interactions of gas blending and 
feeding strategy on a Fab' fermentation by Escherichia coli. PhD Thesis, University 
o f London 2005.
Garcia-Arrazola, R., Chau Siu, S., Chan, G., Buchanan, I., Doyle, B., Titchener-Hooker, 
N. J., and Baganz, F.: Evaluation of a pH-stat feeding strategy on the production 
and recovery of Fab' fragments from E. coli. Biochem.Eng.J. 2005, 23: 221-230.
Garcia-Ochoa, F. and Gomez, E.: Theoretical predictions of gas-liquid mass transfer 
coefficient, specific area and hold-up in sparged stirred tanks. Chem.Eng.Sci. 2004, 
59: 2489-2501.
Gardner, A. R., Gainer, J. L., and Kirwan, D. J.: Effects of stirring and sparging on 
cultured hybridoma cells. Biotechnol.Bioeng. 1990, 35: 940-947.
Ge, X., Hanson, M., Shen, H., Rostov, Y., Brorson, K. A., Frey, D. D., Moreira, A. R., 
and Rao, G.: Validation of an optical sensor-based high-throughput bioreactor 
system for mammalian cell culture. J.Biotechnol. 2006, 293-306.
220 J.I. Betts 2006
Girard, P., Jordan, M., Tsao, M., and Wurm, F. M.: Small-scale bioreactor system for 
process development and optimization. Biochem.Eng. J. 2001, 7: 117-119.
Glick, B. R.: Metabolic load and heterologous protein expression.
Biotechnol.Advances 1995, 13: 247-261.
Gogate, P. R., Beenackers, A. A. C. M., and Pandit, A. B.: Multiple-impeller systems 
with a special emphasis on bioreactors: a critical review. Biochem.Eng.J. 2000, 6: 
109-144.
Gosse, M. E. and Manocchia, M.: The first biopharmaceuticals approved in the 
United States: 1980-1994. Drug Inf.J. 1996, 30: 991-1001.
Gupta, A. and Rao, G.: A study of oxygen transfer in shake flasks using a non- 
invasive oxygen sensor . Biotechnol.Bioeng. 2003, 84: 351-358.
Harms, P, Kostov, Y., French, J. A., Soliman, M., Anjanappa, M., Ram, A., and Rao, 
G.: Design and Performance of a 24-Station High Throughput Microbioreactor.
Biotechnol.Bioeng 2006, 93: 6-13.
Harms, P., Kostov, Y., and Rao, G.: Bioprocess Monitoring. Curr.Op.Biotechnol. 
2002, 13: 124-127.
Hermann, R., Lehmann, M, and Biichs, J.: Characterization of gas-liquid mass 
transfer phenomena in microtiter plates. Biotechnol.Bioeng. 2003, 81: 178-186.
Hermann, R., Walther, N., Maier, U., and Biichs, J.: Optical method for the 
determination of the oxygen-transfer capacity of small bioreactors based on sulfite 
oxidation. Biotechnol.Bioeng. 2001, 74: 355-363.
Hewitt, C. J., Boon, L. A., McFarlane, C. M., and Nienow, A. W.: The Use of Flow 
Cytometry to Study the Impact of Fluid Mechanical Stress on Escherichia coli 
W3110 During Continuous Cultivation in an Agitated Bioreactor.
Biotechnol.Bioeng 1998, 59: 612-620.
221 J.I. Betts 2006
Heydarian, S. M.: The influence of agitation on morphology, rheology and 
erythromycin production in Saccharopolyspora erythraea culture. PhD Thesis, 
University o f London 1998.
Heydarian, S. M., Ison, A. P., Lilly, M. D., and Ayazi-Shamlou, P.: Turbulent 
breakage of filamentous bacteria in mechanically agitated batch culture.
Chem.Eng.Sci. 2000, 55: 1775-1784.
Hofmann, K. H., Neubauer, P., Reithdorf, S., and Hecker, M.: Amplification of 
pBR322 plasmid DNA in Escherichia coli relA strains during batch and fed-batch 
fermentation. J.Basic Microbiol. 1990, 30: 37-41.
Hudcova, V., Machon, V., and Nienow, A. W.: Gas-liquid dispersion with dual 
Rushton turbine impellers. Biotechnol.Bioeng. 1989, 34: 617-628.
Hughmark, G.: Power Requirements and Interfacial Area in Gas-Liquid Turbine 
Agitated Systems. Ind.Eng.Chem.Proc.Des.Dev. 1980, 19: 638-641.
Humphry, A.: Shake flask to fermenter: what have we learned? Biotechnol.Prog. 
1998, 14: 3-7.
Jackson, N. B., Liddell, J. M., and Lye, G. J.: An automated microscale technique for 
the quantitative and parallel analysis of microfiltration operations. J.Memb.Sci. 
2006, 276:31-41.
John, G. T., Klimant, I., and Heinzle, E.: Integrated optical sensing of dissolved 
oxygen in microtiter plates: a novel tool for microbial cultivation.
Biotechnol.Bioeng 2003, 81: 829-836.
Junker, B. H.: Scale-Up Methodologies for Escherichia coli and Yeast Fermentation 
Processes. J.Biosc.Bioeng. 2004, 97: 347-364.
Kato, I. and Tanaka, H.: Development of a novel box-shaped shake flask with 
efficient gas exchange capacity. J.Ferm.Bioeng. 1998, 85: 404-409.
222 J.I. Betts 2006
Kawase, K. and Moo-Young, M.: Mathematical models for design of bioreactors: 
Applications of Kolmogoroffs theory of isotropic turbulence. The Chem.Eng.J.
1990, 43:B19-B41.
Kay, A., O'Kennedy, R. D., Ward, and Keshavarz-Moore, E: Impact of plasmid size 
on cellular oxygen demand in Escherichia coli. Biotechnol.Appl.Biochem. 2003, 38: 
1-7.
Kensey, F., Zimmermann, H. F., Knabben, I, Anderlei, T, Trauthwein, H.,
Dingerdissen, U., and Biichs, J.: Oxygen transfer phenomena in 48-well microtiter 
plates: Determination by optical monitoring of sulfite oxidation and verification by 
real-time measurement during microbial growth. Biotechnol.Bioeng. 2005, 89: 698- 
708.
Kolmogorov, A. N.: Dissipation of energy in the locally isotropic turbulence.
Com.Rend.Acad.Sci.fU.S.S.R.) 1941,32: 16-19.
Kumar, S., Wittmann, C., and Heinzle, E.: Minibioreactors. Biotechnol.Lett. 2004, 26: 
1- 10 .
Lamping, S. R.: Design of a miniature bioreactor and its use in fermentation and 
cell culture. PhD, University o f London 2004.
Lamping, S. R., Zhang, H., Allen, B., and Ayazi Shamlou, P.: Design of a prototype 
miniature bioreactor for high throughput automated bioprocessing. Chem.Eng.Sci. 
2003, 58: 747-758.
Lee, S. Y.: High cell-density culture of Escherichia coli. T1BTECH 1996, 14: 98-105.
Levy, M. S., O'Kennedy, R. D., Ayazi-Shamlou, P., and Dunnill, P.: Biochemical 
engineering approaches to the challenges of producing pure plasmid DNA.
T1BTECH 2000, 18: 296-305.
223 J.I. Betts 2006
Lewis, G., Taylor, I. W., Nienow, A. W., and Hewitt, C. J.: The application of multi- 
parameter flow cytometry to the study of recombinant Escherichia coli batch 
fermentation processes. J.Ind Microbiol Biotechnol 2004, 31: 311-322.
Linek, V., Benes, P., and Vacek, V.: Dynamic pressure method for kLa 
measurement in large scale bioreactors. Biotechnol.Bioeng 1989, 33: 1406-1412.
Linek, V., Sinkule, J., and Benes, P.: Critical assessment of gassing in methods for 
measuring kLa in fermenters. Biotechnol.Bioeng 1991, 38: 330-
Linek, V. and Tvrdik, J.: A generalization of kinetic data on sulphite oxidation 
systems. Biotechnol.Bioeng. 1971, 13: 353-369.
Linek, V. and Vacek, V.: Chemical engineering use of catalyzed sulfite oxidation 
kinetics for the determination of mass transfer characteristics of gas—liquid 
contactors. Chem.Eng.Sci. 1981,36: 1747-1768.
Linek, V., Vacek, V., and Benes, P.: A critical review and experimental verification 
of the correct use of the dynamic method for the determination of oxygen transfer 
in aerated agitated vessels to water, electrolyte solutions and viscous liquids.
Chem.Eng.J. 1987,34: 11-34.
Lye, G. J., Ayazi-Shamlou, P., Baganz, F., Dalby, P. A., and Woodley, J. M.: 
Accelerated design of bioconversion processes using automated microscale 
processing techniques. TIBTECH 2003, 21: 29-37.
Maharbiz, M. M., Holtz, W. J., Howe, R. T., and Keasling, J. D.: Microbioreactor 
arrays with parametric control for high-throughput experimentation.
Biotechnol.Bioeng. 2004, 85: 376-381.
Maier, U. and Biichs, J.: Characterisation of the gas-liquid mass transfer in shaking 
bioreactors. Biochem.Eng.J. 2001, 7: 99-106.
224 J.I. Betts 2006
Manikowski, M., Bodemeier, S., Lubert, A., Bujalski, W., and Nienow, A. W.: 
Measurement of gas and liquid flows in stirred tank reactors with multiple 
agitators. Canadian J.Chem.Eng. 1994, 5: 769-781.
Manns, R.: Microplate history, 2nd Ed. Mai. 1999. 
http://www.messebasel.ch/miptec/mission_history.htm.
Markopoulos, J., Babalona, E., and Tsiliopoulou, E.: Power consumption in agitated 
vessels with dual Rushton turbines: Baffle length and impeller spacing effects.
Chem.Eng.Technol. 2004, 27: 1212-1215.
Marquardt, D. W.: An algorithm for least square estimation of non-linear 
parameters. J.Soc.Ind.Appl.Math. 1963,11: 431-441.
Martin, S. M. and Bushell, M. E.: Effect of hyphal morphology on bioreactor 
performance of antibiotic-producing Saccharopolyspora erythraea cultures.
Microbiology 1996, 142: 1783-1788.
Mere, L., Bennett, T., Coassin, P., England, P., Hamman, B., Rink, T., Zimmerman, S., 
and Negulescu, P.: Miniaturised FRET assays and microfluidics: key components 
for ultra-high-throughput screening. DDT  1999, 4: 363-369.
Michel, B. J. and Miller, S. A.: Power requirements of gas-liquid agitated systems.
AIChE 1962, 8: 262-266.
Micheletti, M., Nikiforaki, L., Lee, K. C., and Yianneskis, M.: Particle concentration 
and mixing characteristics of moderate-to-dense solid-liquid suspensions.
Ind.Eng.Chem.Res. 2003, 42: 6236-6249.
Minas, W., Bailey, J. E., and Duetz, W. A.: Streptomycetes in micro-cultures: 
Growth, production of secondary metabolites, and storage and retrieval in the 96- 
well format. Antonie Van Leeuwenhoek 2000, 78: 297-305.
Mrotzek, C., Anderlei, T., Henzler, H. J., and Biichs, J.: Mass transfer resistance of 
sterile plugs in shaking bioreactors. Biochem.Eng.J. 2001, 7: 107-112.
225 J.I. Betts 2006
Mununga, L, Hourigan, K, and Thompson, M.: Numerical Study of the effect of blade 
size on pumping effectiveness of a paddle impeller in an unbaffled mixing vessel.
3rd lntl.Conf.CFD in Minerals and Proc.Ind. 2003, 299-304.
Nere, N. K., Patwardhan, A. W., and Joshi, J. B.: Liquid-phase mixing in stirred 
vessels: Turbulent flow regime. Ind.Eng.Chem.Res. 2003, 42: 2661-2698.
Ortiz-Ochoa, K., Doig, S. D., Ward, J. M., and Baganz, F.: A novel method for the 
measurement of oxygen mass transfer rates in small-scale vessels. Biochem.Eng.J. 
2005, 25: 63-68.
Oyama, Y. and Endoh, K.: Power Characteristics of Gas-Liquid Contacting Mixers.
Chem. Eng. (Japan) 1955, 19: 2-8.
Paglianti, A., Takenaka, K., and Bujalski, W.: Simple Model for Power Consumption 
in Aerated Vessels Stirred by Rushton Disc Turbines. AIChE 2001, 47: 2673-2683.
Pavlou, A. K. and Reichert, J. M.: Recombinant protein therapeutics - success rates, 
market trends and values to 2010. Nature Biotechnol. 2004, 22: 1513-1519.
Puskeiler, R, Kaufmann, K, and Weuster-Botz, D: Development, parallelization, and 
automation of a gas-inducing milliliter-scale bioreactor for high-throughput 
bioprocess design (HTBD). Biotechnol.Bioeng. 2005, 89: 512-523.
Puskeiler, R and Weuster-Botz, D: Combined sulfite method for the measurement of 
the oxygen transfer coefficient kLa in bioreactors. J  .Biotechnol. 2005,120: 430-438.
Rewatkar, V. B. and Joshi, J. B.: Role of sparger design on gas dispersion in 
mechanically agitated gas-liquid contactors. Canadian J.Chem.Eng. 1993, 71: 278- 
291.
Ruchti, G, Dunn, I. J., and Bourne, J. R.: Practical guidelines for the determination of 
oxygen transfer coefficients (KLa) with the sulfite oxidation method. Chem.Eng.J. 
2004, 30: 29-38.
226 J.I. Betts 2006
Shreyer, B. H.: A microfluidic cell culture device for bioprocess development. Cell 
Culture Eng.Conference IX, Cancun, Mexico 2004.
Shukla, V. B., Parasu Veera, U., Kulkami, P. R., and Pandit, A. B.: Scale-up of 
biotransformation process in stirred tank reactor using dual impeller bioreactor.
Biochem.Eng.J. 2001, 8: 19-29.
Stanbury, P. F., Whitaker, A., and Hall, S. J.: Principles of Fermentation Technology.
1995, 2: 248-249.
Stokelman, A., Slaff, G., Zazur, A., Rodgers, F., Low, D., and Seewoester, T.: High 
throughput cell culture experimentation with Bioprocessors' SimCell Platform.
Biochemical Engineering X I V : Frontiers and Advances in Biotechnology, Biological 
and Biomolecular Engineering, British Columbia, Canada 2005.
Szita, N., Boccazzi, P., Zhang, Z., Boyle, P., Sinskey, A., and Jensen, K.: Development 
of a multiplexed microbioreactor system for high-throughput bioprocessing. Lab
Chip 2005, 5: 819-826.
Thomas, C. R.: Shear effect on cells in bioreactors. Processing o f solid-liquid 
suspensions. 1st Ed. Butterworth Heinemann, Oxford, UK 1993: 158-191.
Tribe, L. A., Briens, C. L., and Margaritis, A.: Determination of the volumetric mass 
transfer coefficient (kLa) using the dynamic ldquogas out-gas inrdquo method: 
Analysis of errors caused by dissolved oxygen probes. Biotechnol.Bioeng. 1995, 46: 
388-392.
Tucker, K. G. and Thomas, C. R.: Inoculum effects on fungal morphology: Shake 
flasks vs agitated bioreactors. Biotechnol.Tech. 1994, 8: 153-156.
Van't Riet, K.: Review of measuring methods and results in non-viscous gas-liquid 
mass transfer in stirred vessels. Ind.Eng.Chem.Process.Des.Dev 1979,18: 357-364.
Vecht-Lifshitz, S. E., Magdassi, S., and Braun, S.: Pellet formation and cellular 
aggregation in Streptomyces tendae. Biotechnol.Bioeng. 1990, 35: 890-896.
227 J.I. Betts 2006
Warmoeskerken M.M.C.G. and Smith, J. M.: Impeller loading in multi-turbine 
vessels. 2nd Intl.Conf.Bioreactor Fluid Dyn., Cambridge 1988.
Warren, S. J.: The relation between the morphology and rheology of mycelial 
fermentations. PhD Thesis, University o f London 1994.
Weiss, S., John, G. T., Klimant, I., and Heinzle, E.: Modeling of Mixing in 96-Well 
Microplates Observed with Fluorescence Indicators. Biotechnol.Prog. 2002, 18: 
821-830.
Weuster-Botz, D: Parallel reactor systems for bioprocess development. Adv Biochem 
Eng/Biotechnol 2005,92: 125-143.
Weuster-Botz, D, Puskeiler, R, Kusterer, A., Kaufmann, K, John, G. T., and Arnold,
M.: Methods and milliliter scale devices for high-throughput process design.
Bioproc.Biosys.Eng. 2005, 28: 109-119.
Weuster-Botz, D., Altenbach-Rehm, J., and Arnold, M.: Parallel substrate feeding 
and pH-control in shaking-flasks. Biochem.Eng.J. 2001a, 7: 163-170.
Weuster-Botz, D., Altenbach-Rehm, J., and Hawrylenko, A.: Process-engineering 
characterization of small-scale bubble columns for microbial process development.
Bioproc.Biosys.Eng. 2001b, 24: 3-11.
Wittmann, C., Kim, H. M., John, G., and Heinzle, E.: Characterisation and 
application of an optical sensor for quantification of dissolved oxygen in shake- 
flasks. Biotechnol.Lett. 2003, 25: 377-380.
Yawalkar, A. A., Heesink, A. B. M., Versteeg, G. F., and Pangarkar, V. G.: Gas-liquid 
mass transfer coefficient in stirred tank reactors. Canadian J.Chem.Eng. 2002, 80: 
840-848.
Zanzotto, A., Szita, N, Boccazzi, P., Lessard, P., Sinskey, A., and Jensen, K.: 
Membrane aerated Micro-bioreactor for high-throughput bioprocessing.
Biotechnol.Bioeng. 2004, 87: 243-254.
228 J.I. Betts 2006
Zhang, Z, Szita, N, Boccazzi, P., Sinskey, A., and Jensen, K.: A well-mixed polymer- 
based microbioreactor with integrated optical measurements. Biotechnol.Bioeng 
2006, 93: 286-296.
Zhu, Y., Bandopadhayay, P. C., and Wu, J. Y.: Measurement of gas-liquid mass 
transfer in an agitated vessel - a comparison between different impellers.
J.Chem.Eng. Japan 2001, 34: 579-584.
Zimmermann, H. F., John, G. T., Trauthwein, H., Dingerdissen, U., and Huthmacher, 
K.: Rapid Evaluation of Oxygen and Water Permeation through Microplate 
Sealing Tapes. Biotechnology Progress 2003, 19: 1061-1063.
229 J.I. Betts 2006
Appendix A: Sample calculation
kLa calculation using the static gassing out technique
During each static gassing out technique trial, DOT was recorded as a function of time 
and from this k^ a was calculated using equation Al, where tm = 1/ kLa:
Cp = 1
t . - t
(?) , „.(?)
Al
Data from each trial was entered into a Microsoft Excel worksheet alongside equation 
Al, as shown in Figure A.I.
T im e
(s)
D O T
(%)
C p c a lc u la te d  
(C p  = (1 0 0 -D O T )/1 0 0 )
C p  e s t im a te d  
(from  e q . A 1)
tm
(e s t im a te d )
C p c a lc . - 
C p  e s t .
k La
(h ’1)
8 .1 2 1 .0 0 .7 9 0 .7 9 5 .1 6 -5 .3 E -0 7 6 9 8 .3
9 .4 2 5 .1 0 .7 5 0 .7 5 5 .4 6 -2 .7 E -0 7 6 5 9 .8
1 0 .8 2 9 .1 0.71 0 .7 1 5 .7 3 -3 .0 E -0 7 6 2 8 .5
1 2 .2 3 4 .1 0 .6 6 0 .6 6 5 .6 1 4 .1 E - 0 7 6 4 1 .8
1 3 .5 3 7 .9 0 .6 2 0 .6 2 5 .8 5 7 .5 E - 0 7 6 1 5 .5
1 4 .8 4 2 .4 0 .5 8 0 .5 8 5 .8 1 -4 .6 E -0 7 6 1 9 .7
1 6 .2 4 6 .9 0 .5 3 0 .5 3 5 .6 6 -8 .3 E -0 7 6 3 6 .0
1 7 .5 5 1 .6 0 .4 8 0 .4 8 5 .3 9 4 .3 E - 0 7 6 6 7 .7
1 8 .9 5 5 .2 0 .4 5 0 .4 5 5 .4 0 -4 .4 E -0 7 6 6 6 .7
2 0 .3 5 8 .5 0 .4 2 0 .4 2 5 .4 5 6 .5 E - 0 7 6 6 0 .5
2 1 .6 6 2 .4 0 .3 8 0 .3 8 5 .1 8 2 .1 E - 0 7 6 9 4 .7
2 2 .9 6 5 .4 0 .3 5 0 .3 5 5 .1 7 2 .5 E - 0 7 6 9 5 .7
2 4 .3 6 8 .1 0 .3 2 0 .3 2 5 .1 5 1 .6 E -0 7 6 9 8 .9
2 5 .6 7 0 .7 0 .2 9 0 .2 9 5 .1 1 3 .7 E - 0 7 7 0 4 .4
2 7 .0 7 3 .5 0 .2 7 0 .2 6 4 .9 1 2 .2 E -0 7 7 3 3 .7
2 8 .3 7 6 .2 0 .2 4 0 .2 4 4 .6 0 7 .1 E -0 8 7 8 2 .3
2 9 .7 7 7 .9 0 .2 2 0 .2 2 4 .7 1 -2 .6 E -0 7 7 6 4 .2
Figure A. 1: Example of the Microsoft Excel worksheet used to calculate kLa in
conjunction with the static gassing out technique.
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It can be seen from Figure A. 1 that the normalised dissolved oxygen concentration (Cp) 
was determined at each time point from the DOT data recorded during the kLa trial. The 
Marquardt algorithm (equation A. 1) was then used to estimate Cp at each time point.
These estimated values of Cp were calculated using approximate values of tp, for which 
Excel Solver was used to determine the optimum value of tp for each time point such 
that calculated Cp equalled estimated Cp. This verification of the estimated Cp value 
therefore allowed ^ a  to be calculated for each time point. It can be seen from the 
example depicted in Figure A. 1 that kLa was not constant throughout each trial. As a 
result, the overall ^ a  for each trial was determined by averaging kLa values for all data 
points in the DOT range 20 -  80 %.
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Appendix B: Poster presentation
Characterisation and application of a novel stirred miniature 
bioreactor (MBR) of 18ml working volume for the scale down of 
industrially-relevant microbial fermentations
This poster was presented at the conference “Biochemical Engineering XIV: Frontiers 
and Advances in Biotechnology, Biological and Biomolecular Engineering”, held July 
10th - 14th, 2005 in Harrison Hot Springs, BC, Canada.
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I  Characterisation and application of a novel stirred miniature 
bioreactor (MBR) of 18ml working volume for the scale down of 
HJCL industrially-relevant microbial fermentations
BiocHFMir”  Jonathan Betts, Steven Doig and Frank Baganz
ENGINEERING The A dvanced  C en tre  for Biochem ical Engineering, University C ollege London, Torrington P lace , London W C 1E 7JE , UK.
The development of novel microbial fermentations often requires the use of small-scale biorcactors capable of mimicking large-scale vessels. Existing scale- 
down approaches to fermentation often have to compromise some aspect of their performance, which can limit their applicability. Microtitre plates and 
shake flasks can suffer from low oxygen transfer rates (OTRs), are not fully instrumented and can struggle to reproduce the performance of production 
vessels. At UCL we have built on work by Lamping eta l (2003) and developed a novel, fully-instrumented, stand-alone miniature biorcactor (MBR) of 18ml 
working volume designed to offer sterile conditions able to support the commcrcially-important fermentations of E. coli mediated antibody fragment and 
Saccharopolyspora erythraea producing erythromycin.
a) determination of power number
Jack®
Chambe 62m
L Optical r DOT
Optical.
■ Imp® He
Saccharopolyspora erythraea fe rm e n ta tio n
Microscopic image of 1/10 dilution Microscopic image ot 1/10 dilution Microscopic image of 1/50 dilutionculture broth in MBR after 38h at culture broth in MBR after 36h at culture broth in 7L rermcnter after3S0Orpm I lOOrpm 43h at gOOrpm
High agitation rate in the MBR led to cell clumps with short hyphal lengths, as 
shown in image 1. Wardcll and Bushell (1999) found that no antibiotic was 
produced by a culture when branch lengths were shorter than 50pm. Despite 
biomass levels consistent with larger scale fermentations (8g/L), no antibiotic was 
produced in this culture.
A second fermentation was carried out in the MBR with a much reduced agitation 
rale. Mean hyphal length of the culture was significantly increased due to reduced 
shear forces, as shown in image 2. Unfortunately, background contamination 
present in the inoculum reduced the S. erythraea in this culture and hence the 
erythromycin litre from 160mg/L to 40mg/L.
Image 3 illustrates the large mean hyphal length found in the 7L biorcactor when 
operated at SOOrprn. Clearly, shear is not a problem at this scale and the biomass 
reached 8g/L. Erythromycin levels in the 7L vessel reached 160ml/L.
Design and characterisation of the
10 100 1000 , 10000 100000 
P,V Wm
kj.a and mixing lime in the 25ml MBR and 7L 
reactor. • 25 ml ki a, A 7 L Iqa, — 25 ml
mixing time, 7 L mixing time.
kt.a was estimated using the static gassing-out 
technique in de-ionised water and a probe 
response time varying with agitation rate.
E. coli (plasmid and antibody fragment)
50 1 Oml MBR and 7L E.coli
s- DHSapSVp 
40 “*• Plasmid fermentation
? 25ml: 3500rpm 
30  ^ Q = I VVM
7L: 800rpm Q = 1 VVM
20 ■ 25 ml biomass x 10
— A 25ml [plasmid]
10 £ — 25 ml DOT%
x ■ 7L biomass x 10 0 A 7L [plasmid]
100 200 300 400 500   7 L  DOT*
Time [min]
25ml and 7L Ecoli A33 Fab’ 
25ml: 3300rpm Q = 1 VVM 
7L: 800rpm Q = 1 VVM
■ 25ml biomass
— 25ml [glycerol] g/L
■ 7L biomass
— 7L [glycerol] g/L
No Fab* was made in this 
instance in the MBR due to an 
unreliable induction protocol 
that affects all scales equally.
1 10 100 1000 10000 
Reynolds' Number 
Power directly measured us electrical energy and then 
converted to mechanical power, giving a power number 
of 1.0 per impeller. Ratio of Blade thickness:blade 
width significantly larger in MBR titan in 7L reactor, 
contributing to the lower power number than the value 
of 4 usually quoted for a 6-blade paddle impeller.
Air is dispersed by three 6-blade paddle-style impellers 
and is introduced by a sparger located directly beneath 
the bottom impeller. pH and DOT are monitored on­
line using Presens- optical sensors and adhesive patches 
located inside the vessel.
C o n c lu s io n s : M in ia tu re  b io re a c to r  m a tc h e s  o r  e x c e e d s  th e  p e r fo rm a n c e  o f  a  7 L  b io re a c to r  fo r  k La , m ix in g  t im e , p la s m id  E co/i fe rm e n ta t io n  a n d  F a b ’ 
E. co/ife rm e n ta t io n . S. erythraea c a n  e n c o u n te r  e x c e s s iv e  s h e a r  in  th e  M B R  a t  h ig h  im p e lle r  s p e e d s , le a d in g  to  n o  p ro d u c t fo rm a t io n . H o w e v e r , th e  
h ig h  in tr in s ic  k La  c a p a b il it y  o f  th e  v e s s e l a llo w s  lo w e r  im p e lle r  s p e e d s  to  b e  u se d , y ie ld in g  in c re a s e d  e ry th ro m y c in  A  w ith o u t d e p r iv in g  th e  c u ltu re  o f 
o x y g e n .
References: I. Lamping el al. (21X13) Design of a prototype miniature bioreactor for high throughput autoiratcd bioprocessing. Chemical Engineering Science 38: 747 7582. Wardcll and Bushell. (1999) Kinetics and manipilation of hyphal breakage and it* effect on antibiotic production. Enzyme and Microbial Technology 25:404-410
Contact: Mr Jonathan Betts Phone: +44 20 7679 4410 Fax: +44 20 7916 3943 email: jonathan.betts@ucl.ac.uk
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Appendix C: Publications
Characterisation and application of a miniature 10 ml stirred-tank 
bioreactor showing scale-down equivalence with a conventional 7 L 
reactor.
This paper was published in 2006 in the journal 
Biotechnology Progress 
Volume 22, pages 681-688
Miniature bioreactor systems: Current practices and future 
opportunities.
This review was published in 2006 in the BioMed online journal 
Microbial Cell Factories (www.microbialcellfactories.com)
Volume 5, article number 21
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A bstrac t
This review focuses on the emerging field of miniature bioreactors (MBRs), and examines the way 
in which they are used to speed up many areas of bioprocessing. MBRs aim to achieve this 
acceleration as a result of their inherent high-throughput capability, which results from their ability 
to  perform many cell cultivations in parallel. There are several applications for MBRs, ranging from 
media development and strain improvement to  process optimisation. The potential of MBRs for 
use in these applications will be explained in detail in this review. MBRs are currently based on 
several existing bioreactor platforms such as shaken devices, stirred-tank reactors and bubble 
columns. This review will present the advantages and disadvantages of each design together with 
an appraisal of prototype and commercialised devices developed for parallel operation. Finally we 
will discuss how MBRs can be used in conjunction with automated robotic systems and other 
miniature process units to deliver a fully-integrated, high-throughput (HT) solution for cell 
cultivation process development.
Review
Introduction
T he ad v en t o f  m o lecu la r b io logy  an d  genetic-m anipula- 
tio n  tech n o lo g y  over th e  last q u a rte r  o f  a cen tury  has h ad  
a d ram atic  effect u p o n  th e  p h arm aceu tica l/hea lthcare  
industries, w ith  a large n u m b e r  o f  th e  m an y  app lica tions 
o f  th is  tech n o lo g y  be in g  based  o n  th e  ability  to  create 
reco m b in an t cell lines fo r h u m a n  therapeu tic  benefit 
[ 1,2). In  a d d itio n  to  th e  d e v e lo p m en t o f  these  genetically- 
m od ified  o rgan ism s, th e re  rem ain s a need  to  im prove 
w ild-type p roductiv ity , accelerate th e  screening o f  newly- 
discovered m icrobes an d  co n tin u e  th e  progression  o f  
related  tasks such  as g row th  m ed iu m  im p ro v em en t and  
process o p tim isa tio n . T rad itiona lly , cell cu ltivation  p ro c­
ess dev e lo p m en t has req u ired  th e  screen ing  o f  large n u m ­
bers o f  cell lines in  shake  flask  cultures, an d  from  th is th e  
fu rther testing  o f  successful can d id a tes  in  bench -top  b io ­
reactors p rio r to  p ilo t-scale  stud ies [3]. T he need  to  carry 
o u t a vast n u m b e r  o f  d ev e lo p m en t cultivations has 
resu lted  in  th e  advance an d  increasingly w idespread 
d ep lo y m en t o f  sm all-scale b io reac to r system s th a t offer a 
m in ia tu rised , HT so lu tio n  to  process developm ent.
T he m a in  cell types u sed  to  p roduce  therapeu tic  p roducts 
are bacterial an d  m am m alian  cells, each o f  w hich p o s­
sesses u n iq u e  benefits an d  lim ita tions th a t influence th e  
type o f  b io reac to r u sed  fo r process developm ent. Bacterial 
cells are generally  ro b u s t an d  n o t susceptib le to  shear 
dam age, m ean in g  th a t highly-shearing  radial im peller sys­
tem s (e.g. R ush ton  tu rb ines) and  h ig h  ag ita tion  rates can 
b e  em ployed . T his p rov ides such b ioreactors w ith  a h igh 
m ass transfer capability , allow ing  rap id ly  m etabolising , 
high-cell density  m icrob ia l cell cu ltivations to  be su p ­
p o rted  an d  increasing  th e  a m o u n t o f  p roduc t th a t such
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Fully instrumented bioreactor 
1 to 1001
CD
o o Small-scale stirred vessels 
10 to 100 ml
AA Microplates
Shake flasks 0.1 to 5 ml
25 to 500 ml
E x p e r im e n ta l  th ro u g h p u t  ^
F igure I
Illustration of the  trade  off in information ou tpu t versus HT 
capability tha t currently  exists fo r various cell cultivation 
devices a t different scales (adapted from  Doig e t al., 2006 
[3]). This figure shows th a t as b ioreactors increase in scale, 
typically m ore process information is available due to  
im proved m onitoring and contro l systems.
lim ited  o p p o r tu n ity  fo r o ff-line sam p lin g  d u e  to  the  sm all 
v o lu m es u sed  (ran g in g  from  ca. 0.1 m l to  approx . 100 
m l); th is  m ean s  th a t th e re  is cu rren tly  a trad e -o ff betw een  
in fo rm a tio n  c o n te n t in  te rm s o f  d a ta  qu a lity  an d  q u an tity  
ava ilab le  fro m  th e  b io reac to r o b ta in e d  by b o th  o n lin e  
a n d  off-line m e a su re m e n t a n d  ex p erim en ta l th ro u g h p u t, 
illu s tra ted  in  Figure 1. As n o  device has yet so lved all o f  
th e  challenges o f  m in ia tu ris in g , i.e. accurately  m im ick ing  
large-scale p rocess c o n d itio n s  an d  yet still re ta in ing  the  
fu ll fu n c tio n a lity  o f  co n v e n tio n a l b io reacto rs, it is the  
in te n tio n  o f  th e  a u th o rs  to  review  cu rren t d eve lopm en ts  
an d  th e n  in d ica te  w here  th e  tech n o lo g y  is likely to 
p rogress in  th e  fu tu re  so  th a t th e  cu rren t HT benefits  can 
b e  ex p an d ed  a n d  th e  in fo rm a tio n  gap th a t cu rren tly  exists 
b e tw een  m in ia tu re  a n d  lab-scale b io reac to r p la tfo rm s is 
reduced . T his review  has g ro u p ed  th e  various MBRs 
described  o n  th e  basis  o f  th e ir  ag ita tio n  m e th o d  (i.e. shak ­
ing, stirring  o r  gas-sparging) w ith  reference to  th e  type  o f  
c o n v en tio n a l b io reac to r they  e ith e r m im ic  o r  are derived 
from ; th e  key specifica tions an d  characteristics o f  p ro to ­
type a n d  co m m erc ia lised  m in ia tu re  cell cu ltiva tion  
devices cap ab le  o f  para lle l o p e ra tio n  are su m m arised  in 
T able 1.
b io p ro cesses can  y ield . A lth o u g h  m a m m a lia n  cells d o n 't  
have a p ro tec tiv e  cell w all a n d  so are  typically  m o re  shear- 
su scep tib le  a n d  req u ire  g en tle r h a n d lin g  th a n  th e ir  bac te ­
rial co u n te rp a rts , m o s t o f  th e  com m ercia lly -u sed  cell lines 
can  be g ro w n  in  s tirred  ta n k  b io reacto rs, a lbe it w ith  
design  m o d ifica tio n s . For exam p le , low -shear, m arine- 
type  axial im p e lle rs  can  be  u sed  in s tead  o f  R ush ton  tu r­
b in e s  to  gen tly  c ircu la te  th e  cells a n d  n u tr ien ts  in  a baffle- 
free en v iro n m en t; a n d  sh ea r p ro tec tan ts  such  as serum  o r 
P lu ro n ic  F-68 can  b e  a d d e d  to  cell cu ltu re  m ed ia  [4],
M iniature shaken b ioreactor  systems
Shaken  system s have b een  used  in  b iop rocessing  from  the 
very first a ttem p ts  to  g row  a n tib io tic -p ro d u c in g  m icrobial 
cu ltu res in  th e  1940s. They are still w idely  u sed  in  industry  
a n d  acad em ia  as a to o l fo r d rug  discovery; m ed ia , strain  
a n d  p ro d u c t o p tim isa tio n ; an d  process d ev e lo p m en t [8-
11]. T hey  co m p rise  m an y  d iffe ren t designs a n d  vo lum es, 
rang ing  from  shake  flasks o f  h u n d re d s  o f  m illilitres right 
d o w n  to  m ic ro titre  p la tes (M TPs) o f  a few  m icro litres in 
vo lum e.
In a d d itio n  to  th e ra p e u tic  d ru g  d ev e lo p m en t, MBRs can 
be  u sed  fo r g ro w th  m e d iu m  d ev e lo p m en t; stra in  im p ro v e­
m e n t th ro u g h  m e tab o lic  en g in ee rin g  o r  d irec ted  evo lu ­
tio n ; a n d  so -called  b io  p ro sp ec tin g  o f  n a tu ra l p roduc ts  -  
all o f  w h ich  are p rocesses th a t carry a large b io reac to r b u r­
d e n  w h ich  can  be  a llev ia ted  by  th e  use o f  HT m in ia tu re  
devices. In  particu la r, MBRs can  reduce  th e  la b o u r in te n ­
sity a n d  m a te ria ls  cost o f  th e  vast n u m b e r  o f  cell cu ltiva­
tio n s  necessary  in  b io p ro cess  d ev e lo p m en t, increasing  the  
level o f  p a ra lle lism  a n d  th ro u g h p u t achievable, an d  as 
such  are  o f  g ro w in g  in te re s t [5-7]. It is im p o rta n t th a t such 
devices w h e n  u sed  fo r p rocess d e v e lo p m e n t can be  relied 
u p o n  to  accu ra te ly  m im ic  la b o ra to ry  an d  p ilo t scale b io ­
reactors so  th a t  g ro w th  k inetics a n d  p ro d u c t expression  -  
o p tim ised  a t m in ia tu re  scale -  can  be  expected  to  scale-up 
q u an tita tive ly .
W hilst u n d o u b te d ly  b e in g  m o re  capab le  o f  HT o p e ra tio n  
th a n  co n v e n tio n a l, labo ra to ry -sca le  b io reacto rs, MBRs 
typically  are  cu rren tly  less in s tru m e n te d  an d  also  have
Sh ake flasks
For th e  past fifty years, scien tists have u sed  cell cu ltiva tion  
in  shake  flasks as a m ean s  o f  process d ev e lo p m en t o n  a 
sm all scale, w ith  v o lu m es rang ing  from  ca. 10 m l to  500 
m l [12], Shake flasks co m e  in a variety  o f  guises, can  be 
m ad e  o u t o f  glass o r  p lastic  an d  so m e have baffles to  aid  
ae ra tio n  a n d  m ixing. T hey can be ag ita ted  using  e ither 
o rb ita l o r  lin ea r sh ak in g  an d  can  be  h o u sed  in a tem p era ­
tu re -co n tro lled  cab ine t. Factors th a t affect shake flask cu l­
tiv a tio n s  in c lu d e  vessel size, fill vo lum e, construc tion  
m ateria l, g eom etry  o f  baffles, sh ak ing  frequency  and  type 
o f  p lug  u sed  to  seal th e  vessel. Biichs |1 2 ] asserts th a t 
shake  flasks have b een  e s tim ated  to  be u sed  for over 90%  
o f  all cu ltu re  ex perim en ts  across in d u stry  an d  academ ia, 
g row ing  a w ide  range o f  m icroo rgan ism s e.g. bacteria 
113], fungi [14], a n d  yeasts 115] as w ell as m am m alian  
cells [8 ]. It is easy to  see w hy  they  are so w idely  used: they  
are an  inexpensive  a n d  effective w ay o f  rep roducib ly  p e r­
fo rm in g  m an y  types o f  industria lly -re levan t cell cultiva­
tio n s  for p rocess d ev e lo p m en t. M oreover they  are easy to
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Table I: A com parison of th e  m iniature bioreactor system s (MBRs) that have been  reported  to  be capable o f parallel operation  
illustrating key technical and perform ance specifications.
D evice/
R eference
Based on V olu m e (m l) A gitation /
A eration
pH, D O T  and 
O D
in stru m entati
on
KLa (h ') M ethod M ultiplexing
Fedbatch-Pro,
http://
www.dasgip.de
Shake flask 5 0 - 5 0 0 Orbital shaker; 
Surface
pH via 
sterilisable 
probe
N/R N/A 16
MicroReactor,
http://
www.applikon-
pio.com
MTP + 
microfabricatio 
n
3-5 Orbital shaker 
(up to 800 
rpm); Gas 
sparging
pH and DOT 
via optical 
probes
N/R N/A 24
SimCell, http:// 
www.pioprocessQ 
rs.com
Microfluidic
chip
0.3 -  0.7 Rotation of 
MBR chips; 
Surface via 
membrane
pH, DOT and 
OD at-line via 
cell-reading 
station
Up to 500 CFD estimation 1500
MBR array [59] MTP + 
microfabricatio 
n
0.25 Orbital shaker 
(175 rpm); 
electrochemical 
0 2 generation
pH (ISFET 
sensor) and OD  
optically
Unknown N/A 8
Polymer-MBR
[41,56]
Microfabricatio
n
0.15 Magnetic stirrer 
bar (200-800 
rpm), Surface 
via membrane
pH, DOT and 
OD via optical 
probes
2 0 - 7 5 Dynamic
gassing-out
8
Stirrer-Pro 
flask, http:// 
www.dasgip.de
STR 200 -  275 Magnetic stirrer 
bar ( 1 0 -  1000 
rpm); Sparger
pH and DOT 
via sterilisable 
probes
N/R N/A 16
Xplorer, http:// 
www.bioxpiore.ne 
t
STR Up to 100 Single turbine 
impeller (1 0 0 -  
2000 rpm); 
Sparger
pH, DOT and 
OD probes
400 Dynamic
gassing-out
16
Cellstation,
http://
.com
STR Up to 35 Dual paddle 
impeller (10 -  
1000 rpm); 
Sparger
pH, DOT and 
OD via optical 
probes
N/R N/A 12
MSBR [27, 40] STR 18 Triple turbine 
impeller (up to 
7000 rpm); 
Sparger
pH and DOT 
via optical 
probes
Up to 480 Dynamic
gassing-out
N/R
Bioreactor 
block [39, 44]
STR 8 - 1 2 Gas-inducing 
single impeller 
(up to 4000 
rpm)
DOT optically; 
pH and OD via 
plate reader
700 -  1600 Dynamic
gassing-out
48
Parallel BCR 
[52. 53]
Bubble column 200 Gas-sparging pH and DOT 
probes
Up to 540 Dynamic
gassing-out
16
MBCR [49, 51] Bubble column 2 Gas-sparging pH and DOT 
via optical 
probes
Up to 220 Dynamic
gassing-out
48
Nomenclature: SF = shake flask, MTP = microtitre plate, MSBR = miniature stirred bioreactor, STR = stirred tank reactor, MBCR = miniature 
bubble column reactor, DOT = dissolved oxygen, OD = optical density, ISFET = ion-selective field effect transistor, N/A = not applicable, N/R = 
not reported.
o p era te  a n d  largely im p erv io u s to  m echan ica l co m p lica ­
tions. T h ro u g h o u t m o s t o f  th e  long  perio d  o f  th e ir  use 
there  w as little  s ign ifican t m o d ific a tio n  o f  th e  techno logy  
116), w ith  n o  o n lin e  m o n ito r in g  o f  cu ltu res an d  m anual 
ad d itio n s  a n d  sam p ling . O n ly  recen tly  has there  b een  the  
in tro d u c tio n  o f  in s tru m e n te d  shake  flasks, designed  to  
m easure  a n d  p o te n tia lly  co n tro l pH  an d  D O T levels 
o n lin e  [15 ,17]. pH  an d  d isso lv ed  oxygen can be  m easured  
u sing  a ru th e n iu m  ox ide  dye th a t  quan tifiab ly  fluoresces
in th e  p resence o f  hydrogen  io n s o r  oxygen respectively 
w h en  excited w ith  an  LED lam p. T h is dye can e ith e r be 
in co rp o ra ted  in to  a pa tch  an d  ad h e red  in s ide  a flask o r  
coated  o n to  th e  tip  o f  a fibre o p tic -linked  p ro b e  and  
im m ersed  in to  th e  cu ltu re  o f  in terest. O th e r  param eters 
th a t can n o w  be m easu red  o n lin e  in c lu d e  oxygen transfer 
rate (OTR) an d  carb o n  d iox ide  ev o lu tio n  rate (CER) -  and  
from  these th e  resp ira to ry  q u o tie n t (R Q ) can be derived 
17]. H aving such  p aram eters m o n ito red  o n lin e  w ou ld
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allow  for m ore soph istica ted  cell-cultivation strategies to  
be carried ou t such as substrate  feeding based on  changes 
in culture b ro th  pH  d u e  to  cell m etabo lism  [18]. F urther­
m ore, Akgiin et al. [11] have recently  developed  a novel 
shake flask system  th a t is capable o f  co n tin u o u s  o p e ra tio n  
and  thereby increases th e  scope o f  paralle l b iop rocess 
developm ent using shaken  systems.
However, a m ajo r lim ita tio n  o f  shake flasks is th e ir  reli­
ance on  surface aera tion , lead ing  to  reduced  oxygen tran s­
fer relative to  stirred  tan k  reactors (STRs). W ittm an n  et al. 
[17] reported  overall vo lum etric  m ass transfer coefficient 
(kLa) values o f  u p  to  150 f r 1 in  shake flasks. kLa values o f  
151 h 1 (600  ml, 200  rp m ) to  277 h 1 (100  m l, 200  rpm ) 
have been  recorded  in  a novel, box-shaped , shake flask 
system  developed  by  Kato an d  T anaka [9], w h ich  are suf­
ficiently  h igh  to  perfo rm  m o st b a tch  cell cu ltiva tions w ith ­
o u t in h ib itin g  m icrob ia l grow th. These researchers 
in co rp o ra ted  gas-perm eable  m em b ran es in  th e  u p p e r cor­
ners o f  th e ir  p ro to ty p e  flasks w h ich  allow ed fo r m ore 
effective gas flow  in to  th e  vessel d u ring  shaking, overcom ­
ing  th e  p ro b lem  fo u n d  in  co n v en tiona l shake flasks o f  
in tro d u c in g  m o re  a ir in to  th e  system  in  a sterile way. For 
th e  p u rp o se  o f  cu ltiva tions w here th e  oxygen d em an d  is 
h igh , th e  in tro d u c tio n  o f  baffles can increase OTR at low er 
shak ing  frequencies [19]; how ever, h igh  speeds can lead 
to  excess sp lash in g  w h ich  can cause th e  gas-perm eable 
p lu g  (o ften  m a d e  o f  co tto n  w oo l) a t th e  to p  o f  th e  flask to  
b ecom e b locked  th ro u g h  liq u id  satu ra tion . Such an  
o b stru c tio n  has b een  sh o w n  to  severely reduce th e  oxygen 
transfer capab ility  o f  th e  system , w h ich  cou ld  cause p ro b ­
lem s if  a rap id ly -resp iring  aero b e  w as be ing  grow n [2 0 ]. 
Oxygen sta rva tion  c o u ld  slow  d o w n  th e  grow th rate, alter 
p ro d u c tio n  fo rm a tio n  rates a n d /o r  generate u n w an ted  
toxic by -p roducts e.g. acetate  fo rm a tio n  by Escherichia coli 
[2 1 ]-
Microtitre plates
MTPs (also  called  m icrow ell p la tes) w ere first in troduced  
in  1951 as a p la tfo rm  fo r d iagnostic  tests an d  are still 
w idely  used  in  th e  life sciences [22]. T hey h an d le  d iagnos­
tic  tests such as enzym e-linked  im m u n o so rb en t assays 
th a t take  advan tage  o f  th e  ab ility  to  perfo rm  m any  id en ti­
cal reac tions in  paralle l an d  a t a very sm all scale. It is th is 
advan tage  th a t h as  led  to  MTPs be ing  used  as m in ia tu re  
shaken  b io reac to rs  in  th e  screen ing  stage o f  process devel­
o p m e n t fo r cell-line ev a lu a tio n  [23]. Plates are usually  
fash ioned  o u t o f  p lastic, a lth o u g h  glass an d  m etal ver­
sions exist. M ixing can  b e  ach ieved  using  p ipe tte  asp ira­
tio n  o r  m agnetica lly -ag ita ted  stirrer bars; how ever, o rb ita l 
shak ing  o f  th e  en tire  p la te  o n  a h ea ted  b lock  capable o f  
con tro lling  cu ltu re  tem p e ra tu re  is by  far th e  m o st co m ­
m o n  m e th o d . T he n u m b e r  o f  w ells con ta in ed  in  MTPs is 
typically  6 , 12, 24, 96 an d  384, w ith  u p  to  1536 an d  3456 
wells n o w  ava ilab le  fo r u ltra  h ig h -th ro u g h p u t screening
(UHTS) [24], W ells can  e ith er be rec tangular o r cylindri­
cal, w ith  square  geom etries a id ing  m ixing an d  oxygen 
transfer by  m im ick ing  th e  ac tion  o f  baffles. S quare-bot­
to m ed  p la tes act in  a s im ila r w ay by lim itin g  vortexing o f  
liq u id  in s ide  th e  w ell an d  th u s  increasing  th e  tu rbu lence  
o f  th e  system . D ue to  th e  increase in  surface area caused 
by  greater flu id  d iss ip a tio n  u p  th e  sides o f  each m icrow ell 
an d  th e  increased  driv ing  force fo r oxygen caused by better 
m ixing, OTR is p ro p o r tio n a l to  shak ing  am p litude  and  
frequency, there fo re  increasing  these  param eters can be 
beneficial [23]. In  ad d itio n , H e rm an n  et al. have reported  
OTR to  b e  inversely p ro p o r tio n a l to  fill vo lum e, particu ­
larly at h ig h e r shak ing  frequencies [25]. H ow ever, there is 
a p o in t b ey o n d  w hich  any increase in  ag ita tion  results in  
spillage o f  process liq u id  (un less th e  w ell is capped  -  
w h ich  has it ow n  p rob lem s, w ith  reduced  oxygen transfer 
in to  th e  w ell). As w ith  shake flasks, th e  relatively low  oxy- 
gen-transfer capacity  o f  MTPs (kLa values o f  up  to  200 h 1 
in  96 w ell p la tes) stem s from  th e  fact th a t they  are shaken 
system s an d  rely u p o n  surface aera tio n  fo r m ass transfer. 
In  contrast, Kensey et al. [26] repo rted  kLa values using th e  
sulfite  ox id a tio n  m e th o d  o f  u p  to  1600 h 1 in a 48-well, 
s tan d a rd  geom etry  MTP w ith  3 m m  orb ita l th row  a t 1400 
rpm  using  a filling  v o lu m e o f  300  pi, w h ich  is com parab le  
w ith  co n v en tio n a l STRs. By using  a calculated  p ro p o r tio n ­
ality  constan t, th is  team  w ere ab le  to  relate th e  oxygen 
transfer capacity  o b ta in ed  using  a chem ical m e th o d  to  
b io log ical m edia .
There are also m e th o d s  available fo r de te rm in in g  kLa at 
sm all-scale w h ich  prov ide  d a ta  th a t are directly  com para­
b le  w ith  values o b ta in ed  u n d e r  process cond itions. For 
exam ple D uetzeta l. [23] an d  D oig etal. [49] estim ated  kLa 
by  m ass balance  u n d e r  co n d itio n s  o f  oxygen lim ita tion  
from  th e  linear g row th  o f  Pseudomonas putida in  an  MTP 
a n d  Bacillus subtilis in  a p ro to ty p e  m in ia tu re  bu b b le  col­
u m n  reactor (MBCR) respectively. In add ition , the  
d ynam ic  gassing-out m e th o d  is o ften  preferable to  th e  
sulfite ox id a tio n  m e th o d  for th e  d e te rm in a tio n  o f  kLa val­
ues as it is u sua lly  carried  o u t in  w ater [27]. C onsequen tly  
th is  system  is coalescing and , w h ils t n o t iden tical to  b io ­
logical m edia , it is m ore  represen tative o f  cell cultivation  
co n d itio n s th a n  th e  to ta lly  non-coalescing  cond itions o f  
th e  so d iu m  sulfite  m eth o d . H ow ever, th is  techn ique  is d if­
ficult to  use  in MTPs as shak ing  often  has to  be stopped  
before D O T m easu rem en t in  o rd e r to  get accurate read­
ings, th u s  altering  th e  m ass transfer en v iro n m en t at a crit­
ical m o m en t. D ue to  th e  p rob lem s associated w ith  using 
estab lished  m e th o d s  fo r kLa d e te rm in a tio n  in MTPs we 
have recently  developed  a novel m e th o d  th a t is based o n  
th e  b io -o x id a tio n  o f  catechol by  th e  enzym e catechol-2 ,3 - 
d ioxygenase [28], This m e th o d  y ielded sim ilar kLa values 
com pared  to  th e  dynam ic  gassing-out m e th o d  and  since it 
is rap id  an d  d o e sn 't requ ire  any  assum ptions ab o u t the
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kinetics we believe th a t th is m e th o d  is w ell su ited  fo r kLa 
evaluation in MTPs an d  o th e r sm all-scale devices.
MTPs also suffer to  a degree from  th e  very feature th a t 
makes them  attractive as a h ig h -th ro u g h p u t device -  sm all 
volum es -  because evapora tion  can rem ove a significant 
p roportion  o f  the  flu id  in  th e  well [7j. B reathable m em ­
branes can be placed o n  to p  o f  th e  plates to  lim it th is 
evaporation, yet th en  th e  oxygen transfer capab ilities are 
reduced. Z im m erm ann  et al. [29] reported  o n  a m em ­
brane th a t achieved a m odera te  degree o f  w ater re ten tion  
and  oxygen transfer; how ever, k La values w ere reduced  by 
a factor o f  five, fu rther exacerbating  th e  p ro b lem  o f  low  
oxygen transfer capab ility  in h e ren t in  shaken  systems. 
A lthough evapora tion  is a po ten tia l p ro b lem  in  all MBRs, 
MTPs app ea r to  be m ore  susceptib le to  th is d u e  to  typ i­
cally using  th e  sm allest process volum es. MTPs o f  3456 
wells offer th e  h ighest th ro u g h p u t o f  any m in ia tu re  cell 
cu ltivation  device available, an d  have been  show n q u a n ­
titatively  to  sustain  grow th o f  C hinese H am ster O vary 
(C H O ) cells [24], a lthough  such a m iniscule process vo l­
u m e  (1 -  2.2 p i) m eans th is device w ou ld  p robab ly  n o t be 
ab le  to  m im ic  th e  m echan ism s by  w hich  larger shaken  
vessels operate; fo r exam ple surface ten s ion  effects w ou ld  
ex tend  th ro u g h o u t th e  well, severely lim iting  m ixing capa­
bility. Furtherm ore , n o  rem oval o f  m ed ium  for off-line 
sam p lin g  w o u ld  be possib le.
A lthough  MTPs are u sed  extensively in  discovery research 
they  have  suffered  from  a lack o f  in s trum en ta tion  in  a 
sim ila r w ay  to  shake  flasks, lim iting  th e  range o f  da ta  th a t 
can be co llected . H ow ever, recently  techniques have been 
deve loped  to  m easu re  pH  an d  DOT in  such systems [30- 
32], For exam ple  Lye an d  colleagues have stud ied  the  
effect o f  pH  co n tro l o n  b io m ass yields an d  grow th kinetics 
o f  a f ilam en to u s  bac te rium  in  an  MTP [33]. D espite som e 
o f  th e  in h e re n t lim ita tio n s  o f  MTPs w hen  perform ing  cell 
cu ltiva tions, progress has b een  m ad e  in  th e  characterisa­
tio n  o f  m ixing, m ass-transfer an d  in s tru m en ta tio n  o f 
these  vessels, m ean in g  th a t th e  u n iq u e  advantages o f  these 
devices in  te rm s o f  au to m a tio n  p o ten tia l an d  in trinsic  HT 
capab ility  are lead ing  to  th e ir  grow ing use as early-stage 
MBRs.
Spin tubes
Early-stage sm all-scale  m am m alian  cell cu ltu re  process 
d ev e lo p m en t h as  trad itio n a lly  b een  carried o u t in  T  flasks 
and  sm all-scale  b io reacto rs (o ften  sp in n e r flasks, typically 
o f  500 m l v o lu m e) [34 ,35]. A lthough  in itia lly  largely 
u n d efin ed  devices, w o rk  has b een  perfo rm ed  to  character­
ise th e  en g in ee rin g  en v iro n m en t in  sp in n e r flasks w hich 
has m ad e  th e m  easier to  use as scale-dow n vessels [36]. 
N evertheless, th e  fact rem ain s th a t th e ir relatively large 
vo lum e m akes th e m  n o n -v iab le  as a HT technology, 
m ean ing  th a t  th e re  is a real requ irem en t fo r m in ia tu re
b io reacto rs to  be  u sed  in  co n ju n c tio n  w ith  m am m alian  
cells fo r para lle l cell cu ltivations. Recently sp in  tubes have 
been  deve loped  an d  u sed  as a sm all-scale process develop­
m e n t to o l fo r cu ltiva tion  o f  m am m alian  cells. T he spin  
tu b es first described  by D e Jesus et al. [37] appear to  offer 
several advantages over sp in n e r flasks, such as sm aller 
process v o lum e. T hey have since been  com m ercialised  by 
ExcellGene SA (Valais, Sw itzerland) u n d e r  the  nam e 
T ubeS p in  Satellites. T hese cu ltu re  vessels consist o f  m o d i­
fied 50 m l cen trifuga tion  tu b es m o u n te d  o n  a ro tating  
o rb ita l shaker p laced  in  an  incuba to r. C u ltu re  vo lum es are 
5 m l to  35 m l p e r reacto r an d  off-line analysis is carried 
o u t using  en tire  tu b es  o n  a sacrificial basis. This system  
does n o t have th e  in s tru m en ta tio n  necessary to  carry o u t 
fully characterised  m am m alian  cell cultivations; how ever, 
it is a usefu l to o l fo r m ed ia  o p tim isa tio n  a n d  productiv ity  
en h an cem en t an d  gives cell cu ltu re  dev e lo p m en t a high- 
th ro u g h p u t aspect, w ith  th e  developers o f  th is  system  
repo rting  th e  ab ility  to  process 1000 d ifferen t cultures per 
w eek. T he relatively  large v o lu m e an d  low  evapora tion  
rates fo u n d  in  th is  device are assets w h en  dealing  w ith  
slow -grow ing m a m m a lia n  cells, w here  cultures can be 
m an y  days in  d u ra tio n , y e t it  sh o u ld  b e  p o in te d  o u t th a t 
n o  eng inee ring  charac te risa tion  o f  m ix ing  an d  m ass tran s­
fer has b een  carried  o u t in  th is  system  an d  th u s  sp in  tubes 
are largely u sed  fo r screen ing  app lica tions.
Miniature stirred bioreactor systems
M iniature  stirred  b io reacto rs (MSBRs) based  o n  conven­
tio n a l STRs have been  deve loped  as an  alternative to  
shaken  MBR system s fo r early-stage process developm en t 
an d  cell characterisa tion . T ypically these  devices are 
closely m o d e lled  o n  lab-scale b io reacto rs an d  th u s  p erm it 
greater p o ten tia l fo r m o n ito r in g  an d  con tro l th a n  o ther 
m in ia tu re  b io reac to r p la tfo rm s. T hey are usually  o f  a p roc­
ess v o lu m e in te rm ed ia te  be tw een  MTPs an d  shake flasks 
[38,39] an d  co n stru c tio n  m ateria ls vary w idely, w ith  Per­
spex [38], Pyrex [40], po ly -m ethy lm ethacry la te  (PMMA) 
[39,41] an d  sta in less steel [40,42] all be ing  used. Figure 2 
illustrates o u r  18 m l w ork ing  v o lu m e p ro to type  MSBR 
th a t is co n stm c ted  o f  stain less steel an d  Pyrex and  
eq u ip p ed  w ith  op tica l p robes to  m easure pH  an d  DOT 
on line . This vessel has been  characterised in term s o f  its 
m ixing efficiency an d  oxygen transfer capability  [40], It 
has been  show n  to  be capable  o f  m im ick ing  conven tional 
STRs in cell cu ltivations o f  varying rheology, shear-sensi- 
tivity an d  oxygen d em an d  (i.e. th e  filam en tous bacterium  
Saccharopolyspora erythraea p roduc ing  erythrom ycin  and  
reco m b in an t E. coli p ro duc ing  p lasm id  DNA and  an ti­
bo d y  fragm ent respectively [40]). The device could  suc­
cessfully grow  a range o f  organ ism s due  to  its relatively 
h igh  kLa values (480  h 1 at 7000 rpm  using th e  dynam ic 
gassing-out m e th o d ) an d  sh o rt m ixing tim es (4.8 s at 
7000  rpm  -  over tw ice as fast as a 7 L vessel based on  equal 
specific pow er in p u t). H igh oxygen transfer rates sup-
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Figure 2
Technical illustration of an 18 ml working volume miniature stirred b ioreactor (MSBR) pro to type [40].
p o rte d  g row th  o f  qu ick ly  resp iring  o rgan ism s (E. coli), 
w hereas effective m ix ing  a llo w ed  th e  vessel to  m a in ta in  
h o m o g e n e o u s  c o n d itio n s  w h en  dea lin g  w ith  viscous fer­
m e n ta tio n  b ro th s  -  o ften  fo u n d  w h en  grow ing  filam en­
to u s  o rgan ism s. T he ag ita tio n  ra te  cou ld  also be  very 
tigh tly  co n tro lled , w h ich  h e lp e d  to  p reven t dam age to  
shear-sensitive  m ycelial o rg an ism s th ro u g h  excessive 
p o w er in p u t. In  a d d itio n , th e  gassed pow er c o n su m p tio n  
o f  th e  vessel has been  m easu red , resu lting  in  th e  calcula­
tio n  o f  th e  im p e lle r p o w er n u m b e r  over a w ide range o f 
o p e ra tin g  c o n d itio n s  a n d  th e re fo re  a llow ing  cell cultiva­
tio n s to  b e  re liab ly  scaled  d o w n  o n  th e  basis o f  equal spe­
cific p o w er in p u t [27], A lthough  th is  MSBR is a p ro to type , 
it w o u ld  be  p o ss ib le  to  m u ltip lex  such  a device in  o rd e r to  
o b ta in  a h ig h e r th ro u g h p u t.
By p ro v id in g  a g ita tio n  a n d  actively aerating  th e  vessel, 
m ass tran sfe r ra tes c lose to  a con v en tio n a l, laboratory-
scale STR have been  rep o rted  fo r o th e r  MSBRs in th e  liter­
ature. For exam ple , L am ping  etal. [38] rep o rted  kLa values 
o f  360  hr1 a t 1 W M  an d  30 0 0  rpm  usin g  th e  dynam ic  gas­
sing -ou t m e th o d  in  a p ro to ty p e  MSBR s im ila r in  design to  
th a t sh o w n  in  Figure 2. In a d d itio n , th e  sam e team  suc­
cessfully m o d e lled  oxygen tran sfer in  a p ro to ty p e  m in ia ­
tu re  b io reac to r u sin g  c o m p u ta tio n a l flu id  dynam ics 
(CFD ) analysis, w h ich  w as based  u p o n  th e  relevant engi­
neering  p a ram ete rs  o f  th e  velocity  field, b u b b le  size, gas 
h o ld -u p  a n d  th e  energy  d iss ip a tio n  rates in side  the  MBR
[38].
P uskeiler et al. [39] recen tly  repo rted  kLa values o f  over 
700 h 1 (12  m l v o lu m e) a n d  as h igh  as 1600 h -1 (8 m l vo l­
um e) fo r an  MSBR ag ita ted  at 2300  rpm . This system  uses 
a novel g as-induc ing  im p elle r th a t results in a very high 
oxygen tran sfe r capability . In th a t study  th e  dynam ic  gas­
s ing -ou t m e th o d  w as em p lo y ed  to  m easure  kLa, th o u g h
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non-coalescing co n d itio n s w ere used, m aking direct com ­
parison  w ith  values from  cell-cultivation  m ed ia  o r  coa­
lescing fluids difficult. In  the  sam e pap er th e  ability  o f  th e  
system  to  sustain  fed-batch  cell cultivations was 
described, w hich illustrates th e  p o ten tia l o f  m in ia tu re  b io ­
reactor technologies to  su p p o rt such industria lly -im por- 
tan t strategies. In ad d itio n , th e  feasibility  for o n lin e  
m on ito ring  an d  con tro l w as show n. T he device described  
in th a t report, designed  in  association  w ith  H+P 
Labortechnik AG (O bersch leissheim , G erm any) is an  in te ­
grated u n it ("B ioreactor Block") capab le o f  su p p o rtin g  up  
48 cell-cultivations s im u ltaneously  [6,43]. An in tegrated  
liqu id  h an d lin g  system  en ab le d  pH  to  be  m easu red  at-line 
w ith  a frequency o f  o n e  h o u r  by  d ispensing  sam ples o f  20 
p i in to  com m ercially -availab le  MTPs co n ta in in g  affixed 
pH  patches. E ight m in u tes  la ter th e  sam e liq u id  sam p ling  
system  th e n  ad ju s ted  th e  pH  u sing  4 M N aO H . W hilst th e  
use o f  au to m a ted  liqu id  h an d lin g  to  co n tro l pH  is a n ea t 
so lu tio n , th e  au th o rs  acknow ledged  th a t th is  m ay  be 
im practical if  u sed  w ith  sensitive o rgan ism s th a t requ ire  
m o re  responsive pH  ad ju s tm en t. H ow ever, th e  report 
states th a t an  im p ro v ed  m o n ito rin g  system  is be ing  devel­
o p e d  w ith  ind u s tria l partn ers  to  p rov ide  m ore  frequen t 
m o n ito r in g  w h ich  m ay  increase th e  n u m b e r o f  sim u ltan e ­
o u s fe rm en ta tio n s  ab le  to  be  effectively m o n ito red . DOT 
w as m easu red  in  th e  system  using  a p ro to type  sensor 
b lock  w ith  o p tica l p robes , th o u g h  o n ly  8 reactors o f  the  
48 cu ltiv a tio n  vessels w ere m o n ito red  sim ultaneously  
[44], Such a device can also b e  in tegrated  w ith  s tandard  
robo tic  e q u ip m e n t to  p e rfo rm  liq u id -h an d lin g  tasks such 
as in o cu la tio n , feed ing  a n d  sam p lin g  [6 ].
U sing a d iffe ren t ap p ro ach  F luorom etrix  C orpora tion  
(Stow, M assachusetts, USA) h as  developed  a m ultiple-ves- 
sel MSBR co n stru c t ca lled  Cellstation®. This MBR uses 
o p tical techno logy  to  p e rm it in situ o n -line  m o n ito rin g  o f  
u p  to  12 paralle l cu ltiv a tio n s fo r pH  [45], DOT [46] and  
op tica l density  (O D ) a n d  ag ita tio n  is p rov ided  by  dual 
padd le-type  im pellers. Each vessel h as  a w ork ing  vo lum e 
o f  u p  to  35 m l a n d  is a tta ch ed  to  a carousel w hich  rotates 
a llow ing  all vessels to  b e  sa m p le d  a n d  m o n ito red  sequen ­
tially. T he op tical senso r system  has been  validated  by 
show ing  th e  consistency  o f  th e  pH  a n d  D O  sensors over a 
p e rio d  o f  70 h o u rs  in a m a m m a lia n  cell cu ltu re  process 
[47]. In  ad d itio n , Rao's research  g ro u p  a t th e  U niversity  o f  
M aryland w h ich  has close links w ith  th e  com pany  has 
recently  p u b lish e d  deta ils  o f  tw o  p ro to ty p e  24-w ell MSBR 
system s th a t  fu r th e r im prove  th e  th ro u g h p u t o f  th is  tech­
nology  [48].
In paralle l w ith  th ese  MSBR deve lopm en ts  D asgip AG 
(Jiilich, G erm any) have in tro d u ced  th e  Stirrer-Pro Flask, 
part o f  th e ir  Fedbatch-Pro® cell-cu ltivation  series, w hich 
com prises u p  to  16 cu ltu re  vessels (w ork ing  vo lum e 2 0 0 -  
275 m l) a n d  offers an  ag ita tion -d riven  oxygen transfer
capacity, an d  a fed -batch  capability . pH  an d  D O T can be 
m o n ito re d  u sing  s tan d a rd  sterilisab le  p robes an d  co n tro l­
led  in d ep en d e n tly  fo r each vessel by  au to m atic  ac id /base 
liq u id  a d d itio n s  an d  air-flow  ra te /ag ita tion  varia tion  
respectively. S ubstra te  a d d itio n  can  be linked  to  e ither 
D O T o r pH  trigger p o in ts  a llow ing  a fu lly -au tom ated  fed- 
b a tch  capability . T he co m b in a tio n  o f  m echanical agita­
tio n  (betw een  10 -  1000 rp m ) an d  gas sparging indicates 
th a t th is  system  is capab le  o f  su p p o rtin g  fast-grow ing bac­
terial cu ltu res to  a h igh  cell density  an d  therefore w ou ld  
be  useful in  th e  d ev e lo p m en t o f  such  bioprocesses. H ow ­
ever, th e  w ork in g  v o lu m e  u sed  is relatively large com ­
pared  to  m o s t o f  th e  o th e r  system s discussed an d  th e  set­
u p  is co m p lica ted  by  th e  presence o f  a large n u m b er o f  
tu b es an d  w ires fo r a d d itio n s  an d  m easurem en ts. A vari­
a n t o f  th is  system  co n ta in in g  u p  to  16 shake flasks 
eq u ip p ed  w ith  pH  p robes has also been  developed  allow ­
ing  in te rm itten t feed ing  an d  para lle l pH  con tro l [6 [.
As a sm aller a lternative to  lab-scale STRs capable  o f  para l­
lel o p e ra tio n  such  as th e  Sixfors® system  developed  by 
Infers AG (B o ttm ingen , Sw itzerland), researchers at U n i­
versity C ollege L ondon, in  association  w ith  HEL G roup 's 
B ioXplore b io reac to r business (Barnet, UK) have devel­
o p ed  an d  characterised  a 4 -  16 ch am b e r MBR system  
w ith  folly  in teg ra ted  an d  au to m a ted  con tro l o f  D O T and  
pH . A lthough  each vessel has a m ax im um  w orking  vo l­
u m e  o f  100 m l, th ereb y  be ing  tow ards th e  u p p e r end  o f  
MSBR technology , th e  d ev e lo p m en t o f  s tand -a lone  soft­
w are to  m o n ito r  such  b io reacto rs is a step tow ards endow ­
ing MBRs w ith  th e  sam e degree o f  co n tro l an d  au to m atio n  
th a t exists w ith  co n v en tiona l b ioreactors.
Miniature bubble column reactors
B ubble co lu m n s u tilise  gas sparg ing  in s tead  o f  ag ita tion  as 
a m eans o f  p ro m o tin g  m ix ing  an d  oxygen m ass transfer 
fo r cell cu ltiva tion . As an  a lternative to  stirred  o r  shaken 
devices w e have developed  a m in ia tu re  b u b b le  co lum n  
reactor (MBCR) th a t is based  o n  an  MTP w ith  po rous 
m em b ran es (frits) acting  as th e  en tire  base to  each in d i­
v idual w ell [49]. A ir perm eates th e  frit an d  flows up  
th ro u g h  each w ell, p rov id ing  oxygen for each grow ing cu l­
ture. P rovided  th a t each frit is m anu fac tu red  to  a h igh 
specification  a n d  has an  iden tical degree o f  porosity , the  
flow  rate to  each co lu m n  is equal an d  can be  calculated. 
T his p reven ts air-flow  rate variance artificially affecting 
results.
D oig  et al. [49] detail th e  construc tion  an d  characterisa­
tio n  o f  a p ro to ty p e  12-w ell MBCR th a t is capable o f  sup ­
po rtin g  th e  aerob ic  cu ltiva tion  o f  Bacillus subtilis cultures 
w ith  each co lu m n  hav ing  a w ork ing  vo lum e o f  2 ml. kLa 
values w ere repo rted  u p  to  220  h 1 using  th e  dynam ic gas­
sing-ou t m e th o d  a t a superficial gas velocity o f  0.02 m s L 
O ne  o f  th e  benefits o f  th is  type o f  device is that, un like an
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A ir i n l e t
V "it ST W a r m  w a t e r  in le t
O p t i c a l  o x y g e n  
a n d  p H  s e n s o r s
A ir  F l o w
Figure 3
Diagram of the  miniature bubble column reacto r (MBCR) p ro to type  designed and developed a t UCL.
MTP, ae ra tio n  is via d irec t sparging. This has th e  effect o f  
increasing  th e  oxygen m ass tran sfe r capab ility  o f  th e  sys­
tem  relative to  an  MTP because  sparg ing  increases th e  su r­
face area availab le  fo r gas-liqu id  m ass transfer relative to  
surface ae ra tio n  a lone . A lthough  so m e kLa da ta  fo r MTPs 
d e ta iled  in  th is  review  are sub s tan tia lly  h ig h er th a n  th e  
MBCR v a lu es  m easu red , it m u s t b e  p o in te d  o u t th a t  m an y  
o f  th e  M TP values w ere derived  u n d e r  ra th e r artificial c o n ­
d itio n s  d es ig n ed  to  m ax im ise  oxygen transfer, w hereas th e  
kLa values fo r  th e  MBCR sh o w n  above w o u ld  be rep ro d u c­
ible u n d e r  cell cu ltiv a tio n  co n d itio n s .
In a d d it io n  to  a large surface area availab le  fo r oxygen 
transfer, th e  lack  o f  ag ita tio n  in  MBCRs m ean s th a t pow er 
inpu t, a n d  th e re fo re  oxygen tran sfe r is easier to  m o d el 
th a n  in  STRs as th e re  are  few er param eters to  consider,
w ith  superfic ia l gas velocity  an d  b u b b le  size d is tr ib u tio n  
b e in g  key pa ram ete rs  in  sca le -up /sca le -dow n  o f  b u b b le  
c o lu m n s  [50]. F u rtherm ore , th e  device is sta tionary , as 
o p p o se d  to  shaken , w h ich  allow s fo r easier in s tru m e n ta ­
tio n  as ag ita tio n  o f  m o s t MTP system s has to  be  sto p p ed  
befo re  m easu rem en t in  a p la te  reader can  take place. The 
m echan ica l sim p lic ity  coup led  w ith  p o ten tia lly  h igh  oxy­
gen  tran sfe r an d  ease o f  sam p lin g  m akes MBCRs suitab le  
fo r paralle l cell cu ltiva tion . T his co u ld  b e  for th e  pu rpose  
o f  m ed iu m  o r  s tra in  im p ro v em en t, and  early-stage p ro c ­
ess d ev e lo p m en t, a m o n g  o thers. MBCRs cou ld  also be 
u sed  to  m im ic  an d  p red ic t th e  perfo rm ance  o f  large-scale 
reactors. In th is  respect w e have recently  d em o n stra ted  a 
g o o d  co rre la tio n  o f  oxygen tran sfer rate w ith  vo lum etric  
p o w er co n su m p tio n  (P/V) fo r m in ia tu re  (2 m l) and  labo- 
ra tory-scale (1 0 0  m l) b u b b le  co lu m n s using  gas diffusers
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w ith  the  sam e pore size th a t allow s th e  p red iction  o f  kLa 
as function  o f  P/V [51]. In  th e  sam e w ork  w e also show ed 
a com parab le  cell cu ltivation  perform ance using  the  
MBCR relative to  a laboratory-scale STR based o n  equal 
kLa values. These results ind icate  th e  p o ten tia l o f  the  
MBCR as a scale-dow n device. This p ro to type  MBCR 
device was n o t in strum ented , a lthough  in  su b sequen t 
w ork we have eq u ipped  th is device w ith  op tical fluo res­
cence patches an d  used  it to  m easure D O T du rin g  cell cu l­
tivations. T em perature w as ab le  to  be co n tro lled  by 
link ing  the  device to  a w ater b a th  an d  circulating  tem p e r­
ature-contro lled  w ater th ro u g h  th e  enclosed  space 
betw een th e  co lum ns (see Figure 3). S im ilar MBCRs have 
been  developed  p rev iously  by  o thers [52,53]; how ever, 
these vessels use v o lum es o f  ca. 200 m l an d  are therefore 
tw o orders o f  m ag n itu d e  larger th a n  th e  device described  
by D oig  et al. [49], lim itin g  th e  degree o f  paralle l o p era ­
tio n  achievable.
Other miniature devices
U tilising  th e  concep t o f  an  in teg rated  sensor plate, Micro- 
Reactor T echnolog ies (M o u n ta in  View, CA, USA) have 
deve loped  a  h yb rid  cell cu ltiva tion  system  b ased  o n  a 
shaken , baffled  24-w ell MTP w ith  a w ell configuration  
th a t allow s u n ifo rm  h ea t tran sfe r across th e  p late. T he sug­
gested w ork ing  v o lu m e  o f  each w ell range from  3 to  5 m l 
an d  a ir is in tro d u ced  to  th e  liq u id  p hase  by  sparging 
th ro u g h  sin ters located  in  th e  base  o f  each w ell, b o osting  
oxygen tran sfer capab ility  co m p ared  to  sim ilarly-designed 
shaken  system s. T his recen tly  com m ercia lised  cu ltivation  
device (licensed in  E urope b y  A pp likon  B iotechnology 
AB, N etherlands) is in s tru m en ted  using  fibre optics 
p robes to  m o n ito r  D O T an d  pH  o n lin e  in  all w ells s im u l­
taneously . T he device also allow s in d e p e n d e n t con tro l o f  
tem pera tu re , DOT, pH  (via gas sparging) an d  air flow -rate 
fo r all 24 w ells. T he device overcom es o n e  o f  th e  fu n d a ­
m en ta l p ro b lem s w h en  dealing  w ith  M TP-based HT 
devices -  nam ely  h o w  to  fit in s tru m en ta tio n  to  all w ells 
co n ta in ed  w ith in  th e  p la te  -  by  a ttach ing  all sensor 
pa tches to  th e  base o f  each w ell an d  th e n  p lacing th e  
en tire  p la te  o n to  a shak ing  in cu b a to r p la tfo rm  th a t has 
in teg ra ted  in s tru m en ta tio n  circuitry, thereby  allow ing 
each w ell to  be  in d ep en d e n tly  m o n ito red . T he m ain  
a p p lic a tio n  is likely to  b e  for th e  early stages o f  process 
d ev e lo p m en t (e.g. stra in  selection  an d  m ed iu m  o p tim iza ­
tio n ). N o d a ta  is pub lic ly  available yet o n  engineering 
ch arac te riza tio n  o f  m ix ing  an d  oxygen transfer an d  com ­
pariso n  o f  cu ltiv a tio n  perfo rm ance  w ith  lab-scale b ioreac­
to r da ta .
There have  b een  recen t dev e lo p m en ts  a im ing  to  reduce 
th e  scale o f  MBRs to  sub-m illilitre  process volum es. 
A lthough  th e se  m in ia tu re  system s offer th e  greatest scope 
for HT ap p lica tio n , th e re  is a practical lim it to  h o w  sm all 
culture v o lu m es can  becom e. Devices th a t u tilise  to o
sm all a process v o lu m e  m ay  find  it un feasib le  to  perform  
cu ltiva tions w ith  suffic ien t m o n ito r in g  an d  sam pling . 
A lthough  O D , D O T an d  pH  are ab le  to  be m o n ito red  
o n lin e , o th e r  critical param eters  such as substrate  concen­
tra tio n  an d  p ro d u c t y ields are frequen tly  no t; how ever, it 
m ay  b e  po ss ib le  to  c ircum ven t th is  p ro b lem  fo r certain 
processes by  in co rp o ra tin g  m arkers such as green fluores­
cen t p ro te in  in to  th e  p ro d u c t [30,54], E vaporation  m ay 
b ecom e a sign ifican t p ro b lem  in  such  extrem ely sm all cul­
tu re  v o lum es if  w ork ing  w ith  long  bacteria l an d  m am m a­
lian  cell cu ltiv a tio n  processes; also, given th e  extrem ely 
sm all p rocess v o lu m e  it w o u ld  be  technically  challenging 
to  accurately co n tro l th e  pH  th ro u g h  liq u id  ad d itio n . N ev­
ertheless, th e  scale o f  o p e ra tio n  represen ts a radical 
advance in  th e  design o f  MBRs an d  significantly  increases 
th e ir  p o ten tia l use  fo r HT parallel cell cultivation .
In  th is respect, Jensen 's research group  at MIT have devel­
o p ed  a sub -m illilitre  MBR p ro to ty p e  [55] th a t has been  
m od ified  [56] an d  ex tended  to  a m u ltip lexed  system  capa­
b le  o f  carrying o u t e igh t in s tru m en ted  m icro-cell cultiva­
tio n s  w ith  w ork ing  vo lum es o f  150 p i [41]. U sing 
s tan d ard  m icro fab rica tion  m ethods, th e  cu ltiva tion  w ells 
m ade  o f  PMMA an d  po ly (d im ethy lsiloxane) (PDMS) are 
im m o b ilised  o n  an  a lu m in iu m  base co n ta in ing  all sensor 
e lem en ts an d  oxygen transfer is en ab led  via d iffusion 
th ro u g h  a gas-perm eable  m em b ran e  an d  m agnetic  stirrers 
capable  o f  con tro llin g  ag ita tion  ind iv idually  to  each reac­
to r  respectively. DOT, pH  an d  O D  can be  m o n ito red  
o n lin e  u sin g  op tica l p robes. T he g roup  reported  th a t th e  
device can su s ta in  E. coli b a tch  cultivations, yet D O T fell 
to  0%  after 2 -3  h ou rs , possib ly  resu lting  in  oxygen lim i­
ta tio n  [41]. T his is likely considering  th a t th e  max. kLa 
value m easu red  in  th is  MBR w as o n ly  75 tv 1. N evertheless, 
th e  au th o rs  d em o n s tra ted  th a t g row th  beh av io u r w as 
co m p arab le  w ith  th a t o b ta in ed  using  a range o f  larger cell 
cu ltiva tion  devices [56], T he sam e research group  also 
deta il DNA m icroarray  gene expression  analysis o f  E. coli 
grow n in  a 50 p i MBR [57]. This w ork  m arks a real 
advance in  MBR d ev e lo p m en t as it n o t o n ly  show s p ro o f 
o f  princip le , b u t a lso  perm its  h igh ly  paralle l analysis o f  
gene expression an d  cou ld  be  u sed  to  im prove u n d e r­
stan d in g  o f  cell physio logy  du rin g  cu ltiva tion  using  a sys- 
tem s-level ap p ro ach  [58], M aharb iz  et al. [59] reported  
th e  dev e lo p m en t o f  an  array-based device com bin ing  
m icrow ell reactors w ith  silicon  m icro fabrica tion  tech n o l­
ogy th a t is capab le o f  su p p o rtin g  E. coli cu ltivation  in  eight 
250  pi w ells s im ultaneously . S im ilar to  th e  MIT reactor 
(described  above) th e  w ells w ere situa ted  o n  a base p late 
co n ta in in g  sensors fo r pH  an d  O D  m easurem en ts (D OT 
w as n o t m easured , b u t th e  au th o rs  state th a t th is w ou ld  be 
feasible). O xygen w as generated  electrochem ically  in  each 
cu ltu re  an d  ag ita tion  w as p rov ided  by a stainless steel 
bead  w hich  m ixed th e  culture, d ispersing oxygen and  
b reak ing  u p  surface foam . H owever, th is research team
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provided  n o  com parative bench-scale da ta  w ith  w hich to  
determ ine  if scale-up w ou ld  be feasible from  such a 
device.
A nother com m ercial system  fo r HT opera tion  has been 
developed by B ioprocessors C orp. (W oburn, MA, USA). 
This cell cultivation  device (called SimCell®) is able to  
operate  and  in d ependen tly  con tro l up  to  1500 cultures 
th u s allow ing th e  use  o f  full factorial experim ental design 
m ethods for process op tim iza tio n  [60]. This 'reactor-on-a- 
chip ' device is based o n  a m icroflu id ic design w ith  a gas- 
perm eable m em brane  enab ling  oxygen transfer an d  m ix­
ing is prov ided  by ro ta ting  th e  m icro -b io reacto r array 
chips in  env ironm enta lly -con tro lled  incubato rs using  
hum id ified  air to  m in im ise  evaporation . This system  can 
be h ighly  au to m ated  an d  is in teg rated  w ith  a ro b o t for 
transferring  p lates from  an in cu b a to r to  a sensing sta tion  
for m easu rem en t o f  pH , D O T an d  cell density  an d  a fluid- 
ics sta tion  w here ad d itio n s o f  m ed ia  fo r fed-batch  op era­
tio n  and  acid /base  for pH  con tro l can be m ade. V olum es 
in  each reactor range from  ca. 300  p i to  ca. 700 pi d ep en d ­
ing o n  th e  app lica tion  (m icrob ial o r m am m alian  cells) 
an d  each reactor can be  opera ted  in  batch , fed-batch  o r 
perfu sion  m ode. The device has been  show n to  su p p o rt E. 
coli an d  yeast cultivations, giving grow th kinetics com pa­
rable to  th o se  o b ta in ed  using  conven tiona l STRs. The 
com pany  has also described  grow th  o f  C H O  cells w ith o u t 
oxygen lim ita tio n  a t h ig h  cell density  an d  u sed  co m p u ta ­
tiona l flu id  dynam ics (CFD) sim u la tio n s to  show  h o w  th e  
physical en v iro n m en t seen in  large-scale p itched-b lade  
b ioreactors has been  re-created. kLa in  th e  system  has been  
m odelled  by  CFD an d  estim ated  at be tw een  60 an d  500 h- 
J, values sim ilar to  th o se  fo u n d  in  shake flasks an d  sub- 
op tim al STRs [61].
MBRs as a scale-down tool
It sho u ld  be  n o ted  th a t n o t all m in ia tu re  cell-cultivation 
system s are designed for scale-up/scale-dow n o f  existing 
bioprocesses; it has been  m en tio n ed  in  th is review how  
such devices can be  u sed  for m any  applications such as 
early  stage recom binan t/w ild -type  organism  appraisal, 
stra in  im provem en t an d  grow th m ed ium  developm ent. 
H ow ever, th e  m in ia tu re  system s used  in  th e  later stages o f 
p rocess deve lopm en t e.g. for o p tim isa tion  o f  opera tion  
a n d  cu ltu re  co n d itio n s sh o u ld  be scaleable. For th is rea­
so n  it is vita l th a t w ell estab lished  "rule o f  thum b" m eth ­
ods freq u en tly  u sed  in  industry  to  scale from  bench-top  
processes to  p ro d u c tio n  vessels are explored  to  see if  they 
can be  u tilised  to  scale-up from  MBRs [62], These proven 
m e th o d s  in c lu d e  scaling o n  th e  basis o f  gassed pow er per 
u n it vo lum e; ag ita to r tip  speed; co n stan t DOT; oxygen 
m ass tran sfe r capacity  (kLa); o r m ixing tim e. Yet there  is 
n o  "one size fits all" approach  an d  so it sh o u ld  be  stressed 
th a t n o  sing le  basis fo r equivalence can be universally  
app lied  to  all MBRs. N one o f  th e  system s detailed  in  th is
review cou ld  u tilise  all o f  th e  estab lished  scale-up/scale- 
dow n  m eth o d o lo g ies  described  above. For exam ple, a 
co n stan t D O T value is difficult to  achieve in  shaken  sys­
tem s co m p ared  to  co n v en tio n a l STRs, as th e  lack o f 
m echanical ag ita tion  (an d  sparging -  in  th e  case o f  MTP- 
based  system s) m ean  th a t co n tro l o f  D O T levels above a 
critical level in  these  devices is technically  very challeng­
ing. T his p articu la r feature  is n o t in  itse lf a p rob lem  so 
long  as th e  cells cu ltivated  are sufficiently  slow  grow ing 
(e ither n a tu ra lly  o r  th ro u g h  th e  use o f  a w eak grow th 
m ed iu m  a n d /o r  op era tin g  a t a tem p era tu re  n o t conducive 
to  m ax im um  grow th  rate), b u t it does restrict th e  use o f 
such system s to  perfo rm  m an y  h igh  cell density  processes 
involv ing  fast-grow ing m icroorgan ism s w ith  h igh  oxygen 
dem and .
An in d ica tio n  o f  w h ich  scale-dow n criterion  shou ld  be 
used  fo r a p articu la r b ioprocess (and  therefore  an  ind ica­
tio n  o f  w h ich  m in ia tu risa tio n  p la tfo rm  is preferable for 
th a t process) can b e  gained  by exam in ing  th e  cell charac­
teristics an d  process co n d itio n s o f  th e  b ioprocess in  ques­
tion . For a fast-grow ing o rganism  such as E. coli o r Bacillus 
subtilis i t  is u sually  oxygen transfer th a t becom es lim iting, 
w hereas shear stress is n o t likely to  be a m ajo r issue; there­
fore scale-dow n o f  such a cell cu ltivation  could  be 
designed  o n  th e  basis o f  equa l specific pow er input, o r on  
th e  basis o f  eq u a l k La. H ow ever, a requ irem en t o f  choos­
ing  equal kLa is be ing  able to  estim ate  pow er in p u t to  the 
m in ia tu re  b io reac to r accurately. W ork carried o u t a t UCL 
in  a 10 m l MBR [27] confirm s earlier w ork  by  Bujalski et 
al. [63] th a t show ed  im p elle r pow er n u m b e r to  decrease 
co n co m itan t w ith  vessel d iam eter. Therefore it is im p o r­
ta n t n o t to  use conven tional-sca le  im peller pow er n u m ­
bers fo r p o w er in p u t estim a tio n  in  MBRs, as th is could  
lead  to  oxygen lim ita tio n  o f  qu ickly-respiring  m icrobes by 
overestim ating  th e  pow er transferred  to  th e  system .
A particu lar challenge is th e  g row th  o f  filam en tous o rgan ­
ism s d u e  to  th e ir  com plex  m orpho logy . F erm en tation  
b ro th s  co n ta in in g  such  organ ism s have a relatively h igh 
viscosity an d  requ ire  extra pow er in p u t in  o rd e r to  m a in ­
ta in  adequate  m ix ing  an d  m ass transfer. In  ad d itio n , fila­
m en to u s o rgan ism s are m u ch  larger th a n  un ice llu lar 
bacteria an d  can be m ore  suscep tib le  to  shear dam age. For 
exam ple H eydarian  et al. repo rted  th a t th e  average hyphal 
length  o f  th e  e ry th rom ycin -p roducing  bac te rium  Saccha- 
ropolyspora erythraea exceeded th e  K olm ogorov  m icroscale 
o f  tu rbu lence  in  a s tandard  7 L b io reac to r over a large 
range o f  opera ting  co n d itio n s [64], In th e  case o f  S. eryth­
raea it has been  show n  th a t if  th e  m ycelia are excessively 
sheared, resulting  in  to o  sh o rt a hy p h a l leng th , th en  eryth­
rom ycin  p roduc t fo rm ation  can be  affected [65]. For this 
reason  it m ay be  advisable to  choose tip  speed as the  basis 
fo r scale-dow n w hen  using  filam en tous organism s. W hilst 
th e  m echan ism s governing pelle t fo rm ation  in  filam en­
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tous cultures are n o t w ell u n d ers tood , Vecht et al. have 
reported  a correlation  betw een  decreasing OTR and  a 
reduction  in m ean  pelle t size in  Streptomyces tendae [66]. 
They concluded pelle t fo rm atio n  in  th a t o rganism  is 
m ainly  due to  hyd ro p h o b ic  in teractions con tro lled  by 
DOT. Given th e  detrim en ta l effect pellet fo rm ation  can 
have on  p rod u c tio n  o f  secondary  m etabolites in  m any  fil­
am entous organism s -  due  to  in h ib itio n  o f  oxygen up take  
in to  th e  centre o f  th e  pelle t increasing w ith  pellet d iam eter 
[65] -  it is clear th a t for th e  scale dow n o f  filam en tous cell 
cultivation  processes, MBRs m ust m a in ta in  d issolved oxy­
gen levels fo u n d  in  th e  large scale process u p o n  w hich  th e  
scale dow n  is based in  o rder to  m a in ta in  p ro d u c t yield. 
Equal kLa is d ifficult to  use fo r scale-dow n as it is u sually  
calculated in  m odel system s th a t b ear little  resem blance to  
actual fe rm en ta tion  b ro th s. F urtherm ore, kLa is affected 
by changes in  cu ltu re  b ro th  coalescence an d  rheo logy  over 
th e  course o f  a cu ltiva tion  process -  changes th a t are very 
d ifficult to  m easure an d  accoun t for. T he key w hen  choos­
ing a basis for b io reac to r scale-dow n is to  n o t expose th e  
cells to  stresses over an d  above th o se  encoun te red  a t large 
scale.
O f th e  m in ia tu re  devices d iscussed in  th is review, it is clear 
th a t som e seek to  rep licate  large-scale b ioreactors in  the ir 
geom etries. For exam ple, m o s t MSBRs an d  MBCRs are 
geom etric facsim iles o f  large-scale b ioreactors. M ain ta in ­
ing geom etric sim ilarity  h as  advantages for effective scale 
com parison  as it allow s so m e key assu m p tio n s to  rem ain  
valid; e.g. m a in ta in in g  an  eq u a l aspect ratio  he lp s  to  p re­
d ict hydrostatic  pressure an d  therefo re  oxygen so lub ility  
at different scales o f  op era tio n . This gives such  devices a 
b enefit as th e ir m echan ism s fo r achieving oxygen transfer 
an d  m ixing an d  fo r calcu lating  pow er in p u t can  be  based  
o n  th e  sam e p rincip les estab lished  at large scale. Fluid 
dynam ics w ill be  sim ilar, a lth o u g h  it is im p o rta n t to  n o te  
th a t som e d im ension less n u m b ers  describ ing fluid 
dynam ics, fo r exam ple R eynolds n u m b er in  stirred ves­
sels, appear to  have less influence a t such sm all scales 
[67]. M ore fu n dam en ta lly  there  is a q u estion  o f  h o w  effec­
tive MBRs can be w hen  they  reach such a sm all size th a t 
th e ir  flow  p roperties an d  m echan ism s for m ass transfer 
an d  m ixing are d ifferent to  th o se  fo u n d  in  th e  large-scale 
b io reacto rs th ey  are a ttem p tin g  to  m im ic. MTPs are partic­
u larly  v u ln erab le  in  th is regard as the ir lack o f  m echanical 
ag ita tion  m ean s th a t surface ten s io n  effects are m ore 
im p o rta n t th a n  in  MSBRs, w here im pellers can decrease 
th is effect a n d  h e lp  m a in ta in  effective flu id  m ixing. Fur­
therm ore , th e re  is a danger w h en  using extrem e cond i­
tions w ith  MTPs (in  te rm s o f  shak ing  frequency and  fill 
vo lum e) th a t  all o f  th e  process liq u id  form s a th in  film  
a long  th e  in te rio r surface o f  th e  well, thereby  severely lim ­
iting m ix ing  an d  exacerbating th e  detrim en ta l effect o f  
surface ten s io n . D ifferent flow  regim es in  MBRs caused by 
d ifferent m e th o d s  o f  ag ita tion  can have an  im pact o n  the
ability  o f  such  system s to  rep roduc ib ly  perform  cell cu lti­
vations; if  co n d itio n s  are d ifferen t at sm all an d  large scale 
in term s o f  m ix ing  an d  gas-liqu id  m ass transfer th is could  
lead  to  p ro b lem s, e.g. th e  selection  o f  clones n o t su itable 
fo r p ro d u c tio n  o r differences in  th e  p ro d u c t quality  espe­
cially for re c o m b in a n t p ro te in s. O n  th e  o th e r hand , w ork 
by  M icheletti et al. ind ica tes th a t scale tran sla tion  from  
shaken  to  stirred  system s is feasib le if  scale-up criteria are 
carefully  ch o sen  [68]. U sing a recently  in tro d u ced  correla­
tio n  for k La p red ic tio n s in  MTPs [69] they  w ere able to  suc­
cessfully scale u p  th e  cu ltiva tion  o f  E. coli over-expressing 
a tran sketo lase  enzym e from  a m icrow ell system  (1 mL 
vo lu m e) to  a 1.4 F STR o n  th e  basis o f  co n stan t kLa. The 
sam e group  also prov ide  in itia l d a ta  o n  satisfactory scale- 
u p  o f  a m am m alian  cell cu ltu re  process using  a constan t 
m ean  energy d iss ip a tio n  rate [68].
Automation o f MBRs
The a u to m a tio n  o f  MBRs is th e  key to  expand ing  HT capa­
bility. Several o f  th e  m in ia tu re  system s recently  developed 
utilise  a m od ified  MTP as th e ir  starting  p o in t (e.g. [49,59] 
an d  th e  A pp likon  M icro Reactor®). These system s currently  
app ea r to  offer a great deal o f  p rom ise  d u e  to  th e ir ease o f  
in teg ra tion  w ith  existing robo tic  au to m a tio n  platform s. 
MTPs o n  w hich  such system s are designed are based  o n  a 
stan d ard  fo o tp rin t, are m echanically -sim ple an d  th e  very 
stan d a rd isa tio n  o f  th e ir  design m akes th em  ideal to  bu ild  
in to  au to m ated , robo tic  p la tfo rm s th a t tru ly  take such 
techno log ies in to  th e  HT d o m ain , conferring  u p o n  them  
th e  ab ility  to  perfo rm  h u n d red s  o f  cell-cultivations in  par­
allel, u sing  a fo o tp rin t n o t m u ch  larger th a n  th a t o f  a con ­
ven tiona l p ilo t-scale  b ioreactor. T he alternative is to  
develop a m in ia tu re  b io reac to r system  th a t is itself am ena­
b le  to  au to m a tio n . The techno log ies th a t W euster-Botz's 
g roup  in  co llab o ra tio n  w ith  H + P L abortechnik  [43,44] 
an d  B ioprocessors C orp. have developed  are exam ples o f  
th is app roach . Such devices offer a degree o f  HT capability  
as w ell as soph istica ted  in -b u ilt robo tics in  th e  case o f  Bio­
processors C orp 's S im C elP  system .
R obotic devices u sed  in  co n ju n c tio n  w ith  MBRs usually  
feature m u ltip le -p ip e ttin g  heads m o u n te d  o n  arm s th a t 
are able to  m ove in  th ree  d im en sio n s  across th e  entire 
w ork ing  area. T he p ip e ttin g  heads m ay  also cope w ith  dif­
ferent MBR geom etries an d  separate  ro bo tic  arm s can pick 
an d  place ancillary  eq u ip m en t anyw here in  th e  w ork 
space. This p ick  an d  p lace ab ility  m eans th a t o n e  robo t 
can inocu late , pH -con tro l, sam ple  an d  m ake add itions to  
an  MBR, offering a tru ly  in teg rated  so lu tio n . In add ition  
robo ts can  link  cell cu ltiva tion  p la tfo rm s w ith  analytical 
in s trum en ts  (e.g. HPLC system s) and  perform  com plex 
assays such as EFISA fo r an tib o d y  p roduc ts using  real-tim e 
sam ples -  assays th a t take advantage o f  the  robo t's  ability  
to  perform  th o u san d s  o f  liq u id -h an d lin g  opera tions in  a 
sh o rt perio d  o f  tim e. A septic cell-cultivation cond itions
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can be m a in ta ined  by housing  th e  ro b o t w ith in  a custom - 
bu ilt b iosafety  cabinet.
Conclusion
This review has described m any  o f  the  approaches cur­
rently  being  taken tow ards th e  developm ent o f  MBRs and  
has h igh ligh ted  several challenges to  overcom e in  the 
design o f  such systems. M ost o f  these stem  from  th e  vari­
ability  o f  th e  tasks having to  be  perform ed, w hich m akes 
it difficult to  find  a single system  able to  satisfy all require­
m ents. For exam ple, if  using  a m in ia tu re  p la tfo rm  for 
grow th m ed ium  developm ent, a need  for parallelism  
w ould  take precedence, w hereas detailed  strain  character­
isation  and  o p tim isa tio n  o f  process co n d itio n s w ou ld  
require a h igher degree o f  in s tru m en ta tio n  o f  each b io re ­
actor. In  th is instance, HT capability  w ou ld  n o t be  p ara ­
m oun t. Furtherm ore, devices th a t agitate cultures th ro u g h  
shaking (e.g. MTPs an d  shake flasks) typically exh ib it a 
low er OTR capability  relative to  MSBRs, m ak ing  these 
m echanically-agitated  devices m o s t p rom ising  for th e  cu l­
tiva tion  o f  fast-grow ing m icroorgan ism s o r cell cultiva­
tions th a t reach a high-cell density; how ever, there  is 
typically  n o t th e  sam e degree o f  paralle lism  available in  
MSBRs. A lthough  b o th  MSBRs an d  MTPs are able to  be 
in tegrated  w ith  robo tic  system s, th e  fact th a t m ost existing 
liqu id  h a n d lin g  ro b o ts  are b u ild  to  h an d le  p lates m eans it 
is likely to  be  th o se  devices th a t base th e ir  design u p o n  an  
MTP th a t w ill be  able to  offer th e  h ighest th ro u g h p u t.
In view o f  th e  dev e lo p m en t o f  w ho le  bioprocess 
sequences o n  th e  deck o f  a ro b o t as first p roposed  by Lye 
et al. [5] and  recently  dem o n stra ted  fo r th ree steps o f  a 
biocatalytic process [70], o n e  m ust also consider how  
MBRs integrate w ith  m in ia tu rised  dow nstream  processing 
technologies. This is o f  particu lar relevance w hen  MBRs 
are used as deve lopm en t too ls  fo r th e  p ro d u c tio n  o f  b io ­
m olecules such as reco m b in an t p ro te in s th a t have to  be 
subsequently  purified  an d  analysed in  o rder to  assess the ir 
b iological activity. In  th is  respect, Jackson et al. have 
developed  a  p ro to type  m in ia tu re  m icrofiltra tion  device 
th a t perform s several opera tions sim ultaneously  [71]. 
There is a danger o f  be ing  able to  carry o u t hu n d red s o f  
s im u ltaneous cell-cultivations yet n o t having com ple­
m en ta ry  techno logy  developed  for p roduc t recovery and  
purifica tion ; it is th e  o p in io n  o f  the  au thors th a t for app li­
ca tions w here  fu rther processing o f  th e  culture (b ro th  o r 
cells) is required , som e curren t m in ia tu rised  system s 
em p loy  cu ltu re  volum es th a t m ay  be  to o  sm all for evalu­
ation  o f  su b seq u en t steps.
The key m essage o f  th is review is th a t there  is no  single 
MBR th a t satisfies all requ irem ents equally. P rim arily  this 
is because th e re  is a need to  d ifferentiate m icroscale sys­
tem s an d  th e  advantages th a t each o n e  confers d ep en d in g  
on  th e  ap p lica tion . Therefore o n e  m ay use d ifferent sys­
tem s for d ifferen t stages o f  th e  d ev e lo p m en t process tak ­
ing in to  accoun t th e  na tu re  o f  th e  cells an d  th e  com plexity 
o f  th e  cu ltiva tion  process -  especially th e  requ irem en ts for 
m on ito ring , co n tro l an d  sam pling .
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